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RELATIONSHIP BETWEEN RESEARCH AND PRODUCTION
WITH PARTICULAR REFERENCE TO THE MAN-MADE FIBRES INDUSTRY

J R S Morris
BSc Chem Eng, F Eng, FIChemE.

National Enterprise Board, London,

ABSTRACT

The interface between research and
production is reviewed against the
development of the man-made fibres
industry. The impact of the growth of
World population and costs of materials
is demonstrated.

The development of specific polymers to
meet specific¢ needs which led to the
production of Nylon and Polyester yarns is
discussed with special emphasis on the
part research played to meet the needs of
the market place. The particular
relationship of research projects and their
move into production is discussed in both
historical and economic terms, leading to
a review of the interface and the place of
the chemical engineer in relation to it.

England

FORMALITIES

It is a great honour to be invited to
give this lecture to this distinguished
gathering representing as it does the
best of Chemical Engineering in our two
Countries.,

INTRODUCTION

Examination of the relationship between
Research and Production in general terms
offers almost as much scope for
contentious discussion as would the
general examination of relationship
between men and women!

Of greater practical interest with the
possibility of arriving at some
conclusion of value, is an examination
limited to the relationship between
defined and known parties.

I therefore propose in this paper to
examine the fairly closely defined topics
of Research into the creation of man-made
textile fibres and the Production of these
fibres on the industrial scale. It will
be difficult to keep to these guidelines
and not wander too deeply into other
closely related topics as for example,
the natural fibres, textile processing,
or fabric and garment making activities
but if I do I hope the digressions will
have relevance.

I will first examine the Research back-
ground, then examine the production
pattern which has emerged and finally

make some observations which seem to me to
be relevant to those of us concerned not
only with knowledge for its own sake but
also with its exploitation for the

benefit of society generally.



RESEARCH ON MAN-MADE TEXTILE FIBRES

Human beings are by nature given to
curiosity (some more so than others!) and
it is not surprising that they should
wonder how the spider makes his web or the
silk worm his cocoon and therefore it
should not be unexpected that we can find
recorded as long ago as 1664 by R Hooke in
his publication 'Micrographia' that it
should be possible to produce fibres
similar to silk by forcing a suitable
liquid through small holes. But Hooke's
motivation was simply knowledge and he did
not pursue the idea.

After the industrial revolution,
production for profit became a powerful
motivating force for research in general,
and in the fibres scene in particular a
number of attempts to emulate the silk worm
made their appearance between 1850 and
1900. The most important of these were by
Chardonnet 1884 who made nitrocellulose
fibres, Bemberg 1890 who made regenerated
cellulose fibres from a solution of
cellulose in cuprammomium, and 1892 Cross,
Bevan and Beadle who made regenerated
cellulose fibres from a solution of
cellulose xanthate in caustic soda.

The motivation for these researches and
the subsequent successful commercial
exploitation of the two latter products
was the profitable production of a textile
fibre to compete at the expensive end of
the fabric and apparel industries ie to
compete with silk. The major proportion
of the textile market of the time was
comprised of cotton, flax, wool and silk
with the highest profits derivable from
the smallest section viz silk. This high
profit market was the target which was
attacked with significant commercial
success, as research and development
produced the scientific and technological
information needed to make "Artificial
Silk" at costs which provided the
financial backers with very acceptable
rewards for the risks they had taken. But
for 'Artificial Silk' to be commercially
successful in competition with natural
silk, research and development had only to
produce competitively against the
expensive end of the market without the
essential requirement to produce at the
lowest cost technically possible.

Whilst the required targets of product
guality and cost were very adequately
achieved for these regenerated cellulose
man-made fibres, the processes are
extravagant users of energy and materials,
and in our modern and more enlightened
approach to total conservation of

resources they can hardly be ranked amongst
the best applications of scientific
research and development.

I therefore pass over the next 4 decades,
during which both the technology of the
process and the fibres based on
regenerated cellulose, were economically
and technically improved, so that they
were able to enter industrial uses and
then into staple fibres markets where they
competed with cotton, and pass on to
consider the entry into the arena of
another and equally powerful motivating
factor for research into textile fibre ie
world population growth.

The graphs 1 and 2 show the total world
population and the total productions of
the natural and regenerated cellulose
fibres up to present day.

It is now perfectly obvious that the
problem of finding textile fibres for
clothing the rapidly increasing number of
bodies in the world began to make itself
felt in the middle of the last century,
and was simultaneously attacked by
increasing the production of natural
fibres and by the creation of man-made
fibres which we have already seen made
their first impact into the costly end of
the natural fibre market.

The graphs also show that the rate of
increase of production of natural fibres
was far less then the rate of increase of
population. This situation challenged
Research which has of course followed
many lines of attack, the more important
being:

(a) to control the growth of the world
population. Fascinating as this
subject may be I regard it as outside
my terms of reference and time
allocation.

(b) to seek out methods of creating
apparel from materials other than
natural or conventionally made man-
made fibres, This again is an
important and extremely active field
of research activity the consideration
of which I must also consider outside
my time allocation.

{c) to increase the rate of production of
natural fibres - but notwithstanding
automatic cotton pickers and sheep
shearers etc there has been virtually
no impact made on the rate of increase
due to other competing demands made
upon cultivatable land by the same
increasing world population. The
increase that has been achieved is
attributable in large measure to the
efforts of research in generating
higher yield per acre cultivated
rather than to the cultivation of
larger acreage.



(d) to make the regenerated cellulosic
textile fibres available in much
larger volumes and accessible price-
wise to a much larger section of the
total market. This has been achieved
with a notable degree of success but
is ultimately limited by the energy
and/or materials extravagances of the
present viscose and cellulose acetate
processes.

(e) to seek out or create new polymers
which can be converted into textile
fibres more economically than by the
regeneration of cellulose. This was
the major research challenge during
the years after World War I and
results were just reaching the stage
of exploitation when World War II
intervened - but not before the
polyamide ‘Nylon' had demonstrated
the ability of Research to attack and
find at least one answer to the
problem. By the circumstance of
history Nylon was then enabled to
benefit by a development during the
years 1939 - 1945 which was more or
less unhindered by competition.

But the economic advantages obtained by
Nylon in its unusually rapid growth also
served to emphasise more quickly its
technical disadvantages which gave
tremendous impetus in the years immediately
following World War II to the search for
other polymers which would be both
economically and technically superior to
Nylon. A large number have been examined
and many - some would say too many - are
being exploited today. Polyamide still
survives with - polyester - polyacrylic -
polyolefin and glass now established as
major competitors in addition to the
cellulose based man-made fibres.

In the search for all of these fibres
which are now in production and also for
all of those which have fallen by the
wayside the motivations have been one or
more of the following depending upon the
involvement of the person concerned:

(a) curiosity and the search for knowledge
for its own sake.

(b) the challenge to so improve the
technology of production of
established fibres as to secure a
profitable existence in the face of
competition from other established
natural or man-made fibres or from
new developments.

(c) the challenge to create from
accessible raw materials fibres
having the textile properties
necessary to supply the increasing
market which the natural fibres are
clearly unable to meet.

Although the efforts of persons working
in accordance with motivation (a) must
not be underestimated in their possible
long term impact upon humanity eg
Archimedes, Faraday, Rutherford, and
Hooke etc, by far the major human and
financial resources deployed on research
are in the (b) and (c) categories above,
where the relationships to Production are
reasonably simple and clear.

In the case where motivation has largely
been attributable to (b) above the
relationship of research to production is
one based upon a successful and
established industry and aimed at improving
efficiencies, product quality and variety
to maintain its position against
established competition or possible new
competitors.

In the case where the motivation has
largely been attributable to (c) above the
relationship of Research to a Production
which is not yet established is one based
upon a search for the optimum product to
fill a known and/or established need such
as that for more apparel to clothe the
increased population of the world.

In the man-made fibres field the efforts
of Research resulting from all the above
motivations have been significantly
successful when judged in terms of
scientific and technological achievement.
So now let us look at Production.

THE PRODUCTION OF MAN-MADE FIBRES

Although the solely scientific outcome
of Research into the various aspects of
man-made fibres can very rightly be
granted a large measure of success, the
production and commercial exploitation
of those fibres has not been without
problems,

Although many of the problems are not
directly attributable to the quality of
the scientific research work, they do
none-the~less have roots in those
technological aspects, and to understand
what these problems are it is appropriate
to compare the production processes for
natural and man-made fibres and especially
to examine their differences.

It is generally true to say that the
polymers which nature manufactures and
converts into fibres are made in

relatively small production units eg the
silk worm, the cotton bush, the flax plant,
the sheep's back, and it is further
generally true to say that the manufact-
uring life cycle for any one of these
producing units is relatively short being
usually measured in a small number of years



or even fractions of a year.

Apart there-

fore from politically motivated inter-

vention,

the mechanism for balancing

demand and supply can become effective
fairly quickly, and without rendering

uneconomic the continuing production from

a smaller number of units or requiring
massive investment to meet a relatively
small incremental demand.

In most instances
the major asset is land the value of which

is only slightly affected by the short term
variations of supply and demand.

In contrast the pattern of production for

man-made polymers for conversion into
fibres has for simple economic reasons

required large investments in a relatively

small number of high output units.
high investments mean simply that a fall
in demand very quickly increases the

production cost to uneconomic levels, and

These

conversely any significant increase in

demand requires a further large investment

to install equipment having an output
sufficiently large to produce material

competitively with established plants and

the demand does not normally increase in

such conveniently large steps.

Herein you

see both the problems and their causes
which confront the manufacturer of polymers
for man-made fibres production.

At this point it is opportune to examine
some of the actual economic factors which
have been and continue to be associated
with business in the man-made fibres
industry, in order that we may understand
more precisely the nature of the problems
to which I have just referred.

Because all of the man-made fibres have
experienced and/or continue to experience
similar economic problems the general
nature of these problems can be compre-
hended from a specific examination of the
polyester fibres., The following table
shows for Western Europe the installed
capacities, mill consumptions and total
productions of polyester continuous
filament yarns and staple fibres from
1965 to 1977. The figures are presented
pictorially in graphs 3, 4 and 5.

When presented in graphical form the
general trends are inescapably obvious,
and reveal a situation which is an
economic nonsense, and one in which
existing installations can only afford
to continue manufacturing if their
operations can produce a positive cash
flow or receive massive support from
politically motivated sources.

WESTERN EUROPE POLYESTER CAPACITY AND UTILISATION (Figures in thousands tonnes)

YEAR FILAMENT YARN
CAPACITY MILL
CONSUMP=
TION
1965 60 59
1966 81 70
1967 104 83
1968 137 121
1969 186 144
1970 239 158
1971 308 236
1872 439 226
1973 461 292
1974 522 248
1975 570 258
1976 582 287
1977 610 286

STAPLE
CAPACITY MILL
CONSuMP-
TION
106 75
140 104
172 106
218 150
254 195
307 180
337 227
399 283
438 37C
466 32C
534 287
615 345
648 329

TOTAL
CAPACITY PRODUCTION SUTILISATION
166 151 91
221 194 88
276 216 78
355 311 88
440 396 90
546 459 83
645 587 91
838 657 78
899 826 92
988 784 79
1104 682 62
1197 800 67
1258 730 58




Consideration of the causes which give rise
to this situation - which is not unique to
polyester - is more than sufficient for a
separate paper but it is appropriate here
to emphasise that the investment required
per unit of fibre output is a very
significant factor. It is well understood
that production costs tend to fall as scale
of output is increased, but that the capita
investment to secure that additional output
inevitably increases, albeit not linearly.
Thus, as the total actual installed
capacity rises so also does the size of an
economic additional manufacturing facility
increase i f it is to enter the market at a
competitive selling price. Insofar as
Western Europe is concerned it is clear
that the means of resolving this dilemma
has not yet been established. There must
be a pause for many years to allow the
consumption requirement to catch up with
capacity and hopefully to allow a system

to be established which will avoid a
repetition of the 1965-77 cycle of events,

DEVELOPMENT

We have seen in the foregoing that the
manufacture of polymers and their
conversion into man-made textile fibres

is accompanied by production and economic
problems which have inevitably arisen from
exploitation of the knowledge provided by
Research.

If the matter stopped there the whole of
industrial activity would rapidly stagnate
and wither, But since both parties
realise this gloomy prospect, it is in
their mutual interests to establish and
maintain a continuing relationship, in
which the Research partner must endeavour
to alleviate the basic problems which are
inherent in the primary application of his
Research results and must move towards
overcoming those problems which are
unforseen before full scale production
and/or which can only be totally solved

on the production scale.

No matter how well based was the initial
Research work, nor how well engineered

was the first production unit, there is no
manufacturing enterprise which has attained
and maintained success without this
absolutely vital relationship which is
'‘Development’.

To illustrate the vital role of
Development I would cite one or two
specific examples from the man-made fibres
scene.

(a) The wet strength of
cellulosic fibres:
viscose fibres have
dry state which are

regenerated
normally made
properties in the
very similar to

1

(b)

cotton with which they are

primarily in competition but when
wetted as in laundering or even by
changes in humidity the strength
falls significantly below that of
cotton. Thus a viscose fabric could
well be permanently deformed if
subjected during laundering or when
otherwise in the wet state to forces
which would not cause similar
deformation to a cotton fabric.
Clearly this represents a severe
handicap vs cotton for many
applications - even simple ones like
bed sheeting or window curtains, and
it was vital that means of overcoming
this deficiency should be developed
without adversely affecting the
desirable properties or creating
other similar or even more serious
problems.

With fullscale manufacturing
equipment already installed the
manner by which the problem can be
overcome is already subject to
considerable restraints, dictated by
that which is economically reasonable
on the installed manufacturing plant,
and the closest of relationships must
be maintained between production and
development to achieve what almost
inevitably has to be the best
compromise. In the example quoted
changes in composition of the
coagulating bath to affect the rate
and nature of the coagulation process
had to be developed to yield the more
cotton-like high wet strength fibres
which have successfully met the
market needs - but at a slightly
higher cost.

Comfort from fabrics containing
hydrophobic fibres.

For apparel usage and especially for
clothing worn in close proximity to
the body comfort is widely
associated with an ability to absorb
perspiration. Unfortunately a
number of man-made fibres eg nylon,
polyester, polyolefin are
essentially hydrophobic and these
fibres suffer a severe market
limitation unless they can be
presented with a favourable balance
of acceptable properties. In fact
my audience will be aware of the
failure of nylon as a shirting
material for this single reason which
more than offset the favourable
properties of easy care, stability,
strength and cost.

In this case the relationship between
the commercial and scientific
interests is on a wider basis than in
the previous example, and embraces



the whole gamut of research -
development - fibre production - yarn
processing and fabric structure, 1Its
resolution involves polymer variants,
fibre dimensions, yarn texturising

and fabric structure, including
admixture with other fibres or yarns
which are able to supply complementary
properties to yield a balanced end-
product. Relationships have now been
established not only between
production and research and develop-
ment but also with textile yarn manuf-
acture and fabric construction
experts,

The relationship has become at least
qguadripartite and the need for con-
stant and effective communication is
obvious to expedite the solving of
the problems in one or more ways
without time consuming expenditure
or costly mistakes.

THE RELATIONSHIP

In the foregoing I have many times
referred to various relationships
including those between Research and
Production, Development and Production,
Research and Development, Production and
Yarn processing, and yarns and fabric
constructions.

Each of the activities is represented by
people having specific abilities and
interests and each contributes an
essential part towards the ultimate

success of the total activity of
economically providing the community with
an essential commodity based on the results
of creative research.

The relationships in every case are those
between people who must have a wider
horizon than their own specifically
allotted problem and who must be able to
see the resolution of their own problems
in the context of all the problems
involved in translating the research
chemists' idea to the shirt or blouse on
the back of the customer.

Maintenance of proper communication between
all parties is vital, to ensure a totally
integrated pattern, and one in which the
relationship between Research and
Production is established at the earliest
stage through the realisation of a
Development function. The problems likely
to arise, as for example the very relevant
problem of matching economy of production
cost with investment in polymer production
plant can only be foreseen by such a
liaison and the appropriate decisions then
taken to alleviate.

So I have now gone full circle and from

an examination of the specific relation-
ships between Research and Production in
two areas of the man-made fibres industry,
it is clear that the relationship must
always be an effective one between people
and particularly between people involved
in the Development aspects with those in
the scientific and in the production and
in the commercial aspects. The develop-
ment arena is one where the chemical
engineer must play a major part - not only
in the application of his special technol-
ogy but also in ensuring the proper degree
of relationship between people involved in
all the facets of the total enterprise.
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THE MANAGEMENT FRAMEWORK FOR EFFECTIVE TECHNOLOGY TRANSFER

John Dingle !

Carlos Beaumont

1. Double L Consultants Limited, London, UK.

2. Companhia Nacional de Petroquimica, Lisboa, Portugal.

ABSTRACT

Technology transfer is an engine for social and
economic development through industrialisation,
It-incorporates process technology, project
engineering technology, production and marketing
technology, and the means whereby this body of
experience and expertise is translated from one
environment (the "transferor's") to effective
operation in another (the "transferee's").

Accelerated development of a new generation of
basic industries may make heavy demands on
national resources, which are commitments on the
effectiveness of technology transfer. That
effectiveness becomes even more crucial when,
in the petrochemical industry, the technology
supports and sponsors the growth of an advanced
and integrated market-orientated industrial
superstructure,

as

Portugal's situation is distinct from that of

any other petrochemical technology transferees,
partly because of its unique location at a
crossroads of world trade, partly because of

the potential for home demand, and partly because
of the nature of its industrial and social base.

Thus the transferee must be able to find and
maintain an active role in the international
market place. At the same time he must become
the inspiration of qualitative as well as
quantative growth in the home market if the
technological level of the industrial super-
structure is not to stagnate.

INTRODUCTION

The transfer of technology has, throughout history,
affected the course of civilisation, although not
always with the benefits expected by transferor or
transferee. Thus, iron smelted in Africa, forged
in India, shaped and tempered in Persia and Arabia,
may have helped the spread of Islamic culture

(1)

behind the swords of the Jehad . A prime
condition for these industrial achievements must

have been the ability of "recipient" cultures to

accept, efficiently utilise and eventually
develop their own contributions to the
application of technology. This management
framework for effective technology transfer is
the topic which, in the context of modern

Portugal, we intend to discuss in this paper.

Technology transfer is an engine for social and
economic development through industrialisation.
It incorporates process technology, project
engineering technology, production and
marketing technology, and the means whereby this
body of experience and expertise is translated
from one environment (the "transferor's") to
effective operation in another ( the
"transferee's"). A typical definition of
technology transfer is "the process through
which the production system of a country
(public and private enterprise) acquires a
technology produced in another country for

(2). As is

incorporation in those enterprises”
well known, many recipient countries have voiced
their dissatisfaction with certain aspects of
the mechanism of technology transfer, in which
real or supposed restrictions imposed by the
transferors are considered to be disadvantageous
to transferees, particularly those which are
"developing" countries. In consequence the
international trade and development body UNCTAD
is considering setting up a code of conduct

governing technology transfer.

Whatever the outcome of these deliberations, at
least part of the anxiety felt by recipients of

the mpore advanced technologies, such as those



relevant to development of the petrochemical
industry, is due to doubts that processes, plant
designs and operational technigques worked out
and implemented in countries with a very
sophisticated industrial and commercial
infrastructure, are altogether appropriate for
transfer to countries at a level of
industrialisation which is significantly lower,
yet characterised by rapidly accelerating

development,

In addition, ideas of what constitutes
"appropriate" technology have been confused by
socio-economic and political ideologies too
vague or too ill-matched with the specific needs
of industry and commercial realities in a
country. Thus, we find opinions on "appropriate"
technology transfers as diverse as the "Small is
Beautiful” philosophy launched by the British
economist E.F. Schumacher, which has come to
symbolise the reaction against capital intensity
in industrial development, and the view not
uncommon in political circles, that technology
as a contributor to a nation's industrial
development should be chosen on the basis of that
nation's political and social aspirations (3) 4
Whatever these aspirations mavy be, it is likely
that their expression in terms of government
policy will change more than once during the time
over which industrial technology is commercially
applied. We need, therefore, a view of
technological appropriateness which is more in
line with industrial practice. We suggest that
the underlying principle guiding our choice of
"appropriate" technology in any instance should

be, that it is the most "advanced” which can be

maintained in normal operation by normal means

at _the recipient site. In defining the

appropriateness of technologies in this way we
are only stating a necessary condition: the
industrial policy adopted and the actual
undertakings shall determine which sets of
appropriate technologies fall within a coherent

strategy of long range industrial development.

Clearly, the idea of normalcy in relation to

industrial practice, i.e. normal ways of
producing and marketing industrial products,
leads us to consider the special position of
Portugal with reference to international
markets and commerce - the petrochemical
business is after all, an international

business.

Most of the European states have joined one of
three economic unions. Their respective share
of European population and of wealth generating

capability as measured by gnp is shown in

Table 1.
Table 1
. gnp/cap
%
% population gnp us $

EEC 33.5 49.0 5401
EFTA 4.7 7.5 5978
(in which Portugal 1.2 0.5 1570)
CMEA 46.9 35.3 2778
Non-aligned * 14.9 8.2 2024

100.0 100.0

Source : World Bank Atlas, 1977.

Table 2 compares Portugal with the countries
of most similar population, in other

economic groupings : (see page 3)

Thus, there is a sense in which Portugal's
projected membership of EEC should be seen as
a greater challenge than is its present
membership of EFTA. It is a challenge which,
we suggest, must be met by market-led
industrial growth, which - as regards
petrochemicals - throws some light on what is

meant by "advanced" technology.



Table 2

Belgium Portugal Greece Bulgaria
Union EEC EFTA non* CMEA
Population million 9.8 9.6 9.1 8.7
urban % 87 26 65 58
econ. actives% 41 39 38 52
gdp US$/capita 6352 1517 2140 1683 (nmp)
Production indices
agriculture (1961/5 = 100) 116 108 154 146
industrial (1970 = 100) 108 132 151 157
Trade (a)
Exports, % gdp 48.9 11.5 11.5 31.8 (nmp)
%av., vol. increase 1971 - 6 7.3 2.6 17.0 19.5 (b)
Imports, % gdp 52.6 26.8 27.1 36.7 (nmp)
%av. vol. increase 1971 - 6 6.7 3.2 6.7 19.5 (b)
Source: UN and OECD Statistics. Data refer to 1975 except (a) = 1976.

(b) = authors' estimate. "nmp" =

strictly comparable with "gdp” =

* Some of these countries are associate members
of the economic unions. Details of membership

are given in Appendix 1.

Regarding its trade pattern, Portugal stands at
the historic crossroads of commerce between
Europe, the Americas, Africa and the Middle
East. Membership of EEC will confirm West
Europe as Portugal's major market place. The
home demand for petrochemical products is still
too small to support production at a competitive
scale without exports, at least during the first
years of operation, and those exports will be
aimed very largely at West Europe. But, as is
well-known, West Europe has, and is likely to
have for the next five years, considerable
overcapacity in all the commodity petrochemicals.
How then, can Portugal expect to move the

excess products of its nascent petrochemical

industry into such a market place ?

The most obvious driver for such movements is

price, and there are several examples of methods

"net material product” not

gross domestic product.

whereby relatively new producers move, or plan
to move, their products into the West European
market in spite of the competitive situation.
The CMEA producers do so by counter-trade for
plant and technology. The future producers of
OAPEC intend to do so with the help of cheap
raw materials. Neither however, seems to be
good model for the Portuguese petrochemical
industry, because - without the use of some
rather unusual and probably unacceptable
accountancy - neither would show an
economically sound return on the investment of
national resources which that industry
represents. On a general examination one may
conclude that the Portuguese internal market
has reached such a size that it can justify
and support the transfer of production
technologies; the size of exports on a surplus
basis only, is however much too small to allow
for the transfer of international marketing
technology. How to export, then, the
relatively small quantities which will be

necessary to push domestic production to



competitive scale ?

One possibility would be to undersell by such a
margin that international operators would be
attracted to trade Portuguese products; we shall
see that there is no real interest in doing this.
Another possibility would be to engage in joint-
ventures in which the international marketing
technology will be supplied by the foreign
partner who, on the other hand, would gain
captive participation on the Portuguese domestic
market through the joint-venture.

Considering the market overall, it is easy to
see in general terms that Portugal has no
natural competitive advantage which would
result in lower production costs., Moreover, it
is seldom that any single technology is available
for transfer, the production economics of

which allow product selling prices to be
significantly less than market prices in an
over-supplied market. Thus we see that
"advanced"” technology has to be defined in

terms of "advanced" products i.e. products which
can be differentiated by their purchasers in
terms of price/performance, or “marketability".
We believe this favourable differentiation
imposes three obligations on the management

of technology transfer:

1. The feasibility of projects must be based
on market realities, which may demand the

integration of series of technologies;

2, The means of technology transfer must
promote development of the recipient's

own technological capability;
3. The recipient must plan for the
organisational growth and change which

will follow from technological transfer.

1. PROJECT FEASIBILITY AND MARKET REALITY.

The management of technology transfer begins

with the first step of project feasibility

analysis, the identification of opportunity for
new capacity. Such opportunities, as future
outcomes of the balance between projected
demand and supply, with enough time in hand to
get the "opportunity" capacity built and
operating, are rarely found as neat points in
time. They are more likely to appear as a kind
of window with a rather fuzzy frame within which
technological options have to be worked out in
terms of commercial practicality.

(Figure 1)
The technological data normally available at
this stage are ill-defined, for unless the new
project is a copy of a plant already in
operation, differences of scale, configuration,
and the extent of integration with adjacent
facilities are likely to make it impossible to
obtain precise information on performance.
In addition, a careful distinction must be
made between performance data which are
presented as "typical", those which will be
guaranteed, and those which may reasonably
be expected under normal operating conditions.
The huances of the Portuguese language
contribute some semantic niceties to this
problem, for the ideas of "expecting", "hoping
for" and "waiting for" may all be conveyed by
the same verb: esperar.
Somewhat similar remarks apply to the capital
cost information usually available at the
feasibility stage. This information, which
normally originates from contractors or
licensors, has a range of accuracy which in
no way implies that the most probable project
cost is represented by the median value of the
range. The range of accuracy really reflects
(1) the estimator's level of ignorance about
differences between the experience he is using
for reference and the particular project he is
now costing, and (2) the contractor or

licensor's interest in keeping his contractual

options open as far as possible.

The overall result of imprecision in

"feasibility” information is to obscure



differences between production technologies.
(Figure 2)

If we accept this as normal, we shall be better

able to focus attention on what seem now to be

more important aspects of technology evaluation:

(1) judging when expenditure on upgrading the
precision of input data to production

cost estimates is really justified;

(ii) identifying the probable effect of
completion delays on our project's
earning power;

(Figure 3)
(iii) matching our project's output to its real

market.
(Figures 4 & 5)

The project's real market cannot realistically
be separated from questions of pricing strategy,
both as regards transfer pricing between
production units integrated through shared
ownership, and as regards building a position in
the market at large. The increasing use of
formula-pricing in the context of joint-ventures
with technology licensors brings these questions

into the domain of technology transfer.

Probably the key issue is: the extent to which
the actual market may be regarded as 'free' or
‘protected'. We might take the view that
transfer pricing is a means of using a

special sort of ‘protected' market situation to
promote a particular interest of one or other
of the partners (such as benefitting from
certain tax provisions, or building up a
localised - and probably temporary - sales
position). But the very same provisions
which benefit one party may well disadvantage
the other. Then both partners tend to resolve
their dilemma by declaring that the transfer
price is, in principle, the free market price,
a concept the practical value of which depends
on resolving the fiction that a market price
can exist in the absence of a market. By the
same reasoning it may also be seen that

recourse to international market price (for

instance, the spot price in some north
European markets) does not solve the problem
of setting equitable transfer prices in

Portugal.

In the uncertain world of price forecasting one
thing is sure: the effective market price will
not be the selling price calculated from the
process stoichiometry + engineering estimates +
hoped-for ROI. The chances are that in the
European commodity petrochemicals markets of
the foreseeable future, it will be

(5) so that historical ideas

substantially less
of what constitutes the 'viability' of projects

may have to be revised.

The search for ‘viability' is essentially a
search for a sufficient market share. As a
newcomer to the oligarchic European market,
could a Portuguese producer of commodity
petrochemicals expect to 'buy' a sufficient
market share by means of pricing strategies
alone ? It seems unlikely, because this
market tends to exhibit a "kinked" price-
demand elasticity so that while a small price
increase is likely to produce a substantial
reduction in demand, a price reduction does
not raise demand very much.

(Figure 6)
Furthermore, on the home market foreign products
will be disadvantaged by transportation costs
and by small scale local operations due to
limited individual market shares divided
between several competitors and so Portuguese
materials may progressively acquire a captive
market for themselves. However, when turning
to foreign markets, transportation and
marketing costs will work against Portuguese
exports. This fact introduces an abrupt
downward trend in any advantage that
theoretically might be achieved by increasing
the scale of the projected global operation
if the excess production must be placed on
external markets at a discounted price.

(Figure 7)
If however, producers are able to



"differentiate" their products, for instance by
specification, performance, or other services to
the customer, pricing strategies designed to
capture a sufficient market share have a

reasonable chance of success.

This leads us back to the idea of technological
integration, perhaps best explained by an example.
Commodity thermoplastics such as polyolefins or
pvc have many, diverse, end-uses. Each link in
the chain from production to end-use increases
opportunities to apply technologies (and
"knowhow" which for present purposes we treat as
the same kind of intellectual property) to
raise the value added to the basic product. A
synergy develops, when these technologies are
applied in an integrated way - design of
artefacts, design of fabrication equipment,
selection of production techniques, selection of
polymer grades, choice of process technology,
polymer chemistrv etc. - which, we suggest, has
the potential to add more value to the overall
industry operation than would be got from the
sum of the activities carried out in isolation.
(Figure 8)
The conclusion begins now to become evident :
through technological integration, the
Portuguese petrochemical industry may induce
domestic fabricators to favour production of
better products, suitably developed and adapted
to the end-user's convenience and preferences,
and may thus build for itself a captive yet
bigger internal market. By the same mechanism
it does not seem possible for a Portuguese
operator to secure alone and directly any

profitable captive share of external markets.

2. DEVELOPMENT OF TECHNOLOGICAL CAPABILITY.

Technology transfer always involves something of
the nature of a joint venture (j.v.) even when
the transferor holds no stock in the
transferee's project. Owners of technology
often manifest an underlying current of opinion
that j.v.'s are at best a compromise which is

second best to developing the venture alone(e)

Most of the difficulties they anticipate have
to do with the allocation of financial
management responsibilities, but there are
technological areas where the interests of the
parties may diverge, or may come to do so in

time.

From the recipient's point of view it is
important to get agreement on a definition of
the ’'scope of supply' which leaves no room for
doubt as to what is covered in the technology
transfer contract. It is also in the
recipient's interest to make the definitions
as wide as possible, and to minimise
restrictions on the markets open to the
products of the technology. Both demands run
counter to the basic interests of the
transferor: some negotiated compromise is

inevitable.

Leaving aside legal protection for the
recipient against claims by third parties,
perhaps the most necessary management

guideline is to recognise that technology

which is worth having is yet capable of
improvement, and consequently the recipient
must (1) have access to future developments

as well as to the current state of the art, and
(2) must have a fair share of the benefits of
any improvements to which he contributes, as

a result of such access.

In practice these provisions require the
recipient's technical staff to be involved

in development of the basic process design
philosophy and the engineering design of plant,
as well as being adequately trained in
operation and maintenance methods on plants as
nearly as possible similar to his own., Very
careful thought should be given before selecting
any technology so "advanced" that the licensor
is unable to meet these provisions : under-
utilisation of capacity for operational

reasons is just as expensive, and much more
frustrating than under-utilisation for market

reasons. Finally, the agreement should allow



for regular discussions between parties'
specialists on research and development work.

It is remarkable that while many technology
transfer agreements contain this provision, the
arrangements are either unworkable, or recipient
organisations ‘lo not prepare themselves to take
full advantage. As causes for this situation

the following may be suggested

- developing countries are normally prone to
give excessive weight to "hands off"
provisions stating that the transferor's
guarantee shall cease to be valid if the
technology is modified in any way by the

transferee;

- since a new installation in these countries
is generally the "one and only" in its
product line, the consequences of eventually
unsuccessful tampering or failed experiments
may be heavy financial losses due to

prolonged shutdowns;

- it is very uncommon in developing countries
that sufficient emphasis and effort are put
into technological R & D, and that a
sufficient part of the industrial profits

is diverted to finance it.

Thus, we feel that unless a long-range
objective for technological development is
accepted and enforced by the Portuguese
industry, and adequate financial instruments
and insurance are established, part of the
imported foreign technology may have only a
temporary beneficial effect. 1In fact, it will
not be fully transferred, but only used as an
esoteric black box during a certain time,

after which its benefits will be lost.

When technology transfer forms part of a j.v.
agreement, additional management problems to
do with effective control of the j.v.'s
marketing and financial activities may arise.
It is not surprising that the transferor,

seeing the j.v. as being in a sense a dilution

of his technological pre-eminence, may seek to
influence control to a degree out of
proportion to his share-holding. Among the

many possible strategems are:

- a major part of the j.v.'s output is
contracted to the transferor or to a
party considered likely to favour his
interests, who thus controls marketing of
the product. Alternatively control of

production is given to the transferee, in

exchange for transferor's control of a

separate marketing company. In either

case, control of marketing is likely to
exert a dominant influence on production

policy;

- an effective majority vote on the
transferor's side is arranged on the
Board, even though profits are divided

between the partners equally;

- equal numbers of the Board members are
appointed by each side; however the
technology transferor has the right to

appoint management.

Obviously one would hope for a partner whose
views on the j.v. were more constructive than
these. The recipient's criteria of choice

could include:

- does the partner inspire confidence that
his present and foreseeable objectives
for the j.v. converge with the recipient's

own ?

- is the partner willing to discuss openly
potential areas of future conflict,
especially on the distribution of profits,
and on expansion or other activities
likely to call for the future injection

of additional capital ?

- is the partner willing to support and

contribute to efforts the recipient may



undertake in his country to develop the

technology further ?

- is it possible to agree in advance principles
for the equitable termination of the j.v. if
that eventually proves desirable, even

though unforeseen now ?

Here we have outlined means for technology
transfer to be effective in a way essential for
a country which aims to use accelerated
industrialisation as the motor for social and
economic growth: it must plan to become
technologically independent in certain fields.
The alternatives -~ either increasing reliance

on imported knowhow, or abandonment of growth -

are we suppose, equally unacceptable.

3. PLANNING FOR CHANGE.

One inescapable result of technology transfer
is, that changes will occur in the ways in which
people are deployed in a developing industry.
Another is, that the basic understandings which
are common to both government and industry when
industrial growth takes up a relatively minor
share of national resources, are bound to change
when that share of national resources becomes,

as industrialisation accelerates, predominant.

The work force associated with sophisticated
projects - such as oil refineries and commodity
petrochemicals plants - changes not only as
regards size, but, what is more important, as
regards the nature of the tasks people have to
do during planning, design, construction and
eventual operation. Petrochemical complexes
(ammonia and urea plants, ethylene plants, BTX
facilities, intermediate monomer plants, polymer
plants, associated facilities) have a common
characteristic in that they always involve
building new units, expanding existing

Once

facilities and revamping old ones.

started, petrochemical complexes never cease
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to require constant technological support for,
and infusion to, the operation of existing
industrial units and to plan, design, construct,
erect and start-up new ones. This characteristic
feature allows for technological specialisation
on process engineering and design as well as on
project management, so that gradually, native
engineering capabilities concentrate and gel to
form teams inside the complex, in the
petrochemical companies, and 1in outside

independent engineering and construction

firms.

In an industrial society these changes can
normally be accommodated smoothly because
there exists a pool of experience from which
specialists are available as and when a
particular project needs them. On the contrary,
in semi-industrialised countries, where an
industrial infrastructure of this kind is in
course of development, such a pool of expertise
must be created, and in a form which allows it
to accommodate change acceptably. Thus,
within each particular project the original
(rather few) inside planners evolve and change
into (rather more) designers. Later there is
a temporary need for (many more) constructors.
Finally the original core of the project team
settles down to do the job which all along
has been its destiny; to operate (and
maintain in operation) the new facility. This
of course includes production, distribution,
marketing and the more esoteric activities
that contribute to the successful development
of new industry. And while much of the
variation in numbers and categories of
personnel can be made up from outside resources,
that should be considered to be primarily a
temporary expedient. What is important is that
the team should develop independence as well

as depth of experience and cooperative
understanding, so that planning the evolution
of organisational structure is an important
aspect of the management of technological

transfer.



In preparing this paper, we have been conscious

that especially in Portugal among all the
nations of West Europe, the management of
technology transfer will have a profound
influence on the eventual success of the

industrialisation plan.

We feel we should not close our paper without
commenting on the nature of ‘'plans' in this

context.

Industry makes plans which are essentially

series of hypotheses each of which is subject

to tests against market response.

these tests indicates what is feasible to be

achieved with the resources available.
(Figure 9)

But adjustment to changes in market response

and other circumstances inevitably leads to

some cyclic variation of sales and manufacturing

output., Nonetheless, in a free market, the
performance of these plans can be measured
objectively by the Profit-and-Loss Account,
and so this planning mechanism continues to be

acceptable to Industry.

Governments, on the other hand, seem rather
given to regarding industrial plans as
statements of firm intent (about investment
levels or employment, for example) which when
accepted, become fixed targets to be achieved
by dint of determination to overcome all
obstacles.

(Figure 10)
Obstacles, including those resulting from
market forces, can be eliminated by democratic
negotiation - or at last, by legislation -

which will control market forces (7).

In Portugal, where industry consists
predominantly of small companies, we may

surmise that the immediate consequences of

competition within EEC would be to trigger new

and stronger market forces with potentially

traumatic effects on Portuguese producers.

Feedback from

There might seem to be an a priori case for
government protection of the home market. But
we suggest that is a step to be taken only
with great caution. Reciprocal action by
other trading nations would reduce the total
volume of trade with consequences especially
serious for a nation whose home market is
relatively small. But perhaps of even
greater significance for the long term
development of Portuguese industry, such
protection would demotivate the drive
towards achieving technological independence.
If that is a long term aim, no short term
expedient should be permitted to stand in
its way. Its achievement will depend on
government and industry planners reaching
a modus vivendi in which effective
management of a consistent and selective
policy of technology transfer to all levels

of industry will be a necessary part.

London and Lisboa

April 1978



Appendix 1 - 4. Antonio Barreto - "Transferts de

: L
Membership of European Economic Unions. technologie et developpement integre®,

Univ. Nova de Lisboa, 1975,

EEC : Belgium, Denmark, Eire, France, Germany 5. e.g. Codling, B.S. - "Olefin Pricing
(Federal Rep), Italy, Luxembourg, in Europe", Chem. Engg. Prog. July 1977.
Netherlands, United Kingdom.

6. cf a lecture by P. Harvey of ICI

EPFTA : Austria, Iceland, Norway, Portugal, reported in Chem. and Ind. 3.xii.77.
Sweden, Switzerland.

7. e.g. Rt. Hon. Tony Benn M.P., at the

CMEA : Bulgaria, Czechoslovakia, Germany 1977 UK Labour Party Conference.

(Democratic Rep), Hungary, Poland,

Romania, USSR.

Non-
aligned : Albania, Cypé&%, Finlé%é, Greééé,

Spain, Turﬁé;, Yugoslaé%g.

Notes : (1) EEC associate members
(2) EFTA associate member

(3) CMEA associate member

REFERENCES
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NEW PERSPECTIVES ON THE ECONOMIES OF SCALE

J H Taylor

P J Craven

D Richards

ICI Mond Division, Runcorn
England

ABSTRACT

A study has been made of the relationship between
capital and plant size for 45 projects in the
United Kingdom covering a broad spectrum of plant
sizes and technology.

It is concluded that for chemical plants in the
1-100 kt/year range the economies of scale for a
particular single stream continuous plant are
better represented by an 0.4 exponent rather than
the traditional 0.6. This apparent conflict is
reconciled. A lower exponent means greater
economies of scale on capital. By implication
this is extended to unit costs.

BACKGROUND

One of the best known and widely used rules of
thumb employed by cost engineers and economic
evaluators is the so called "six-tenths rule".
This rule, first proposed by Williams (1) for
uninstalled plant equipment, states that if the
cost is known at one scale (S;) the cost at
another scale (S;) is given by:

Cost at scale S, '(§l) 0.6 (1)
Cost at scale S; =\S;

In other words cost is proportional to the scale
raised to an 0.6 power.

This rule was later extended to installed plants
by Chilton (2) mainly on the basis of data for
petroleum refinery plants. For specific items

of plant equipment various power factors have
been proposed and though these range widely an
exponent of 0.6 is typical. For example the
joint working party in the UK of "Institution of
Chemical Engineers" and the "The Association of
Cost Engineers" give (3) the following as typical
values:

Tanks, rectangular 0.5
Pumps 0.7
Compressors, reciprocating 0.75
Electric motors 0.8

Towers (constant diameter)
Evaporators

Heat exchangers - 0.95
Piping - 0.9

The new views on the economies of scale described
in this paper arose unexpectedly from the
development of the "Process Step Scoring"
technique (4) for estimating capital at the
predesign stage.

DATA BASE

To develop the "Process Step Scoring" method it
was necessary to collect capital cost data for a
wide variety of chemical plants. Reliable well
documented data was assembled for 45 different
projects completed in the UK during the period
1963-1974. These covered a broad spectrum of
processes typically encountered in the Chemical
Industry. They included processes for organic
solvents, intermediates and monomers, complex
biologically active compounds, polymeric
materials and inorganic materials. Most of the
common chemical reactions were covered; for
example chlorination, fluorination, oxidation,
hydrolysis, amination, hydrogenation, dimerisation
addition and cracking reactions. Plant sizes
were evenly distributed over the range 0.3-250
kt/year.

The battery limits element of the capital was
extracted and this was brought to a common time
base using a capital inflation index. Fortunately
all the plants were essentially completed before
the oil embargo in 1973 or otherwise any conclus-
ions on scale could have been grossly distorted
by the rampant inflation experienced in the UK
from around that time.

Deviations from a true scale exponent as a result
of multistreaming were avoided as most of the
plants were single stream or contained only minor
elements of duplication which were adequately
corrected for by the scoring system incorporated
in the Process Step Scoring method.



REGRESSION ANALYSIS

Relating the battery limits capital cost (C) with
the design capacity (S) of the plant gave not
surprisingly in view of the variation of process
types, a non-significant correlation. To allow
for variations in the process complexity an index
called the "costliness index" (I) was included as
a variable in a regression analysis to fit an
equation of the type

b

C=als ce ee ee e e

where a and b are constants.

The costliness index is a basic parameter of the
Process Step Scoring method. For a particular
process it is a unique function, determined by the
expression
1= £ (1.)% Y )
4
where N is the number of 'significant process
steps' (eg. filter, distil,react etc.) and X is a
complexity score determined for each process step
to take account of factors such as throughput,
materials of construction, reaction time temper-
ature, pressure and multistreaming. Costliness
indices normally range from about 10 for a pro-
cess to make a simple chemical such as formalde-

hyde, up to 200 or more for a process for a complex

drug or pesticide. The method for calculating the
costliness index of a process has been described

).

Regression analysis including "I" as a variable
gave a relationship (eqn 4) with an exponent of
0.39, instead of the expected 0.6:
c=451509-37 N )
Where C = battery limits capital in kt (adjusted
to an Eng. Proc. Econ. index of 300) and S = plant
capacity in kt.

The standard deviation (on capital) for this

relationship was 15.2%. The correlation is shown
graphically in Fig 1. The sensitivity of the
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standard deviation to the scale exponent was
determined by repeating the regression analysis
at various fixed exponents.

Exponent Standard deviation
0.60 377
0.50 237
0.40 15.57%
0.39 15,27

Clearly an exponent of 0.4 fits the data much
better than the traditional 0.6.

It could be argued that the capital is
directly proportional to I and this is
observed scale exponent is 0.4 and not 0.6. To
check this the regression analysis was repeated
to fit a modified equation (eqn 5) in which I has
the option of being raised to a fractional power.

not
why the

d1%s O ¢ )
The correlation obtained (eqn 6) indicated that
the capital is in fact essentially directly
proportioned to I

C = 47 10-99 g0.40 e e e e e

DISCUSSION

The results of the regression analysis indicate
that for the scale range 1-100 kt/year the capital
cost for a single-stream process with a fixed
costliness index varies as the 0.4 power of the
scale and not as the 0.6 power as is generally
accepted. The actual range of the data is 0.3~
250 kt/year but because of the possibility of
unknown end effects the range of confidence is
limited to 1-100 kt/year.

An exponent of 0.4 means that the economies of
scale are greater than would be expected using
the traditional exponent of 0.6. The cost

dif ference between using an exponent of 0.4
instead of 0.6 is large if extrapolations are
being made over wide scale ranges; for example a
cost of £1M for 1 kt/year would be £4M for 10 kt/
year using an exponent of 0.6 but only £2.5M when
using 0.4.

Why is the scale exponent we have obtained so
much less than the 0.6 concluded by Williams and
Chilton and which has been accepted and widely
used by engineers and evaluators throughout the
Chemical Industry?

The apparent conflict we believe can be explained
in terms of:

i)

and ii)

the type of data used for correlation,
how the scale increase is achieved (eg.
is it achieved by duplication of equip-
ment or by making them larger).

Williams data was for uninstalled items of plamt
equipment, whereas ours is for complete plant.



Chiltons data was for complete plants but in
contrast to ours was biased much more to very high
tonnage (200-4000 kt/year) petroleum refinery
plants. Also in Chiltons data the costliness
index would not be constant for a particular pro-
cess as he indicates that the scale increase could
necessitate duplication of process units rather
than making them larger also additional units may
be needed either to deal with special problems
posed by higher scales (eg. effluents) or the need
for higher standards to conserve raw materials and
energy. Some of the smaller plants in Chiltons
data do have a lower exponent and he states that
there is "a fairly smooth progression from 0.33 to
1.02".

The found exponent of 0.4 is not therefore necess-—
arily in conflict with the conclusions of Williams
and Chilton - it is for a more specific set of
conditions and gives in our view a better repre-
sentation of the true economies of scale (ie.
making units larger) for the scale range 1-100 kt/
year. We exclude from this conclusion the
predominately batch processes which are often used
at very low capacities (1 kt/year and less) as
there are some special considerations for these.

Though an exponent of 0.4 is the best single value
to cover the range 1-100 kt/year, it is probable
that the exponent is not constant but progress—
ively increasing from a value less than 0.4 (say
0.2 at 1 kt/year) up to a value higher than O.4,
ultimately reaching the traditional 0.6 at high
tonnages of around 200 kt/year (see Fig 2).
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The reasons for greater economies of scale at low
capacities for continuous processes are probably
twofold:

i) Minimum costs for some types of equipment
which are not available below a certain size
(eg. pumps, heat exchangers).

ii) Relatively higher installation costs, or in
other words, higher installation factors

(ie. Lang factors).

Evidence for a decrease in the installation factor
with increasing scale was obtained by repeating
the regression analyses using the basic equipment
costs only instead of the gross installed costs.
The relationship obtained had an exponent (0.5)
closer to the traditional 0.6.

Cost of uninstalled equipment (kE£)

=8180:5 T )
By division with eqn. 4 a relationship is obtained
for the installation factor.

5.6 § 01 . (8)

Installation factor =
Thus the installation factor decreases with
increasing scale; for example it is 5.6 at 1 kt/
year, 4.3 at 10 kt/year and 3.4 at 100 kt/year.

A decrease in the installation factor is also
implied in those engineering type estimates which
use an installation factor based on the average
item cost. In the following example in which the
equipment is scaled up by an 0.6 exponent the
calculated costs for installed equipment follow
an 0.38 exponent.

y t/year 10y t/year
Av. equipment £10 000 £39 800 (assuming
cost; say 0.6 power)
Installation 4.2 2.5
factor (5)
Av. installed £42 000 £99 500 (ie 0.38 power)
cost.

A popular initial explanation of the low exponent
allowing for scale obtained in our correlations
as compared to the traditional 0.6 was that larger
plants have greater economies due to learning as
a result of design optimisation. To test this a
regression analysis was carried out, in which the
number of years in which that type of process has
been operated was included as a parameter in
addition to costliness index and scale. Surpris-
ingly, it was found that the capital was almost
independent of the 'learning' expressed in this
way and this cannot therefore be the explanation
for the low exponent. The reason why design
optimisation has no detectable effect probably
stems from the fact that say a 307 size reduction
on equipment only produces about half that
reduction in cost and also that many items of
equipment (eg. storage vessels), cannot be optimr
ised (NB 'Learning' here does not include any
process improvements or modifications which alter



the costliness index such as yield increases, use
of simpler materials of construction, lower stock
levels).

UNIT COSTS

Most of the key components of a unit cost build-up,
apart from purchased raw materials, can be related
directly to the capital (9). On this basis and
assuming the "six-tenths rule" for scaling capital
several workers (6, 7, 8) have derived a correl-
ation for unit cost as a function of scale, often
referred to as the "minus four tenths rule':

%ZL=(%)'°-“ B €))

Where U} and Up are the costs at plant sizes §;
and S, respectively. (Though it is not stated
this relationship should be limited to unit costs
other than basic raw materials).

On the basis of our observed exponent of 0.4 for
scaling capital in the range 1-100 kt/year the
derived relation for unit cost becomes:

Uy = /s;\ %8 B $ 1))
Uz S2

An 0.4 exponent on capital instead of 0.6 thus
implies greater economies of scale on unit costs
as well as on capital.

MULTI-STREAMING

It must be stressed that the 0.4 exponent that we
have observed is for scaling up single stream
plants of constant costliness index. If the scale
up is achieved by multi-streaming,a higher expon-~
ent will result. For example for a scale up of

10 times achieved by multiplying up the number of
streams by n times the original plant, the overall
scale exponents for capital become:

n Exponent

1 0.4
2 0.58
3 0.69
4 0.77
10 1.0

Similarly for unit costs in a tenfold scale up the
overall scale exponents are:

n Exponent
1 -0.6
2 -0.42
3 -0.31
10 0
CONCLUSION

For chemical plants in the 1-100 kt/year range
the economies of scale for a particular single
stream continuous process (with a fixed costli-
ness index) are better represented by an 0.4
scale exponent rather than the traditional 0.6.
Though apparently in conflict with the accepted
0.6 this can be reconciled in terms of the lower
scale range and the plants being single stream,

This conclusion means that the economies of scale
for capital are greater than would normally have

been expected. By implication this can be
extended to unit costs.

NOTATION

S = plant size in kt/year

C = battery limits capital cost in k£

I = costliness index (see eqn. 3)

N = number of process steps

X = complexity score (see eqn. 3 and ref. 4)

U = unit cost in £/t.

NOTE

The views expressed in this paper are the authors
personal opinions and do not necessarily
represent the views of their Company.
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EXPERIENCE IN USE OF THE PROCESS STEP SCORING METHOD FOR CAPITAL ESTIMATION

J H TAYLOR

ICI MOND DIVISION
RUNCORN, ENGLAND.

ABSTRACT

"Process Step Scoring” is a method for the rapid
estimation of capital costs of chemical plants at
the predesign stage. Following an earlier
publication this paper describes:

(1) the method in outline with an example,

(I1) recent developments for small scale batch
plants and plants located outside the UK,

(1I1) the problem of published capital cost
indices not fully reflecting the increasing
costs of chemical plants, and

(Iv) reliability and limitations of the method
experienced in wide practical use over a
period of four years.

INTRODUCTION

In the early stages of development of a chemical
process, when ideas are changing quickly, rapid
cost estimating methods are necessary to allow the
potential cost of the product to be weighed along
with other aspects of its evaluation, such as
market price, hazards, environmental constraints
and competitive strength. The traditional methods
of estimating capital, which involve flowsheeting
and chemical engineering design, followed by a
mechanical engineering cost estimate are too
cumbersome to cope with this rapidly changing
scenario, since they require a level of definition
in process design commensurate with the accuracy of
the mechanical design method. Generally this
cannot be realised in the early days in the life
of a project.

Several workers (1-6) have proposed methods for
the rapid estimation of capital at the predesign
stage. One of these methods is the so-called
"Process Step Scoring" method which was developed
in 1972-75 and first published (6) by the present
author in "Engineering and Process Economics” in
1977. This paper describes the method in shortened
version with an example, and then goes on to
describe some more recent thoughts and developments
and the impressions gained from four years
experience in wide practical use.

DESCRIPTION

Since details of the "Process Step Scoring" method
have already been published, a shortened
description of the method only is given here
together with an up-date of the key relationships.

"Process Step Scoring' only requires a simple flow
diagram such as the one in Fig 1 indicating the
process steps (eg. react, filter, store A) and
giving throughputs, reaction times etc. The
capital cost for this can then be derived in a
matter of minutes at a level of accuracy that is
good enough for most preliminary evaluations.
Also no knowledge of chemical engineering design
is needed, so the method can be used by pure
chemists.

The basic principle of the "Process Step Scoring"
method is the postulation that the capital cost
of a plant is related to a costliness index (I),
expressing the complexity and nature of the
chemistry involved in the process, and to its
size by a relationship of the form:

Capital cost = constant X costliness index X
(capacity)P where p is a fractional power.

The costliness index, which is a unique function
for a particular process is determined by the
expression:

N
I=: (1.3)7 ve e e e e e
1

where N is the number of 'significant process
steps' and y is a 'complexity score' determined
for each process step to take account of factors
such as throughput, materials of construction,
reaction time, temperature, pressure and
multistreaming.

Costliness indices normally range from about 10
for a plant to make a simple chemical such as
formaldehyde up to 200 or more for a plant for a
complex drug or pesticide.

In principle the "Process Step Scoring" method
relates capital cost directly to the chemistry
involved in the process without considering
engineering aspects of the type of equipment



required. In this respect it differs from other
published quick costing methods. Another
significant feature is that each process step is
scored independently for throughput, corrosion etc.

The found relationship between battery limits
capital (C) in kf, costliness index, and plant
size (S) in kt/year for a plant in the UK is:

C =45 71 §0.39 R 3

(For an Engineering and Process Economics (EPE)
capital index in the UK of 300).

The Capital (C) includes all installation costs,
together with the necessary on-costs for an "in-

house" design, construction and commissioning.

Eqn. 2 was derived by carrying out a regression
analysis on 45 projects completed in the UK during
1963-74. These covered a broad spectrium of plant
sizes and types of technology encountered in the
Chemical Industry.
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An alternative "direct analogy" type of approach
not employing the derived relationship, eqn. 2, is
to compare the costliness index (I) with that (I})
of a similar process of known capital cost (Cy) and
capacity Si; the required capital cost being given
by:

c=0 (1_) £ L &)
1,/ 1%,

This approach avoids the uncertainties associated
with the variations on costs from one country to
another and it also eliminates the personal factor
in assessing the significant process steps - one of

7.2

the main difficulties in applying the method.

The scope of the "Process Step Scoring” method
covers complete new plants in the capacity range
0.3-250 kt/year. These can be for manufacturing
either organic or inorganic chemicals, but they
must use process operations which are reasonably
typical of those common in the Chemical Industry.

EXAMPLE

Suppose that it is required to estimate the
capital cost for a plant to manufacture 8 kt/year

of Product "C" by reacting "A" and "B" in a
solvent "S".

The various stages in estimating the cost are as
follows:

1) Define the process to be costed by a simple
block flow diagram (Fig 1) showing the main
process steps, relative throughputs (ie. t/t
product), temperature, pressures, materials
of construction, reaction (or storage) times,
multi-streaming and any special conditions,
such as explosion hazards.

2) List the "significant process steps' and
score each of these on throughput, materials
of construction etc. according to the rules
given in Table 1. For Product '"C" the
various process steps and their respective
scores are given in Table 2.

3) Convert the score for each process step into
a costliness index using the conversion Table
at the foot of Table 1.

The sum of these gives the costliness index
for the process. Thus for Product "C" it is
21, see Table 2.

4) Estimate the battery limits capital using
eqn. 2. Thus for Product "C" this Capital

= 45 x 21 x 89-39
= £2.1M (EPE index = 300)

5) Add allowances where necessary to cover
inflation, off-sites, site development,
location of plants outside UK and use of
existing equipment. Thus for Product "C",
assuming a typical mo tional allowance for
off-sites of 307, the total fixed capital
required for a UK plant is £2.7M (for an
EPE index of 300).



SMALL PLANTS

Generally speaking plants of under 1 kt/year are
predominantly batch whereas those larger are mainly
continuous. The design criteria for batch
processes differ considerably from those for
continuous processes. For example a continuous
process generally requires a piece of equipment
for each unit operation, whereas in a batch process
several operations (eg. react, distil, decant) can
be carried out in the same (but larger) equipment.

The original development of the "Process Step
Scoring" method was largely concerned with
continuous plants. More recent studies of batch
plants with capacities of 1 kt/year or less have
led to the conclusion that the costs of this type
of plant are better represented by eqn. 4:
C=451s0-6 I €Y
This is the same as eqn. (2) but the exponent is

0.6 instead of 0.39. Using eqn. (4) the scope of
the method is extended down to 0.1 kt/year.

With small plants appreciable use is often made of
existing equipment and/or an established building.
Eqn. (4) gives the cost for a completely new plant
built up from the ground. In a real life situatiomn
therefore with a very small plant of say 0.1 kt/
year the cost could be much less than indicated
(eg 50% or less).

PLANTS OUTSIDE UK

As indicated the basic "Process Step Scoring"
relationship (eqn 2) was derived on the basis of
UK based plants. The translation of a capital
cost for a UK plant into a cost for an equivalent
plant overseas is difficult because of lack of
reliable up-to-date comparative data. Also any
proposed location factor such as for éxample the
USA:

Cost in USA in §
Cost in UK in £ x $/£ exchange rate

Location =
factor

is, in the present rapidly changing economic
environment, quickly invalidated as the location
factor is a function of both the current exchange
rate and the relative rates of inflation in the
two countries concerned.

The approach adopted to extend '"Process Step
Scoring" for costing overseas plants, was to find
the most reliable cost comparison data available
and then inflate the cost from that date by using
published capital inflation indices for the two
countries concerned. For example using the
definitive comparison of UK and USA capital costs
made by Cran (7) in 1973, the value of the
numerical constant in eqn. 2 for the USA (in k§)
was estimated at 93 (June 1978 index), Similarly

the values of the constant for Japan (k Yen) and
West Germany (k DM) were estimated at 19,300 and
182, respectively. (June 1978 index).

Though these derived constants for USA, Japan and
West Germany are an approximate guide, it must be
stressed that the best approach for users of
"Process Step Scoring" outside the UK is to
determine the value of the constant by direct
analogy using eqn. 3, with an actual cost or
preferably range of costs, of known pedigree for
their particular location.

INFLATION INDEX PROBLEM

As indicated the "Process Step Scoring" method
was developed on the basis of plants completed
during 1963-74. The costs were then brought up-
to-date using the EPE capital inflation index,
which agrees closely with other available indices
for inflating UK capital costs. Though this

is apparently satisfactory, our experience
suggests that during the rampant inflation in the
UK, following the o0il embargo in 1973 and in the
aftermath of the Flixborough disaster in 1974,
capital costs for chemical plants have been rising
significantly more than that indicated by the
capital inflation indices.

Why are the published capital inflation indices
not adequately reflecting the escalation of the
costs of chemical plants? It is often not
appreciated that the capital indices are built-up
not from costs for complete plants, but are based
on mainly Government statistics for costs of Basic
construction materials and labour. Inflationary
factors that are not covered by the indices are,
for example,

(i) more sophisticated designs to meet
tightening safety and environmental
requirements together with the ever
increasing need to conserve raw materials
and energy,

(ii) varying profit margins, as the supply/
demand situation changes,

(iii) productivity trends.

To allow for these the capital inflation index
should be modified by multiplication by an
additional factor which we refer to as 'factor X'.
There is insufficient evidence to give a defin-
itive value for this factor and also it will
depend on the circumstances in question. It is
suggested on very limited data that a typical
value for the UK is at present somewhere in the
range 1.1 to 1.3 (for an index with a base year
of 1970). The value will tend to be at the higher
end of the range for plants employing mainly
specialised equipment particularly if these are
in limited supply or require individual
fabrication.



RELIABILITY IN USE

The measured accuracy for 'Process Step Scoring"
for estimating the battery limits capital

of a given process at a specified capital cost
index was:

957 Confidence limits +367% and -267

Standard deviation 157

This should be regarded as an idealised accuracy
for a definitive set of conditions. In apractical
situation it has been found that when the project
is at an early stage there are several other addit-
icnal sources of error/uncertainty that can arise.
These are:

(1) Changes in the process with increasing
knowledge as the project proceeds. Generally
these result in the process becoming more
complicated and therefore more expensive than
originally envisaged but sometimes develop-
ments enable the process to be significantly
simplified.

(2) Errors in the allowances added to the battery
limits capital to cover off-sites and site
development. Depending on the actual site
chosen these can range from 107 to 507 or
more of the battery limits capital.

(3) Errors in identifying the "significant
process steps''. A common error among
Chemical Engineers and others is to think in
terms of the equipment needed whereas they
should be thinking in terms of each operation
(react, filter, distil etc) that is performed
on the material flow, completely dissassoc-
iating their minds from the equipment that
is needed.

(4) Errors in forecasting forward inflation
together with the '"factor X" problem ie. the
uncertainty as to whether capital inflation
indices are fully reflecting the true
inflation of chemical plant.

(5) For plants outside the UK, errors arising
from the location factor used and its
sensitivity to exchange rate changes.

(6) Variations in design charges; for example
contract design instead of in-house or when
the plant is being built overseas,
particularly when there are language problems
and maybe process changes needed to meet the
local conditions.

In spite of these various sources of error the
"Process Step Scoring" method has proved avaluable
technique for use in the preliminary economic
evaluation of R&D projects. The possible sources
of error that have been indicated are usually not
critical in an early economic evaluation of an R&D
project. In comparing various process options,

for example, most of the errors will be common
and cancel out. When using the estimated capital
for a new product, together with estimates of raw
materials and other unit costs, to obtain a likely
manufacturing cost, the range of uncertainty on
this is usually small compared to the uncertainty
on the sales and market price that can be poten-
tially achieved.

In the preliminary stage of a new project when
the process is poorly defined the "Process Step
Scoring" method has in our experience given more
reliable results than engineering estimates. This
is because cursory assessment of the plant equip-
ment required, often grossly underestimates the
complexity of the process thus leading to an
estimated cost which is much too low. Errors of
this type are less likely with the "Process Step
Scoring' approach, because costs for a specified
process step are determined by correlating
directly with costs achieved in practice for
steps of analogous complexity - thus analyses of
the fine details of the step are already built
into the method.

LIMITATIONS IN USE

Though in the early stages of an R&D project,
"Process Step Scoring" is the preferred estimating
method in terms of speed, minimal use of resources,
flexibility, and (in our experience) reliability,
there are some circumstances in which it cannot
be used and an engineering type estimate is
therefore needed.

The main limitations on practical use have been
found to be:

(1) Process optimisation studies (eg. is it
preferable to separate by filtration or
distillation)

(ii) debottlenecking, extension or modification
of existing plants, and

(iii) specialised operations such as fibre
spinning, electrolysis or plastic
extrusion.

CONCLUSIONS

During four years of practical use by numerous
evaluators on a wide variety of R&D projects,

the "Process Step Scoring' method has proved a
valuable technique for early economic assessment.
Reliability in use has proved adequate bearing in
mind the many uncertainties that accompany any new
project. The main problem is whether published
capital indices are adequately reflecting the
increasing costs of chemical plants resulting, in
particular, from the trend to more sophisticated
designs to meet modern requirements on environment
safety and conservation of raw materials and
energy.



NOTATION

I = costliness index (see eqn. 1)

N = number of process steps

y = complexity score (see eqn. 1 and ref. 6)
C = battery limits capital cost in k£

S = design capacity of the plant in kt/year.
NOTE

The views expressed in this paper are the author's
personal opinions and do not necessarily represent
the views of his Company.
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TABLE 1

Scoring for complexity of significant process steps

Score
-3 -2 -1 0 1 2 3 4 5 6 7 8 9
Relative throughput (¢/t product) 0.2 035 06 1 1.7 3 5 8 14 23 40 67 110
Reaction time in h (rezction, crystallisation, etc) 3 N 9 14 25 42 69 120
Storage time in weeks 1 2 3 5 8
Temperature extreme (°C) Min 20 25 =175 ~125
Temperature extreme (°C) Max 500 1100 1700 2300
Pressurc extreme (atm) Min 1 0.1 0.01
Pressure extreme (atm) Max 102 509 200 700 1500
Materials of construction MS?  SS€, Keebush cLms/ Titanium Precious
RLMS?, EbLMS®, Inconel Hastclloy  metals
PVC Nickel Tantallum
Monel
PLLMSE
Multistreaming. No. of streams 1 2 3 5 7 11

Special conditions:
(a) Explosion, dust, odour or toxicity problcms. Score 1 if a major problem.

(b) Reactions in fluid beds. Score 1.

(c) Distilling materials of similar b.pt. Score 1 if b.pt, difference <5°C and Score 2 if <1°C.
(d) Tight specification e.g. Score 1 if distillation is to reduce ‘key* componcnt to 10 ppm level.
(e) Film evaporation e.g. in Luwa. Scorc 1.

Conversion of score to costliness index

Score (S) -3 -2 -1 0 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16
Costliness index (/) 04 06 08 1 1.3 L7 22 28 37 48 63 81 106 14 18 23 30 39 51 66

AFor liquid phascﬂuactions only. All others score = 0. bus = Mild steel. €SS = Stainless steel. IRLMS = Rubber lincd mild steel. °EbLMS = Ebonite lined mild steel, /JELMS =
Enamel lined mild steel. SPbLMS = Lead lined mild steel.

TABLE 2

Calculation of costliness index for process in Fig. 1

Throughput MofC Rcaction/  Pressure/ Other Total Costlincss
storage temp. score index
time

Storage/handling
A -1 0 1 0 1 (toxic) 1 1.3
B -1 0 2 0 0 1 L3
(o 0 0 3 0 (4] 3 2.2
S (Recycle) 2% 1 0 0 0 kE7 2.5
S (Make up) -3 1 1 0 0 -1 0.8
Process
React 3 1 2 1 0 7 6.3
Filter 3 1 0 0 0 4 2.8
Dry 0 0 0 0 0 0 1.0
Distil 3 1 ] 1] ] 4 28
21.0




RISK ANALYSIS IN PROJECT EVALUATION
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University of Birmingham, Birmingham, England.

ABSTRACT

This report deals with the analysis of the risk
involved in industrial projects and the
application of the results of risk analysis to
decision making.

Consideration of the risk involved is of utmost
importance in project appraisal. Most often, even
in large investments, risk is evaluated only
qualitatively, which is not satisfactory. Non-
probabilistic methods sometimes used to express
risk, such as sensitivity analysis or the
calculation of a pessimistic and an optimistic
case, do not actually quantify uncertainty and
can be misleading. Hence, the need for a
probabilistic approach to risk analysis is
suggested.

The Monte-Carlo technique for deriving the
probability distribution of the project profits
from the distribution of the project variables is
discussed and briefly compared with other
techniques. An example is then used to show the
possible contribution of risk analysis to decision
making.

It is concluded that, although of questionable
accuracy, Probabilistic Risk Analysis can be a
very useful tool in decision making, mainly by
stimulating and systematizing a careful
consideration of the risks involved in a project.

INTRODUCTION

The decision to jnvest in a new plant is a very
important one, because it is not easily reversible
and because it involves a great deal of money and
many people. On the other hand, it is also a

very difficult decision to make, because of all
the uncertainties involved in the estimation of
the project outcome. A drop in product price or
demand, or an unexpected technological problem

may make uneconomic projects that looked attractive
at the start,

Investment decisions are usually based upon a

best estimate of the project economic performance,
uncertainty being considered more or less
carefully, but only in a qualitative manner.
Methods, such as sensitivity analysis or profit

calculation in a pessimistic and optimistic case,
sometimes used to give a feeling for the
uncertainty involved, are helpful by just doing
so, but do not offer any measurement of risk

and can be misleading. Only a probabilistic
approach to risk analysis enables risk to be
quantified,

The probabilistic approach to risk analysis has
become popular since the early sixties in the
academic circles. This, however, has only been
accompanied by very little acceptance by
executives and companies, three main reasons
being currently given: difficulty of the analysis,
lack of preparation among management and
impossibility of testing the results of risk
analysis. However, there are some clear
advantages in the use of probabilistic risk
analysis, Even if of doubtful accuracy, it is
certainly more accurate than a simple,
qualitative assessment of risk, An explicit,
exhaustive examination of all the factors of
uncertainty and how they affect the project
outcome makes people think more carefully about
the numbers they are putting down or on which
they are basing a decision. On the other

hand, if risk analysis is expressed in a
language (probabilities, in this case) common
to the engineer, the marketing personnel and
the executives, communication is improved
between the various levels of expertise.

Once uncertainty has been quantified, a second
problem then arises in project evaluation, and
this is the synthesis of risk and profit to
obtain a single measure of project desirability.
When comparing two projects, it often happens
that the most profitable is also the most

risky. What criterion should be used to choose
between them? The answer depends upon the
investors* attitude towards risk and profit.

The mathematical description of attitudes
towards risk and profit is dealt with by Utility
Theory. Unfortunately, due to many problems,
its practical applicability to risk analysis is
unlikely in the near future and very much open
to research, and therefore it is left out of the
scope of this paper.



UNCERTAINTY AND ITS IMPORTANCE TO THE PROJECT
OUTCOME

Project Evaluation: An Example

Most often, project appraisal is based on a
feasibility study, where a single-valued best
estimate of the project economic performance

is given. Let us turn to a simplified, semi-
fictitious example which will be used throughout
to clarify the exposition.

A company is interested in investing in a plant
for D-a-phenylglycine and derivatives, raw
materials for various antibiotics, mainly
ampicilin. 260 tons/year is considered to be

a suitable capacity. The plant would be located
somewhere in South America, where the demand for
ampicilin is still growing quickly. The
chronogram of the investment and a summary of the
best estimate of its economic outcome are shown
in Table 1.

Si = sales volume = 260,000 Kg/year

Ti = income tax rate = 0.4

r = rate of discount = cost of money
= current interest rate = 0.1

X; = after tax cash flow

Sﬁbscript i refers to year i
NPV = Net Present Value

A11 values are based on prices at year zero.
Salvage value was considered negligible. Units
are some fictitious currency.

Table 1 shows that the Net Present Value of

the project using a discount rate equal to the
interest rate at which money is available, is
positive. Even if, as many companies do,

“our" company has the policy of only accepting
projects with a rate of return higher than, say,
20%, the project still looks attractive, But

how reliable are the figures in Table 1? All

the factors involved in the cash flow calculations
are more or less uncertain and the real life
profits may in the end turn out to be very
different from those estimated in the feasibility
study.

Table 1  (units = millions of some currency)
Years 0 1 2 35is8
Events Pilot plant Buildings, Finish Full production
research, some installation,
Engineering equipment start-up
Expenditure C0 C] Cz Visi + Fi
8.0 23,5 22.0 48.5
Sales - - - Pisi
Revenue 83.2
Before tax -C -C -C (P,=V.)S.-F.
0 1 2 i i
Cash Flow -8.0 -23.5 -22.0 34.7
é;:ﬁrF$g: ‘. X0= -C0 Xy= - CO X2= -C2 Xi(l-Ti)x
il -8.0 -23.5 -22.0 ((Pi'vi)si'Fi)
20,8
Discounted X X X X, NPv=E— x.
Cash Flow 0 L 2 2 LI 120 oy
Tr (T+7r) (T+r)? )
r=0.1 -8.0 -21.4 -18.2 27.2

The discount rate r, such that NPV = 0, is the discounted rate of return, R = 24%

The meaning of the symbols is as follows:

Ci = capital cost

Pi = product price = 320/Kg

Vi = variable costs = 97.7/Kg

Fi = fixed costs = 23.1 x 10%/year

8.2

Factors of Uncertainty and their Effect on the

Overall Profit

Factors of Uncertainty

Every economic variable in a project has some



uncertainty attached to it. When analysing the
risk involved in a project, all of the following
should be considered:

Installed cost of fixed investment

Working capital

Initial start-up expense

Fixed and variable costs

Product price

Sales volume

Income tax rate

Research, installation and start-up periods
Economic life

Effect of inflation on tax

P~ P T P P s S P
Q.- hD OO T
L e

Other kinds of uncertainty may also be important,
For example, when choosing a plant location, it
can be relevant to consider the political and
social situation to assess the risk of
nationalisation or strikes.

Obviously, not all of these variables are equally
uncertain or have the same impact on the overall
project profit. Usually, the most important
factors of risk can be singled out for further
analysis on a qualitative examination of the
project. To illustrate this, consider the
example of the phenylglycine project.

Uncertainty in the Phenylglycine project

The technology to produce the product is well
known by the company, so that the uncertainties
in the installed cost are fairly small. Except
with new technologies, this is usually the case.
The installation and start-up period is also
known accurately enough and its impact in the
profits is small. Usually, the further into
the future the analyst has to forecast, the
greater the uncertainty involved. And so we come
to the major uncertainties in the phenylglycine
project,

(a) The first one is competition. Supply of an
important derivative of U-a-phenylglycine
is irregular and difficult to obtain.
However, it is possible that this will give
incentive to other investors in the field
and it may happen that, in three years time
supply will exceed demand. The effects
would be felt on sales volume Si and product
price Pi‘

The demand for ampicilin is growing in

South America. The possible discovery of
antibiotics of wider spectrum and better
properties could however threaten this trend,
and thus also reduce the demand for the raw
materials, phenylglycine and derivatives,
again affecting P. and Si. Still, the
company may rely n the dsual delay in the
penetration of new discoveries into
developing countries.

(¢) The major derivative of D-a-phenylglycine to
be manufactured is a difficult salt which
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liberates HC1. This, together with various
organic solvents, makes the choice of
resistant materials for a considerable part
of the plant virtually impossible. The life
of some expensive centrifuges is estimated
inbetween 2 and 3 years. The average
economic life of the plant, n, is thus quite
difficult to predict.

(d) Variable cost, V. mainly dependent on the
price of raw matérials, fixed costs F.
and income tax rate T. complete the TIst of

most uncertain variables in this project.

This case, where product price and sales volume
are the two most uncertain variables, is quite
typical of chemical plants.

Sensitivity Analysis

In the previous section, the most uncertain
economical variables in a project were singled
out, But it can happen that a smaller variation
in a more accurate variable, say capital cost,
has a greater effect on the rate of return than
the wildest variation to be expected from a very
uncertain factor, say variable costs, A
sensitivity analysis will show the cause effect
relationships between the variables and the rate
of return and single out the variables with
greater impact on the profits,

To make a sensitivity analysis, each factor is
varied at the time, the others being kept at
their most 1ikely values, and the rate of return
(or some other measure of profit) is calculated
each time, The effect of each single factor on
the project economic performance is thus
determined. One way of expressing it is
3R/3(%X) where X is the factor being varied and
%X is its percentage variation from the most
Tikely value,

A sensitivity analysis was carried out on the
phenylglycine project, the results of which are
given below in Table 2. This table shows that
price and sales-volume are the variables with
greater impact on the rate of return, Being also
the most uncertain, it becomes clear that they
are critical for the success of the project.
other variables have a less dramatic effect on
the outcome,

AN

Traditional Methods of Dealing with Uncertainty

Once the feasibility study has shown that the
project meets the company's minimum standard of
profitability, some sort of assessment of the
risks involved is made, where intuition usually
plays a major role.

In the case of the phenylglycine project, for
example, the experienced decision maker will
probably have the feeling that price apd demand
are crucial, even is a sensitivity analysis is not



Table 2 Sensitivity Analysis

Factor varied Variation Rate of Return 3R/3(%X)

A1l that has been said points, therefore,
towards the need for a probabilistic approach
and a procedure that will give the uncertainty
involved in the profits by examining the
uncertainty of the project economic variables.

X R
None B 24.0% - Probability Distribution of the Economic Variables
of a Project
Capital cost +20% 18.7% 0.342
; _209 The first step in the calculation of the project
Capital cost 20% 32.4% risk is the determination of the probability
distributions of the individual variables that
T +20% 18.7% 0.265 affect profits. The best people to attribute
probabilities to the values of each variable are
o o the experts in the corresponding field, e.g.,
+20% 38.6% 0.812 marketing personnel will estimate the demand
-20% 6.1% distribution and the project engineer will
estimate the probability distributions of such
9 variables as capital cost, operating costs and
+20% 20.0% 0.212 economic life of the project,
-20% 28.5%
+20% 35.0% 0.562 Probability Distribution of the Project Outcome
-20% 12.5%
The Problen
+20% 20. 3% 0.210 Once the probability distributions of the
F -20% 28.7% various factors of uncertainty in a project have
been determined, the problem is to obtain the
probability of the project rate of return or some
n +1 26.7% 0.220 other measure of probability. This means
n -1 21,2% obtaining the probability distribution of a

carried out. Hence he will concentrate on
estimating how Tikely price and demand

are to fall below the expected. A sensitivit
analysis would help him a great deal, iT only by
telTing him that a 20% drop in product price is
sufficient to make the project unprofitable at
the 10% cost of capital. This will give the
decision maker a feeling for the risk involved,
but will not tell him either what will happen
when several variables vary at the same time or
how 1ikely the project is to be unprofitable.

A technique sometimes used to see how the profits
vary with a change in several variables is to do
the project economic calculations for multiple
cases, usually a pessimistic, a most TikeTy and an
optimistic case. To calculate, say the pessimistic
case, pessimistic values are used for the most
important variables, and this can be misleading,
as it is extremely unlikely that all the variables
will change unfavourably at the same time.

Suppose that in the pessimistic case, the sales
revenue is below break even point. It looks
discouraging, but, if the probability of this
happening in only 1 in 1000, then the risk may be
insignificant and well worth taking. Unfortunately
neither in the sensitivity analysis nor in the
calculation of multiple cases is there anything
suggesting the probability of each rate or return.
In the end, it will be the executive's jintuition
that will weigh everything in a qualitative

manner to give him an assessment of the risk.
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function of random variables of known
distributions, R=f(P,V,F,n,T,....). Three
types of methods have been proposed to solve
this question: Monte-Carlo simulation, decision
tree analysis, and probability theory methods
(ref 1).

Monte-Carlo Simulation

Monte-Carlo simulation is the most used of the
three methods, mainly for practical applications
(ref 1), Its application to economical risk
analysis has become popular since the beginning
of the 60's,

Through the use of random numbers the Monte-Carlo
technique simulates a "world" that obeys the
probability distributions of the variables. For
example, consider the probability distribution

of fixed costs in the phenylglycine example:

Interval Frep p(Frep)
155F <20 17.5 0.05
20¢F <25 22.5 0.70
25¢F <30 27.5 0.25

(all quantities
in millions)



where Fpep is the representative value of F in the
respect1ve interval, i.e., if 15¢F <20, then F,. ep
= (15+20)/2=17.5 for the subsequent ca]culat1ons

A random number Rnd is generated between 0 and 1
(either using a computer random function or
random tables) and selects:

Frep = 17.5 if Rnd £ 0.05
Frep = 22.5 1:1" 0.05<Rnd0.75
rep - 27.5 if Rnd 2 0.75

Thus the probab111ty of Frep=17.5 being selected is

17.5) p(15¢F < 58 Random numbers,
one $8r each var1ab1e together with the known
probability d1str1but1ons of the variables,
simulate a set of circumstances that determine
all the variables in a project: they simulate a
"reality" where the project has been implemented.
Each time a "reality" is simulated, the rate of
return of the project can be calculated. If this
procedure is carried out a large number of times
(say, 100 or 200), the frequencies of the rates
of return obtained approach the probability
distribution. The greater the number of
simglations, the better the accuracy (refs 2,3,
4,9).

The requirement for a large number of random
outcomes normally leads to computer solutions.

A simple, non-versatile,computer program applying
Monte-Carlo simulation to the phenylglycine
project,using the probability distributions of
the variables shown in the appendix, was run,
The results of 140 runs are summarised in Fig 1.
The height ot each block is the probability that
R Ties within the corresponding interval in the
abcissas., Economic conclusions from this graph
are. drawn in another section, below.

-1 -5 0 5

Fig 1

Monte-Carlo simulation has been criticized (refs
5,6) for being a cumbersome way of studying a
problem, since it requires developing the model
and the input data and then writing and running
the computer program. The need of computer
facilities is indeed an important disadvantage,
mainly for small decisions or small companies.
With some complex investment decisions, the
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execution time required may make the cost of a
Monte-Carlo simulation very high even for big
companies.

These shortcomings of the Monte-Carlo technique
are however usually smaller than those of the
other methods available and often smaller than
its own advantages, namely that it is conceptually
simple, needs little computer storage, is easy

to program, and it is commercially available at
many different levels of sophistication and

price (ref 1),

Other techniques

Other methods of obtaining the probability
distribution of the project outcome from the
probability distribution of the variables are
Decision-Tree Analysis and Probability Theory
Methods.

Decision-Tree Analysis whose application to

risk analysis is described by Magee (refs 7,8),
calculates the probability distribution of the
rate of return by calculating the joint
probability of all possible rates of return
obtained by using different combinations of
values of the project variables. For practical
application, this method also implies the use
of a computer, requiring less execution time,
but more storage than Monte-Carlo simulation.

Under the name of probability theory methods

come those which try to avoid lengthy
calculations and the need for a computer by
resorting more fully to probability theory
theorems. The main disadvantages lie either in
the assumptions needed, which often make these methods
inaccurate, or in the complexity and often
theoretical difficulties involved in the more
refined versions (refs 5,6,10).

Appraisal of the Probabilistic Approach to Risk
Analysis

From the result of risk analysis, fig. 1, the
decision maker can assess the risk involved in
the proposed project. He can conclude that:

(a)

The expected discounted rate of return is
only 8%, i.e., in an "average" sort of
future, the return on capital is much
below the minimum 20% acceptable

according to the company's policy, and
even below the 10% cost of money. The
"average" project is viable if the company
can provide their own funds, but it would
be more profitable to put the money in the
bank.

There is a small but considerable risk
(p=0.05) that the project may be unviable,
i.e., sales revenue below break even point.
This corresponds to the cases where the

(b)



demand has fallen to very low levels, due may
be to obsolescence of the ampicilin process
using the salt of phenylglycine or may be due
to some world wide objection to the use of
ampicilin or still sue to very strong
competition from a better medicine (unlikely
but possible).

To try and discuss what was in fact gained or lost

by doing such a risk analysis, the following
points should be examined.

(1)
(11)

how accurate are the results,

how much of the results could have been
intuited by the executive without any
risk analysis being made at all,

(iii) what is the cost of risk analysis itself,

gi; ACCURACY: The results of both the Monte-Carlo
an e Decision-Tree techniques are, in practical
terms, as accurateas the estimates of the
probability distributions of the individual
variables., The accuracy of these latter is, on
the other hand, a very open matter and, at least
to some extent, an unsolvable question, since

the results of each particular risk analysis can
never be tested in practice, due to the
statistical nature of the forecast and the
uniqueness of the future. A possible test would
be to compare the average accuracy of many singled
valued feasibility studies with that of many risk
analyses, in many different situations., All that
can be said at the moment is that risk analysis
is Tikely to be more accurate than an executive's
intuition of risk, because it combines various
levels of expertise in the determination of
uncertainty, it stimulates careful consideration
of all the uncertainties involved, and it derives
from them the uncertainty of the outcome in a
fairly accurate manner.

(i) HOW MUCH COULD HAVE BEEN OBTAINED FROM
INTUITION. For an experienced executive,
it wouTd be clear that price and demand are
critical for the success of the project. The
small probability of a commercial disaster would
also be in his mind. He would still consider
however the rate of return of 24% calculated in
the feasibility study as the likely one, i.e.,
acceptably high, when the expected rate of return
calculated by risk analysis is only 8%, below
the cost of money. Unless some powerful motives
not included in the analysis, such as, e.g. a
long-term company strategy where penetration in
South America is crucial, come into play, the
project will be rejected by the Board of
Directors.

Thus, risk analysis can give a significant
contribution to decision making, indeed, making
all the difference and reversing decisions.

(iii) COST OF PROBABILISTIC RISK ANALYSIS: An
experienced engineer, computer Tacilities, one
day collecting data and one day for programming
and calculations should be enough for the risk
analysis of a project considerably more
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complicated than the example presented. The
analysis of combinations of interrelated projects
can be far more difficult and even defy a
reliable solution.

As a conclusion it can be said that probabilistic
risk analysis, however of discussable reliability,

is a valuable tool for decision-making, mainly in
big companies.

APPENDIX
DATA USED IN THE EXAMPLE OF MONTE-CARLO SIMULATION

Probability distribution of the variables

Voo op(v) s p(s) F  p(F)
70-90 0.20 0-1.1 0.05 15-20 0.05
90-110 0.40 0.1-0.2 0.10 20-25 0.70

110-130 0.30 0.2-0.24 0.20 25-30 0.25
130-190 0.10 0.24-0.28 0.50
0.28-0.32 0.15

T (M NoopN) P p(P)

0.3 0.3 6 0.05 210-250 0.05

0.4 0.5 7 0.10 250-290 0.10

0.4-0.5 0.2 8 0.4 290-310 0.20

9 0.25 310-330 0.40

10 0.20 330-350 0.25

Other variables as in the feasibjlity study
shown in Section "Projection Evaluation: An
Example"

LIST OF SYMBOLS

C = Capital cost

F = Fixed costs

m = Number of years in economic life of a
project

NPV = Net Present Value

P = Product price

p(x) = Probability that variable x has value x

R = Discounted rate of return

r = Discount rate

Rnd = Random number between zero and one

S = Sales volume

T = Tax rate

v = Variable costs

X = General variable

Subscrigts
;

= refers to year i
rep =

representative value of a variable in an
interval.
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CAPITAL COST ESTIMATION IN EARLY STAGES
OF CHEMICAL PROCESS DEVELOPMENT.

A.V.Bridgwater
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ABSTRACT

Many rapid methods of estimating capital cost have
evolved in recent years. These may be broadly
classified as module or unit cost estimating meth-
ods where estimates of delivered equipment cost
are subjected to conventional factor estimating:
and step counting methads where the overall cost
of a process step is correlated with factors rep-
resenting process compiexity.

These step counting methods have now achieved res-
pectability with evidence of their applicability
and reliability for cost estimating at early
stages of project development. Their history is
briefly reviewed and the most recent developments
for both the petrochemicals and pollution control
jndustries are described. Examples of application
are included and compared.

INTRODUCTION

There are many factors that influence a decision
whether to invest in a new plant. Capital cost is
only one of the economic, political and social as-
pects that need to be considered, but is often re-
garded as particularly significant. This is due
to the size of the sum of money and the short per-
iod over which it has to be paid; the need to
spend it before any return is obtained and the con
sequent greater uncertainty; the conventional re-
lationship between net income and investment to
give profitability; and the capital intensive nat-
ure of the process industries.

This importance and consequent interest in capital
costs has led to considerable research and devel-
opment both into more sophisticated and detailed
cost estimating procedures utilising computers and
also into rapid estimating methods where prelimin-
ary capital cost estimates are valuable for scree-
ning alternatives, making preliminary evaluations
and for assessing novel processes. These latter
preliminary or screening methods are particularly
valuable at the research and development stages of
a project when decisions to proceed or not need to
be taken at each stage of development. Other uses
include provision of cross checks for detailed es-
timates, optimisation of novel processes and asses-
sment of new technology. These are illustrated
later,

This paper briefly describes and critically re-
views some of the more significant rapid capital
cost estimating methods. These are never claimed

to give better than t 20% accuracy and some may
not improve on -40% + 60%. This accuracy of est-
imating is quite acceptable, and used sensibly
many of the methods have considerable value.

Traditional cost estimating techniques

A) Ratio estimating

There is a well established relationship between
capital cost and plant capacity which is usually
expressed as

X
“ = [%
G %

where C] = capital cost of plant 1
C2 = capital cost of plant 2

01 = capacity of plant 1
02 = capacity of plant 2

x = scale factor, typically 0.6 or 0.67.
This is empirically derived for a
particular plant process operation or
piece of equipment (see (1)).

If any four of the five variables are known, from
historical information, then the fifth, usually
Cp, may be calculated. Alternatively the relat-
ionship may be expressed as a cost model.

cC =k (@

where K is a constant for a particular plant or
item of equipment (see (1)). The concept of eco-
nomy of scale is derived from this, where the
capital cost per unit produced reduces as the
plant size increases.

there area number of difficulties in using this
approach for cost estimation as follows:

1) Data : it is necessary to know the capital
cost of an identical plant at a given capaci-
ty, as well as the correct scale factor x. It
is only possible to estimate capital costs
with such historical data.

2) The scale factor x is not constant for all
sizes of plant. A typical graph of plant
size versus capital cost is shown in Figure 1.
Generally scale up or scale down by more than
a factor of 5 should be avoided. This prob-
lem can be overcome by differentiating betw-
een the direct capital costs which can be



considered as subject to the economy of scale rule
and the indirect or fixed element. The relation-
ship can be expressed as:

C =D Q]X+F
%

where D the variable element of capital cost
F the fixed element

no economy of
scale x = 1

cale,x increa-
sing.

‘normal" economy of

scale.

increasing economy of

scale, x reducing.

FIGURE 1.

3) Cost index; as historical data is employed,
it is necessary to use a cost index to give a
current cost, and thus no account is taken
for example of developing technology changes
in design standards, new legislation or mac-
roeconomic factors.

B) Factor estimating

One of the earliest researchers into short cut me-
thods was Lang (2) who related total plant invest-
ment to delivered equipment cost by deriving fact-
ors for processes handling different phases. These
are the well known Lang factors which are derived
in Table 1.

This principle is widely employed in a variety of
forms for cost estimation at all stages of project
development. When employed for preliminary cost
estimating a number of well known problems emerge,
such as:

1)  The depth of information required: consider-
able information is necessary to obtain deli-
vered equipment cost,such as fully detailed
flowsheet and equipment specification. This
can be overcome to a certain extent using the
unit cost approach (see later).

2) Special problems with materials of construc-
tion other than mild steel. This requires
other materials to be reduced to a mild steel
equivalent basis, then multiplying by the app-

ropriate factor(s),cinally adding the incre-
mental cost of the special materiaTs.

3) Variation of Lang factor with plant size cap-
acity or throughput. Little information is
available but the problem can be overcome by
using individual factors related to equipment
unit cost (e.g. 3), however, this requires
even more information.

4) Choice of appropriate factor. Considerable
experience is needed to adjust the components
for a given situation and/or to choose the
appropriate factor if detailed factoring is
used.

5) Technology change. Since the factors were
first promoted, considerable advances in te-
chnology have occurred which will affect the
significance of each component in Table 1.
There is little information available on the
extent of the change.

The Lang factor approach at its simplest is thus
fraught with problems and uncertainty, and is not
easy to use for preliminary estimating. In the
hands of experienced and well informed cost engi-
neers, the technique can be refined and computer-
ised to the ultimate extent of having factors
available for every item of equipment in every
situation. In this context factor estimating is
capable of giving the most accurate detailed est-
imates that a contractor or his client could exp-
ect. Not surprisingly details of such factors
and the methods of useage are highly confidential.

"SHORT CUT" METHODS OF COST ESTIMATION.

The problems of using either of the above two me-
thods for preliminary estimating, particularly for
novel processes where there is no historical data,
have been outlined above. Many methods for over-
coming these difficulties have been proposed which
are based on the principle that the average cost
of a process step or unit can be related to the
process parameters of, for example, capacity,
temperature, pressure, and materials of construc-
tion.

Earlier cost estimation procedures attempted to
obtain the delivered equipment cost which could
then be multiplied by the appropriate Lang factor
to give the total capital cost. This is referred
as unit estimating and several examples of this
approach are included. Later work tried to avoid
the problems associated with any factor estimat-
ing by relating total capital cost, rather than
delivered equipment cost, to the process paramet-
ers. This produced the step counting or functio-
nal unit approach for which a number of examples
are also included.

Hills method

One of the earliest examples of short-cut estima-
ting procedures was that of Hill (4) for obtain-

ing the capital cost of fluid petrochemical pro-

cesses. He employed "standard units" as a basis

which are defined as major pieces of process-



equipment, and the degree of complexity is reflec-
ted by the number of standard items associated
with major pieces of equipment, which may be eit-
her one or two "units".

example of one unit include mild steel column,
reactor, evaporator, blower, liquid feed or pro-
duct storage.

TABLE 1: Ratio factors for estimating capital-investment items based on delivered-equipment cost.

Percent of delivered-equipment cost for

Solid Solid-fluid- Fluid-
Item processing processing processing
plant plant plant
Direct costs
Purchased equipment-delivered (including fabrica-
ted equipment and process machinery) 100 100 100
Purchased-equipment installation 45 39 47
Instrumentation and controls (installed) 9 13 18
Piping (installed) 16 31 66
Electrical (installed) 10 10 1
Buildings (including services) 25 29 18
Yard improvements 13 10 10
Service facilities (installed) 40 55 70
Land (if purchase is required) 6 6 6
Total direct plant cost 264 293 346
Indirect costs
Engineering and supervision 33 32 33
Construction expenses 39 34 41
Total direct and indirect plant costs 336 359 420
Contractor's fee (about 5% of direct and indirect
plant costs) 17 18 21
Contingency (about 10% of direct and indirect
plant costs) 34 36 42
Fixed-capital investment 387 13 483
Working capital (about 15% of total capital
investment) 68 74 86
Total capital investment 455 487 569

A "unit" is ascribed a value of $30,000 when incor
porated into a process producing ten million 1b
per year. Other plant capacities are considered
by application of the six tenths rule (see capaci-
ty-cost ratio). The capital cost for any petro-
chemical process may be found therefore by the
following formula:

$C = F x IEC x CCi
where C = estimated capital cost
F = appropriate factors to account for
piping, building, electrics, instrumen-
tations, etc. (i.e. Lang factor).
IEC = installed equipment cost, $
- 0.6
"N x (%U) x 30,000 $
N = total number of "units"

examples of two units include stainless column,
furnace, compressor, refrigeration unit, solid
or gaseous feed or product storage.

Q = plant capacity, miliion 1b per year
CC1 = Marshall and Stevens construction cost
index base 185 for 1954/5.

This technique provided a short curt for obtain-
ing the delivered (or installed) equipment cost
which was the basis of most of the factor methods
of estimating. Although Hill recognised that the
cost of units could be averaged, he still preser-
ved two levels - simple (one unit) and complex
(two units). It is not difficult to see Hill's
"units" becoming functional units: disregarding
the two levels, if the factors were applied to



each "unit" before summing, this would effectively
give the total capital cost of each "unit", and
the method would become a sophisticated functional f. Investment factor
unit approach. Alternatively, by a change in def- 4

inition and emphasis each "unit" could become a

main plant item which leads to the module or unit 3

estimating approach. Hill's technique might there \\\\N\

fore be seen as the point of divergence and conse- *\\\\\‘7 ~_ “\\~

quent development of two techniques of capital 2 ] ~f——]

cost estimation and his proposal thus assumes a ] ] T

certain significance. "“*-.\‘__\4‘*--—-___¢
3 k3 3 \-‘b_‘\

Unit estimating procedures to obtain delivered 1

€quipment cost. 100 300 500 1000 3000 7000

A number of procedures have been developed to der- AVC, f.

jve the delivered equipment cost of a chemical Figure 2

plant in order to apply an overall factor to give
the total capital cost.

One relatively simpie approach is that due to
Wilson (5) who proposed the following: Fp

1.3 1—
C = f.N. (AUC). Fy.Fp.Fy *\
where C = Capital cost of plant, £, in 1971.

f = Investment factor, dependent on domin- 1.2 \
ant phase, (q.v. Lang factor) and AUC, /7
and is obtained graphically. (Figure 2).

N = Number of all main plant items except 1.1 /
pumps .

AUC = Average unit cost of main plant items.
N 21.V0675 where V = capacity, tons per 1.0
poo e 0.1 1 10 100 1000
M = factor for materials of construction

which ranges from 1.0 for mild steel Operating Pressure psia

to 2.0 for titanium. A weighted mean Figure 3.
value may be used (Table 2).

F, = factor for design pressure, which is

applicable only outside the range 15-115

psia and is obtained graphically. Ft

(Figur‘e 3). 1.3 -
Fr = factor for design temperature outside : /////

the range 0-1000C and is obtained 1.2

graphically. (Figure 4). ' ) //

A cost index would also need to be included for 1.1 ; ////
The object of the study was to try and combine the

current costs. - //,
i
advantages of functional unit estimating and fact- 1.0 N

or estimating. As the correlation was derived -100 -10 10 100 1000
from a study of only 16 processes and an accuracy .

of * 30% claimed for only 13 of them, the method Onerating Temoerature, Deg C
might be considered to have a low level of credib- Figure 4,

ility. In practice cost estimates from this proc-
edure seem to come out a little high. .0 for mild steel

.07 for aluminium and bronze

N for cast steel

.3 for stainless steel

5 for higher grades of stainless steel

.55 for hastelloy C.

The method is simple to use and only requires the
total number of main plant items in the process.
For preliminary estimating, however, even this
level of information requirement may not be avail-

— e et nd b —d

able. .65  for monel
7 for nickel and inconel
The same principle and approach was adopted by 2.0 for titanium
Page(6), but is more sophisticated and requires
more information. It is, however, claimed to give TABLE 2 - Materials of Construction Factors.

more accurate results. To illustrate the procedure




and complexity a summary is given:
The initial information required is:

1. Process flowsheet identifying main plant items
and process streams.

Total process stream input, ibmol/yr.

Extreme process temperature and pressure condi-
tions encountered.

Material of construction of main plant items.
Operating phases of each main plant item.
Whether any unusually high or low direct or
indirect initial costs are expected.

w N

O

The order of estimating procedure is:

CAP : Determine total process input, ibmol/yr

n : Obtain number of main plant items from
flowsheet.

FF : Calculate flow factor from flowsheet
and equation provided.

PF : Obtain number of volume items from op-
erating phase data and calculate phase
factor from equation provided.

5. TP : Calculate plant throughput from equat-

ion provided.

Calculate cost-weighted plant capacity

exponent from knowledge of main plant

items, table and equation provided.

7. BIC.TP: Construct a plant log-log p1o§ through

the point where TP = 2.5 x 10° x BIC =
$7000. Line has a gradient of EXP.

Read off basic item cost from plant

line knowing plant TP.

9. SF : Determine plant (Fy) max and (Fj) max
from extreme conditions and figBres.
Calculate (Fp) mean for main plant
jtems provided using data provided.Der-
ive SF from equation provided.

10. DEC : Calculate using equation provided.

11. Investment: Divide DEC by a suitable percentage
factor of 15-30% for grass-roots or
battery-limits capital cost. For a
plant with average initial costs the
factor is 21%.

12. Updating: Use equipment cost index to update

from the reference cost date: base M &

S June 1972 value of 331. (USA base) or

EPE (US)June 1972 value of 110.

> w nN —
. . P

6. EXP :

8. BIC :

Similar temperature, pressure and materials of con-
struction factor are employed as in the Wilson met-
hod. Although high levels of accuracy are claimed,
in practice this technique has been found to be un-
wieldy and not easy to use.

Functional unit or step counting procedures to obt-

necessary for operation of that unit. Thus the
sum of the costs of all functional units in a
process gives the total capital cost.

Generally a functional unit may be characterised

as a unit operation, unit process, or separation

method that has energy transfer, moving parts and
/or a high level of "internals". Both main pro-

cessdstream, recycle and side streams are consi-

dered.

Pumping and heat exchange are ignored as they are
considered as part of a functional unit unless
substantial Toads (e.g. gas compressors) Or unus-
ual circumstances (e.g. refrigeration) are invol-
ved.

Storage is ignored, unless mechanical handling is
involved (i.e. for solids) as the cost of storage
is relatively low and tends to be a constant func
-tion of the process.

Multistage operation is ignored.

Simple "mechanical” separation where there are no
moving parts is ignored (i.e. cyclone, gravity
settler) as the cost is usually relatively insig-
nificant.

A functional unit is a significant step in a che-
mical process which includes all equipment fully

installed and ready for that step to operate. A

more detailed explanation and definition is given
in Table 3 which encompasses all development work
on this principle of estimating except for Taylor
who defines his steps by example.

To illustrate the concept of a functional unit,
an example of an acetic anhydride precess is
given which is used later to exemplify the vari-
ous estimating techniques described. The outline
process is shown in Figure 5. Each step compris-
es a significant operation and includes all equip
ment and ancillaries for operation of that unit.
The detailed flow diagram is shown in Figure 6
for comparison.

ain total capital cost.

The concept of "number of steps" in a process influ
encing costs was first suggested by Wessel (7) in
proposing a correlation for labour costs. Later
Hi1l (see above) assigned costs to "standard units"
which is seen as the precursor of the functional
units employed by Zevnik and Buchanan, and in
methods described in this paper and the process
steps used by Taylor,

TABLE 3 Explanation and Definition of Functional
Unit.

A functional unit is a significant step in a proc-
ess and ‘includes all equipment and ancillaries

Feed

Reactor [

Absorber
Acetone Still >
N,
—¢— Acetic Anhydride Still
Product
FIGURE 5.




FIGURE 6

Detailed Flowsheet

of Acetic Anhydride
Process.

The principleof the estimating method is that the
average cost of a functional unit in a process is
a function of various process parameters:

Capital cost per functional unit= f(Q,T,P,M,CCI)

where Q = capacity or throughput
T = temperature
P = pressure
M = materials of construction cost index

Although there may be major differences between
different units, for example, a distillation unit
and compressor, these differences are averaged out
over the process as a whole. The advantages and
justification for the approach are:

1. With the information available at this level
of estimating, there is no indication of rela-
tive costs of different items.

2. The costs of the items in any case are imma-
terial as it is the overall capital cost that
is being estimated.

3. Justification may be claimed on grounds of
equiprobability.

4, It appears to work well.

It is interesting that the concept is rapidly
gaining acceptance with its adoption as a valid
preliminary estimating procedure by many internat-
ional companies.

A)  Zevnik and Buchanan.

One of the earliest applications of the function
unit method of capital cost estimation was due to
Zevnik and Buchanan (9). They developed an essen-
tially graphical technique for obtaining the cost
of one functional unit based on plant capacity,
maximum pressure, maximum temperature and materials
of construction. This cost per functional unit
(CPF) is then multiplied by the number of function-
al units, a utilities factor of 1.33 and a cost in-
dex based on ENR construction cost index, base 100
in 1939, divided by 300.

The cost per functional unit (CPF) is read from a
graph of CPF versus plant capacity for a range of
complexity factors (CF) calculated from the follow-

9.6

ing expression:

CF=2x10 (Ft + Fp * Fm)

where Ft= temperature factor, read from a graph
of F_ versus maximum (or minimum) pro-
cess  temperature.

F_= pressure factor, read from a graph of
Ft versus maximum (or minimum) pressure.

F_= materials of construction factor, read
from a table of factors from @ for mild
steel and wood to 0.4 for precious met-
als.

The overall procedure can be expressed as a series
of equations depending on plant capacity, tempera-
ture, pressure, cost index, and number of functio-
nal units:

a) for "gas phase" processes within battery
limits, plant capacity above 10 million 1b
p.a. (4464 long tons p.a.), and temperature
and pressure above ambient.

s¢ = 400.9°-6 N.ENR.
708 4
(

o

.1 Tog P )+(1.80 x 1077(T_-300)) + (F

10{ )

where C estimated capital cost

plant capacity, long tons per year
ENR cost of construction index base
100 in 1913

Pm maximum process pressure, atmosphere
T, = maximum process temperature, deg K
Fm = materials of construction factor

0 for mild steel and wood

0.1 for aluminium, brass, some stain-
less steel

0.2 for monel, nickel, some stainless

0

0

Q
ENR

steel
.3 for hestelloy
.4 for precious metals

b) for plant capacities below 10 million 1b
p.a. (4464 long tons p.a.) the equation
becomes:

$c= 930.0%% ..

c) for subambient temperatures, the temperature
factor becomes:



-2
0.57 - (1.90 x 10 Tmin)

in place of: 1.80 x 107% (T - 300)

d) for subambient pressures, the pressure factor
becomes:

0.1 log (]/Pmin)

in place of: 0.1 log (P_)

Zevnik and Buchanan's definition of functional
unit "refers to all equipment necessary to carry
out a single significant process function". There
were difficulties in applying this definition
which is evident from the inconsistencies in the
worked examples, although the authors do confess
to an "unconscious bias". There were also prob-
lems both in the reliability of published data and
also in the boundaries of plant under considera-
tion - whether a battery limits cost or greenfield
site cost was being derived.

The authors claim an accuracy of * 25% which they
suggest could be equalled or bettered by a well
calibrated user/system adaptation.

Recent attempts, however, to use their method have
proved relatively unsuccessful (5) with results
tending to be a little high. This is thoughtto be
due to the inaccuracy of the correlation and the
suspected high level of intuition employed in der-
jvation.

B) Taylor.

Since this estimating procedure is being presented
at this conference, it will not be described again.
It is, however, important to note that more infor-
mation is required for this method than the others
described, as each step is considered individually.

C) Current work.

Work continues in developing more representative
and accurate models for estimating capital costs
at early stages of project development.

For gas phase processes only, including both orga-
nic and inorganic chemical products the following
equation is proposed (8).

0.616
C =098.N.Q EPE !UK}

where C = capital cost in UK, £, battery limits
N = Number of functional units
Q = Plant capacity, tonnes/y.
(if a multiproduct process, then average
capacity is used)
EPE = Engineering and Process Economics

Cost Index for U.K. (Base 100 in 1970,
and value 300 mid-1978)

Accuracy claimed = *20%.

This was derived from multiple regression analysis
of 103 processes over the last 10 years. The equa-
tion has a multiple correlation co-efficient (R¢)of
0.955. This model is only one of a series that

have been developed, and which will be reported
in the near future.

A sufficient number of data sets were used to
highlight one aspect of the overall problem of
employing published data, and this is an underst-
anding of the basis of the capital cost quoted.
It seems that contractors tend to publish instal-
led equipment costs and ignore engineering and
design costs etc., while plant purchasers or
clients tend to quote total capital cost which
can be up to 40% higher.

For liquid and/or solid handling processes the
following equation is proposed:

0.675
C =76.9N(Q EPE (UK
(?) ~—R£%_l

Capital cost, £, battery limits

Number of functional units

Plant capacity, tonnes/y.

reactor "conversion"

weight desired reactor product
weight reactor input.

process throughput, tonnes/y.
Accuracy claimed = t259
valid for Q above 60,000

S

0.30
6750 N[ Q}~" EPE (UK
(g) EPE (UK)

for Q below 60,000

where

n.oZo
N nonon

hence

wlo
n

and C =

S
Although the above model was the best fit with
the data, an acceptable correlation was obtained
with a linear model thus:

C =1195900 + 0.636 | Q N. EPE ?UK!

This is explained by capital costs having a fixed
element for design and some overheads which tends
to be unrelated to capacity, together with a vari-
able element relating to economy of scale. This
effect is evidenced by the reduced scale factor at
low plant capacities when the significance of the
fixed element increase. A better representation
of the situation is likely to lie between the lin-
ear and exponential relationship.

By inc]uqing factors for temperature and pressure,
the multiple correlation coefficient was raised to
0.94 with the following equation:

0.665 (2.58x10°7Q) -0.022 -0.064
e T P

C = 94.N. Q)
3
.EPE {UK
where C = capital cost, battery limits, £
N = Number of functional units
Q = Plant capacity, tonnes/y
s = Reactor "conversion"
T = Maximum temperature, deg C
P = Maximum pressure, atm
Accuracy claimed t 20%



Valid for Q above 60,000
s

Of particular relevance and at least of equal imp-
ortance is the principle involved that capital
cost is a function of number of steps and basic
process parameters, in particular capacity or
throughput. This principle can be applied to any
special situation to derive a model that is valid
for that industry or group of processes.

Two examples are included here:

A) Refuse sorting and treatment processes:

C = N.(425900 + 612 Q). EPE éUK!

where C
N

Q

capital cost, £, battery limits
number of functional units

plant capacity in tonnes

refuse feed per day

multiple correlation coefficient
(RZ) " =0.935.

non o

B) Non-biological effluent treatment:

0.453

= 312.N Q EPE (UK)

where C total installed capital cost, £,
battery limits basis, fully automated
plant. Buildings not included.
number of effluent treatment steps.

Effluent treatment steps are:

Acid/alkali neutralisation

Chrome reduction, aqueous (if gase-
ous sulphur dioxide is used, add a
half step)

Cyanide oxidations to cyanate, aque-
ous (if gaseous chlorine used add a
half step)

Demulsification

Filter press

Ion exchange

Lime reagent preparation

Settlement

Water recycle system

design throughput, gallons per hour
Engineering and Process Economics cost
index (UK).

Q
EPE

The capital cost includes all equipment, materials,
Jabour, civils, installation, commissioning and
cubicle for the control panel. Reagent warehous-
ing would cost about 20% more, and complete enclo-

C

Capacity 20,000 t.p.y.
16.p.y.

Number of functional units 5

Number of main plant items 26

Reactor conversion 0.126

Maximum process temperature 7149

Maximum process pressure 1.7 atm
Materials of construction lower grade of stain-
less steel

EPE(UK) cost index,mid 1978, 300
ENR cost index, mid 1978
estimated 2700

A1l estimates are presented in £ mid 1978 for a
battery limits plant. Conversion from US $ has
been accomplishedby updating to mid 1978, using
US $1.8 = £1 and a location factor of 1.1 (US/UK)

Hil
$]955 C = f.IEC. Cost index
f is calculated from factors provided
in the original paper (q.s.)
= 3.1
- 0.6
$]95515C = 30,000. 9. (20000)
= $656843
£]97815C = 1022850
51978C = 3.1.1022850
= £3170800.

N.B. This would be expected to be high, as apply-
ing a cost index over 20 years only considers in-
creases in costs and ignores technological prog-
ress. There is no way of measuring this latter
factor and is one of the known limitations of
cost indices.

Hilson
C = f.N. (AVC) FM FP FT
_ 0.675
£]978Avc =21V

0.675

21. (20,000)

(taking V as the plant capacity instead
of average equipment item throughput
due to lack of data)

= 16804
=1.80.26.16804,1.2.1.0.1.09 .300(EPE,UK,1978)
1

= £2730900.

Zevnik and Buchanan

sure up to 100% more. Piping, sumps and work out-
side the plant perimeter would cost extra.

Application of capital cost estimation procedures
described.

To illustrate how the techniques described above
are employed, and compare the different results,
the acetic anhydride process shown earlier is cos-
ted. Another flow sheet and plant layout is given
in Figure 7.

The process parameters are as follows:

+

9.8

$C = 400.N.Q°-° ENR
™,
10(0-1 TogP) + (1.80 x 1077(T-300)) + (FM)
400.5. (20000)%+6 .2700. 10(0-023 + 0.075 +0.1)
~708

$4576602
£2311400

Taylor
ignificant process steps, and their parameters,
are:
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to furnace
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FIGURE 7. Acetic Anhydride Plant, General Plant Layout.
score = £2947800.
abcdefgh Total Costliness
________ Index Timms
Feed storage - -200000 2 1.7 sc = 986. N.qQ0-016 gpe (ue)
Reaction 20-10200 5 3.7
Quench 3--10200 6 4.8 _
Absorber 1--00100 2 1.7 = £2135300.
Crude product .
Bridgwater
Az:ggigestil1 5 - ? g g } 8 8 2 g'g (This is not strictly applicable as it is only
Acetic anhydride - for liquid/solid based processes, but is included
: Yy for illustration).
still --00100 2 1.7 0.675
Product storage - -200100 3 2.2 £C = 76.9.N. (Q)" EPE?UK)
TOTAL: 70.8 S
a relative throughput, t./t.product _ 0.675
b reaction time in hours = 76.9.6. (ZQ%%%) '%%g
c storage time in weeks :
d temperature extreme. “c = £3736500
e pressure extreme
f materials of construction Alternatively,
g multistreaming _
h special problems £C = N 195900 + 0.636 (%) EPE (UK
Costliness index (CI) for whole process = 20.8. = 4452900
. 0.39
£ capital cost = 42000.(Q) .CI. EPE ?UK) Al .
ternatively,
he is plant capacity in thousands of tonnes
where Q p 039 pacity u 0.665 (2 58x10~ Q) -0.022 -0.064
= 42000. (20) .20.8. 300 £C = . (Q). P.
7280 B
= £3010800. PE?U )
Alternatively, 0.0665 5.16 x 107> -0.022
£ capital cost = 115000.N. ()%-%6 EPE (UK) = 94.5.(20000) e 74
1 7-0.064 3
where N is the number of steps and sl <
Q is the capacity in thousands of tonnes = £3.407.100
= £2147900 R
Alternatively, N.B. The fiaures are expectedly high as solid

. 0-3
£ capital cost = 1120000, R.(Q) EPE §UK)

where R is the number of reactions and
Q is the capacity in thousands of tonnes

handling functional units seem to cost
about 50% more than gas handling steps.)



Comment

There is, therefore, a range of answers from
£2147900 to £3170800 with a mean value of £2645600
(ignoring the estimates from the model for liquid-
solid systems). The "error" on the average value
is thus -19% +20%. If a conclusion were required,
it might be that for preliminary capital cost esti-
mating, as many methods as possible should be used
and an average taken.

Conclusions

Interest in step counting methods for capital cost
estimation is continuing to develop. There is
probably not yet a "best" method, but the princip-
le is demonstrated to be valid and progress in
this area should be studied.
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ABSTRACT

An investigation of the general features
which identify the structure of optimal
operating policies for a mixed acid
nitration process is reported. The plant
is multipurpose in that it can be used
for several products, but attention is
confined to exploring the best operating
states for producing mononitrobenzene.
From a parametric sensitivity study, it
has been established that the molar feed
ratio (MFR) of nitric acid to benzene is
the most important variable. This
suggests that the best strategy for
determining the optimal conditions is to
fix MFR before searching for the best
operating temperatures for the reactors,
which are the other principal variables.

INTRODUCTION

The profitable operation of an existing
chemical plant results from the judicious
balance between two essentially different
sets of factors conveniently classified
as external and internal. In practice,
both are recognized as implying some
degree of flexibility, with the former
being more restrictive than the latter.

External factors, such as cost of raw

materials and other utilities, or unit
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selling prices of main and by-products
usually appear as constraints which have
to be met. Others, such as the level of
demand, scheduled time and rates for
delivery are more flexible in as much as
they can, to some extent, be subject to
negotiation prior to contract. Once the
terms of contract have been agreed, the
internal factors represent the only area
where further adjustment may be made.
These factors comprise what may be
broadly classified as operating and
design variables. Major alterations in
the type and capacity of equipment, or
even in the arrangement of existing
equipment, will involve additional
running costs and time lags which alter
the balance of costs. The consideration
of such factors, though providing
potential scope for adjustment, will be

undesirable in a situation where delays

in production and/or delivery may be



penalised and will consequently be better
investigated and dealt with while orders

are still being sought and negotiated.

On the other hand, alternative operational
policies of the equipment, though not
causing great changes in the runmning costs,
are still associated with different degrees
of efficiency. Thus, in a situation where
the external factors and design variables
are fixed, the study of operating conditions

will represent an area of further improve-

ment.

This paper deals with the effect of operat-
ing conditions on the profitability of a
mixed acid nitrobenzene plant. It is one
aspect of a much more extensive study and
so inevitably is based on a number of
fixed conditions which have been arrived
at, for the present discussion, by examin-
ing the problem in a wider context. More
detailed analysis can be found in reference
(1). With the restraints implied by this
larger framework, the following considera-
tions define the terms of reference of
the problem,

(i) Although attention is confined to

nitrobenzene, the plant is multi-

purpose, i.e. other products can be

produced using the same equipment,
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(ii)

(iii)

(iv)

e.g. nitrotoluene.

Because of this, an inventory model
is required such that the solution
leads to a definition of an optimum
production rate for each process
(and hence throughputs), as well as
number of runs and running times.
The inventory model can be solved
for an arbitrary set of prices,
cost and demand level, which means
that the magnitude of the quoted
numerical values should also be
regarded as arbitrary. This in no
way limits the significance of the
points to be discussed, which are

quite general in scope.

Taking the production rate as a
parameter, the best operating con-
ditions for each individual process
may be investigated on the basis of
an annual cash flow after tax,
without regard to the remaining
processes. But as suggested in
(ii), only by solving the inventory
model can the overall optimum
individual production rates be
defined for a given market situation

The unit manufacturing cost could

be used instead as a performance



(v)

(vi)

index, but it would be less compre-
hensive in that taxes, which are
normally based on sales volume,
would not be accounted for.

For the nitrobenzene process, as
well as for the others, the main
operating variables must be identi-
fied by means of extensive paramet-
ric sensitivity analysis. This
showed that the principal variables
are the molar feed ratio, nitric
acid to benzene (MFR) and the reactor
temperatures TRl and TR2 in vessels
Rl and R2 respectively. Closer
examination of the problem revealed
that the most appropriate strategy
for searching the optimal combina-
tion was to fix MFR, since this
showed the greatest sensitivity and
then treat the reactor temperatures
as a subproblem.

Detailed plant simulation is con-
veniently carried out using a flow-
sheeting program (2), and the
appropriate information flowsheet
can be developed from the process
flowsheet shown in figure 1. Each
unit computation is based on a
mathematical model which, together

with general mathematical subrout-
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ines, allows an optimisation algor-
ithm (the simplex method of direct
search) to be used (3) to search

for the best set of operating states.
There is naturally a close corres-
pondence between the process and
information flowsheets, so that the
results can be interpreted in terms
of operational conditions without
ambiguity. Consequently, there is

no explicit requirement to give the

information flowsheet as well.

PROCESS DESCRIPTION

The process flowsheet of the plant for
nitration of benzene is shown in figure L
The feeds are concentrated sulphuric acid
(98 wt.%), concentrated nitric acid

(96 wt.%) and benzene. Other inputs to
the system are cooling water for the
reactors, process water for the washers

and electricity for the motors which

operate the agitators and centrifuges.
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Fig. 1. Process flowsheet of nitrobenzene plant.

The benzene is admitted to the scrubber,
where it is mixed with the recycle stream
(an acid mixture containing unreacted
nitric acid, sulphuric acid and water)and

some entrained organic phase.

The scrubber, as well as the remaining
reactors, is cooled by means of water.
Also, all the reactors are agitated. From
the scrubber, there is a mixture of
aqueous and organic phases which are sep-
arated in a centrifuge, Cl. The aqueous
phase, diluted sulphuric acid, (spent
acid), goes to storage. Part of it is
sold as a by-product; part of it is
premixed with 98 wt.% sulphuric acid. The

organic phase, composed of the organic
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reactant with some nitroderivative and
some entrained aqueous phase, enters the
first reactor. In addition this reactor
admits the nitrating mixture formed with
80 wt.% sulphuric acid and 96 wt.% nitric

acid.

The bulk of the reaction takes place in
this reactor which is followed by another
which takes the reaction nearer to com-
pletion. The reaction mixture is finally
separated in a centrifuge, Cz. The
resulting aqueous phase forms the recycle
stream and the organic phase, being
composed of nitrobenzene, dinitrobenzene,
unreacted benzene and some entrained

aqueous phase is purified.



The second section of the plant, where
purification is carried out, comprises
four washers and a labyrinth. Each washer
consists of two sections, the first is

the mixing vessel, where the product is
thoroughly mixed with process water, and
the second is the settling and separating
vessel, where the two phases are separated
by gravity. The labyrinth is a tank which

receives the aqueous phase with some

entrained organic phase, from the washers.

The washers are followed by a fifth washer
where the settling and separating vessel
is replaced by a centrifuge, C3. This
centrifuge separates the final product
from the aqueous phase which is fed back
to the fourth washer in place of process
water, giving rise to a second recycle
stream. The process water to the second
washer is added of 10 wt.% caustic soda

for a more thorough elimination of any

acid present in the product stream.

OPTIMISATION STUDIES -

Using a demand of 2000 tonnes/year means
a production rate of nitrobenzene equiv-
alent to 300 kmol/day of benzene. This

quantity is a constraint and the question

which needs to be investigated is: what

12.5

are the operating conditions which will
achieve this production level most effec-
tively? As already noted, the index of
efficiency is assumed to be the annual
cash flow after tax, y, and the most
significant variables have been shown to
be MFR and TR1 and TR2 by parametric
sensitivity tests. The problem so
defined is an optimisation which reduces

to the investigation of the selection of

these variables so as to maximise y.

The permissible range of variation of the
independent variables during optimisation
will normally be bounded, since there are
safety regulations which must be met with
regard to chemical and mechanical restric-
tions on the materials of construction
and the need to prevent hazards such as
loss of toxic materials by evaporation,
etc. For example, under normal pressure
nitric acid is partially decomposed
above 860C and consequently an upper
limit must be set on the operating
temperatures of the reactors, especially
no. 1, where the higher acid concentra-
tions are to be found. Also, an upper
limit on MFR will be necessary to prevent

an undesirable excess of unreacted nitric

acid in the system which can cause



excessive corrosion.

To illustrate the valuable insight which
can be revealed by carrying out such
studies, the following cases are examined
to show how the essential structure of

the problem can be identified.

CASE 1 -
Linear constrsints representing upper and
lower bounds are imposed on the variables

in the form

OS¢ MFR€1.20 (1)
20°C < TR1 € 80°C (2)
20°C € TR2< 90°C (3)

The optimum (y* = -3,0 x 104 £/year) in
the subregion defined by these constraints

is at TRl = 77°C, TR2 = 89°C and MFR =

0.99.
CASE 2 -
The temperatures TR1 and TR2 arc ' reset
at
TR1 = 43°C (4)
TR2 = 62°C (5)

The problem then reduces to a one-dimen-
sional search over MFR defined by condition
(1).

The optimum (y* = -9.2 x 10° £/year) is

found at MFR = 1.01.
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CASE 3 -
The variable MFR is fixed at 1.0l.
The search in the ranges for TR1 and
TR2 as governed by conditions (2)
and (3) leads to the optimum

o

(y" = -6.4 x 10* £/year) at TR1 = 73°C

and TR2 = 89°C.

CASE 4 -

A case similar to case 3 is considered
with the MFR fixed at 0,99 which results
in values similar to case 3 which is in

agreement with case 1.

Of these four cases, 1 is the most
general since no judgement need be exer-
cised on the level of the independent
variables, apart from the boundaries
described by conditions (1), (2) and (3).
The temperatures are found to approach
the upper boundaries very closely and
MFR indicates slight deficiency in nitric
acid with respect to the stoichiometric
The result is confirmed in

ratio.

case 4, where MFR is preset.

By restricting the temperatures to values
well below the safety limits (case 2),
the most profitable operation of the

plant is found with a slight excess of
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nitric acid, MFR = 1.01, although the
value of y* is lower than in case 1. This
conclusion is reasonable, in that the less
expensive reactant, nitric acid, is used
in excess to obtain higher degrees of
conversion. That the reverse happened in
case 1 suggests that higher degrees of
conversion are obtained by higher tempera-
tures in the reactors, with the steady
state operating conditions resulting in
Given

the presence of unreacted benzene.

the fact that the normal boiling point of
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benzene is 80.1°C, such a policy may be
undesirable. With case 3, the possibil-
ity of obtaining higher values of y*
with MFR = 1.0l can be explored. Again,
the temperatures approach the upper
boundaries closely. Difficulties can
arise because the numerical procedure

on which the optimisation algorithm is
based has to be terminated within a
preset tolerance, so the differences
between TR1, TR2 and the upper limits in
cases 1 and 3 are not significant. The
general pattern of behaviour is of a
common trend in the temperatures for
different MFR, although the specific
value of the maximum y* depends on MFR.
To assess whether this effect is
specific to this level of throughput,
THR = 300 Kmol/day, a study similar to
cases 1 - 4 can be examined for THR over
the range 150/450. In figure 2 is
shown the plots of y versus MFR for
THR = 150 and 300, for two different
sets of temperatures. For every THR,
similar behaviour is observed. As THR
increases, the MFR which leads to
maximum y for a given set of temperatures
remains constant and the differences

between the yd for a given THR, also

increase. As can be seen in figure 2,



while the difference between yx for
THR = 150 Kmol/day is approximately
3.50 x 104 £/year, for THR = 300 Kmol/day

it is 6.20 x 104 £/year.

If it is accepted that it is desirable to
operate the plant with a slight excess of
nitric acid, it is possible to investigate
the effect of alternative operating temp-
eratures, e.g. intermediate to cases 2
and 3. This study is illustrated in
figure 3 where lines of constant y are

shown across the whole range of TRl and

TR2, together with some observed values.

It can be seen that y is slightly more

sensitive to TR2 than to TR1l, and that

for a fixed MFR, the maximum y is to be
found at the intersection of the upper

boundaries. Such graphs (and similar

ones for different MFR) can be very

useful in assigning operating temperatures
to reactors 1 and 2, in that they provide

a mechanism for defining conditions in

terms of an economic index.

CONCLUDING REMARKS -

The above optimisation studies have
necessarily been somewhat brief and
simple. No reference has been made to

the difficulties which are always present

12.

TRI(°O)

boundaries

%0 90 1R2(°0)
Fig. 3 - Lines of constant y on the plane
(TR1, TR2) for THR = 300 Kmol/day

and MFR = 1.01 2
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m - observed values of y.

in the preliminary stages of establish-
ing valid models for the simulation. In
fact, this represents considerable
effort, but is rewarded by the insight
which is gained. In particular, the
relative significance of the most impor-
tant variables can be identified and

point to strategies of operation which

are not intuitively obvious.

It should also be stressed that although
the discussion has been centred on an

economic index, it is not the only one



which could be used, e.g. the same approach

could be used with conversion, heat load,
or composition of streams which the
operator may require to analyse. In fact,
for every case so far mentioned, whether
it is an optimum or not, the use of a
flowsheeting program provides a full
description of the profile of the plant
shown in figure 1, besides the evaluation
of y. A study similar to that depicted

in figures 2 and 3 could be applied to
other indices. The curves shown in

figure 2 and figure 3 represent sections
on the surface y = y (MFR, TR1, TR2) at
constant (TR1, TR2) and MFR respectively.
They are meant to provide a local explor-
ation which will reveal the characteris-
tics of the optimum in relation to neigh-
bouring states. This will ultimately
determine whether a given set of opera-
ting conditions is acceptable from the
point of view of implementation. It can
be seen that y has a very sharp optimum
with relation to MFR, which in fact is
enhanced as THR increases. The operating

temperatures also influence y, but to a

lesser extent, and this suggests that

MFR should be fixed before the temperatures.

Because MFR measures the molar ratio

between nitric acid and benzene feeds and

only mass flows are directly controlled
(see figure 1), maximum profitability
will be achieved for a given range of
operating temperatures, when changes in
throughout are compensated for by
corresponding changes in nitric acid mass

flow.

Useful results from such studies are
dependent on reliable representation of
the process units in the computation
modules for the flowsheeting program.
Considerable effort has therefore to be
expended in confirming the basic
structure has been identified. However,
even if the availability of data does
not permit absolute predictions to be
made, the qualitative behaviour can be
recognised which permits strategies for
process improvement to be identified. In
addition, insight as to operational
policy can be gained which would normally

take years on a plant.

NOTATION
MFR - molar feed ratio nitric acid :
benzene.
THR - throughput, mass flow of benzene,
Kmol/day.
TR1 - operating temperature of reactor 1,
deg. C.
TR2 - operating temperature of reactor 2,
deg. C



y - annual cash flow after tax,
£/year.

superscript * - optimum value,
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ABSTRACT

The estimation of the thermophysical proper-
ties of fluids and fluid mixtures has been, for
many years, the subject of a considerable research
effort owing to its significance in the design of
many items of process plant. In this paper atten-
tion is concentrated upon the transport properties
of fluids and a hierachy of estimation schemes is
established. It is argued that the most reliable
estimation schemes are founded on a rigorous theo-
retical analysis of the fluid state and confirmed
by means of a series of measurements on a limited
number of carefully chosen fluids and fluid mix-
tures. Lower levels of estimation scheme are
ordered according to their degree of departure
from this optimum.

It is shown that the highest level of estima-
tion procedure is, at present, only applicable to
the transport coefficients of dilute, non-polar
gases. However, the success of this procedure
indicates the approach which should be adopted in
future measurements of the transport properties
of fluids to develop more applicable correlation
schemes of the same type. In addition, the order-
ing of estimation schemes permits the develpment
of an algorithm for the selection of the best
procedure for the evaluation of transport coeffi-
cient data for a particular fluid.

1. INTRODUCTION

The design of any chemical process plant in-
variably requires a knowledge of the thermophysical
properties of the fluids involved in the process.
In particular, the design of equipment for heat or
mass transfer operations is based upon values for
the transport properties for the fluids. It is
evidently impossible that experimental measurements
of these properties could ever be carried out over
the entire range of thermodynamic states for every
pure component and for multicomponent mixtures of
arbitary composition. Consequently, it will always
be necessary to have means available whereby, at
best, the available experimental data may be
employed to generate the required properties, or,
at worst, entirely empirical estimates of their
values may be made.

It is the purpose of this paper to present an
underlying philosophy for the development of data

generation and correlation schemes for engineering
design. It is shwon that a hierachy of estimated
procedures can be established based upon their
degree of reliance on fundamental theory, and
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accurate experiment. Thishierarchy naturally
leads to the establishement of an algorithm for
selection of an estimation procedure in particular
cases. A corollary to the existence of various
estimation schemes is the increase in the uncert-
ainty of the generated physical property data as
the procedure departs more from a sound theoreti-
cal basis. In a companion paper (1) the conse-
quences of these uncertainties for the design of
process plant equipment are discussed and shown to
be technically and economically significant. Thus,
efforts to develop fundamental theories of the
fluid state and perform accurate experimental
measurement of fluid transport properties are
shown to be justified in an engineering context

as well as from the viewpoint of basic science.

2. THE ESTIMATION PROCEDURE

The overwhelming body of experimental
measurement of the transport properites of fluids
have been carried out for thermodynamic states
close to room temperature and atmospheric
pressure uypon simple molecular species. The
reasons for this are, first the relative simpli-
city of the experimental procedures under these
conditions, and second the possibility of a
fundamental interpretation of the data in terms
of molecular theory. Even within these constaints
it is only in the last ten years that reliable
experimental data for the transport properties of
the simplest, pure molecular species have become
available. For engineering design purposes
therefore the experimental measurements which
have been carried out have appeared to have
little direct relevance. That this is not in
fact the case forms the cornerstone of the philo-
sophy of transport property estimation procedures
advanced here. In order to define the elements
of this philosophy it is essential to identify
the various levels of estimation which exist.
Accordingly, the next four sections define the
different approaches to the estimation of fluid
transport properties. Since it is clearly impos-
sible and unproductive to list every variant of a
particular approach, examples have been selected
in order to emphasize the essential features of
each level of estimation procedure.

2.1 EXPERIMENTAL DATA

The first recourse in any attempt to generate
thermophysical property data should always be to
direct experimental measurements for the fluid



transport property required. It must be added as
a rider that any experimental data employed should
be of well characterized accuracy which is commen-
surate with the requirements of the design. In
the event that the experimental accuracy is poorer
than can be tolerated in the design, it is poss-
ible that an estimation procedure would give more
reliable data. Furthermore, for fluid mixtures,
only in exceptional cases-will the experimental
data refer to identically the same composition as
that required. In these circumstances the data
can be used in conjunction with a suitable theory
to evaluate data at the required composition.

2.2 THE PREDICTIVE SCHEME (CLASS I)

The predictive scheme is defined as that
which has a rigorous theoretical framework and
which requires as input information only physi-
cally meaningful quantities derived from a minimum
set of experiments or calculated from other funda-
mental sources.

The most successful approach of this type is
provided by a scheme designed for the transport
properties of dilute gases. Since this scheme
represents the optimum estimation scheme which
should be aimed at for all states of fluids it
will be described in some detail.

The kinetic theory of gases initiated by
Boltzmann (2) and developed by Chapman and Enskog
(3) early in this century provided a complete
formal description of the macroscopic properties
of such gases in terms of the properties of their
constituent atoms.

Because these molecular properties were not
known the utilization of this theory for the ex-
plicit evaluation of macroscopic properties was
not possible immediately. Nevertheless the theory
did provide a framework for the correlation for
the low density viscosity, thermal conductivity
and diffusion coefficient data available. 1In
recent years considerable advances have been made
in this field. On the one hand accurate measure-
ments of the viscosity of the pure monatomic gases
and their mixtures have been made (4-6) and on the
other it has been possible to derive the molecular
properties of the constituent molecules from these
measurements, in particular the intermolecular
pair potential (7-8).

These developments have had consequence for
both basic science and engineering design. For
example the experimental data for the viscosity of
the monatomic gases has been used, together with
the Chapman-Enskog theory, to demonstrate that the
majority of thermal conductivity data for the same
gases are in error by as much 107 even near room
temperature (9). From this observation it can be
inferred that data for more complicated molecules
which have been less frequently studied are in
error by at least a similar amount. In Ref. 1 it
is shown that errors of this magnitude are of great
significance to the optimum design of process
plant.

A further development which has stemmed from
the conjunction of accurate experiments and theory
for simple molecules 1is the extended law of
corresponding states (10). It follows directly
from the hypothesis that all the interactions of

the monatomic species conform to the same universal
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intermolecular potential that there exist several
functionals of that intermolecular potential
function. These are defined by the Chapman-
Enskog theory, and serve to describe the transport
properties of all the pure monatomic gases as well
as their binary mixtures. These universal func-
tionals have been determined and two scaling para-
meters characteristic of each binary interaction
which secure this universality have been obtained
(10). Concurrently, other work has shown that the
fundamental hypothesis of the extended law of
corresponding states is valid to a considerable
degree of accuracy (5, 11-13).

The importance of this development is twofold.
First the existence of universal functionals for
the interactions of the monatomic transport prop-
erties of pure gases and binary mixtures over a
range of temperature far wider than that which
can be achieved experimentally. Secondly, the
Chapman-Enskog theory demonstrates that the cal-
culation of any of the transport properties of
any multicomponent gas mixture of arbitary compos—
ition can be effected over a similarly extended
temperature range from a knowledge only of the
binary interaction functionals. Thus from a body
of viscosity data obtained for binary mixtures of
monatomic gases over a limited temperature range
it is possible to predict any transport property
of any mixture of the same gases over a much wider
temperature range.

In order to make further advances towards a
complete treatment of polyatomic gases the Wang-
Chang-Uhlenbeck kinetic theory of dilute poly-
atomic gases must be involved (14). It has been
shown that to a very high degree of accuracy for
both the viscosity and diffusion coefficient of
such gases thepresence of internal energy in such
molecules is negligible (15). Consequently, the
formal expressions for these two transport
coefficients remain the same therefore contain
the same functionals of the intermolecular poten=-
tial. Thus, by extending the hypothesis of the
universality of the intermolecular potential
among the monatomic species to these more compli-
cated molecules they can be encompassed in the
same scheme. This extension has been carried out
to some ten polyatomic gases and their binary
mixtures with great success (5). Following the
preceeding arguments again we see that it then
becomes possible to predict the viscosity of any
low density gas mixture containing up to 11 com-—
ponents over a wide temperature range. Indeed
the viscosity of over 2000 gas mixtures of
arbitary composition can now be predicted in this
way, and the temperature range covered for CO
for example, extends from 130K to the dissociation
limit. The Chapman-Enskog theory shows, and
experimental tests confirm that the accuracy of
these predictions is comparable with that of the
original measurements (+0.5%).

This example shows how the use of rigorous
theory together with a relatively small number of
judiciously chosen experiments can be used to
generate a much greater body of experimental
data. As such it forms the optimum predictive
procedure for design purposes. Generalizations
of this approach to other thermodynamic fluid
states should be the aim of future work.



2.3 THE THEORETICALLY-BASED ESTIMATION SCHEMES

The foregoing type of procedure has been
referred to as predictive since all the necessary
quantities for the evaluation of the viscosity of
a particular gas mixture were derived from
accurate experiments and used in a rigorous theo-
retical framework. It is possible to discern two
types of scheme which lie somewhat below this in
order of preference.

In the first type (Class II) an exact rigorous
theory for the transport coefficients of the fluid
exists formally, but there is insufficient experi-
mental information available to make use of the
theory. In this case the procedure involves not
estimation of the transport coefficients themselves
but of some intermediate, often molecular, quantity
on which they depend. This estimated value is then
used within the rigorous theoretcial framework.

An example of this approach is provided by the
Mason and Monchick theory of the thermal conducti-
vity of polyatomic gases (15,16). According to
their apporach the Wang-Chang-Uhlenbeck theory of
transport in polyatomic gases is cast into a form
containing experimentally accessible, though not
often available, internal energy relaxation times
in addition to the viscosity of the gas or gas
mixture which may be obtained as before. If ex-
perimental relaxation times are not available
they are estimated by means of a suitable physical
model and then used in the rigorous theory. A
further example is afforded by the use of assumed
intermolecular potential models for the evaluation
of dilute gas viscosity data for polar gases.
Here, the Wang-Chang-Uhlenbeck kinetic theory
provides the rigorous theoretical framework again,
but in this case the pair interaction potential
for molecules of the gas is estimated (17).

Evidently, the uncertainty in the transport
properties evaluated in these ways is dependent
upon the sensitivity of the particular transport
property to the quantity estimated and the
reliability of this estimate. Thus, whereas the
uncertainty in the estimate of the internal energy
relaxation time in the first case may be large,
this may not be totally reflected in the final
uncertainty of the transport coefficient. On the
other hand errors in the guessed intermolecular
potential and/or its parameters will certainly
have a direct effect upon the uncertainty of the
estimated transport coefficient.

Procedures of this type would be improved to
predictive methodswhen the estimated quantites are
derivable from experiment. That this is not yet
possible is, in most cases, owing to the lack of
reliable experimental data rather than any defect
in the underlying theory.

A second class of theoretically inspired
methods (Class III) occurs when a formal theory of
transport in the fluid state exists but where its
application to the interpretation of experimental
data or estimation of properties is not possible
because of a combination of mathemtical difficulty
and inadequate knowledge of other necessary physi-
cal quantities. In this class we may cite as an
example the situation for the transport coeffi-
cients of simple liquids. Statistical mechanical
theory of liquids developed by Bearman and
Kirkwood (18) among others expresses their
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transport coefficients in terms of many-particle
distribution functions and intermolecular
potentials. Since neither of these quantities are
known the theory cannot be applied in its present
form. Thus, other approaches have had to be
adopted. On the one hand theories of transport in
liquids have been developed based on simple models
for the liquid state such as the Eyring theory(19)
and the Van der Waals theory (20). On the other
hand, attempts have been made to simplify the
complete theory by physical arguments (21). In
either case the resulting 'theoretical' expression
for the transport coefficients is less than
rigorous and so any parameters it contains are
likely to be physically meaningless. Usually,
such parameters are obtained from a fit to experi-
mental data for a particular fluid, although some
entirely empiricalmeans of estimating their values
for fluids or fluid mixtures are available.

Since this type of estimation scheme is
weakly founded on theory and dispensable para-
meters have to be obtained by comparison with
experiment or guesswork, the reliability of these
schemes is considerably less than those discussed
earlier, and their general application restricted
to fluids for which some experimental data exist.

2.4 EMPIRICAL ESTIMATION TECHNIQUES

The final subset of estimation methods is
defined as that for which there is presently no
theoretical justification, but which are based
upon observations of relationships between the
transport coefficients of fluids and other macro-
scopic quantities for the same fluids (Class IV).
Such methods would involve, for example, a
correlation between the viscosity of a pure liquid
and its partial molar volume (22). Such correla-
tions are formulated on a considerable body of
data over a moderate temperature range and then
applied universally to all fluids.

Such procedures have obvious deficiencies in
terms of the accuracy of their estimates, further-
more, no indication is usually given as to the
mechanism by which the procedure may be extended
to any number of components without further
heuristic assumptions. Their sole advantage lies
in the fact that they may be applied to any
chemical compound.

3. THE PHILOSOPHY

Section 2.2 has defined the optimum predic-
tive scheme for the transport properties of
fluids. Although a scheme of this type presently
exists only for the viscosity and diffusion
coefficient of dilute gases, its success suggests
the direction for future work in the field of the
development of correlation and estimation tech-
niques and the philosophy governing such work.

First a series of careful coefficient
measurements of high accuracy should be carried
out on relativiely simple pure fluids and binary
mixtures. These measurements should then be
interpreted in terms of a rigorous theory so as
to determine quantities depending on the two
species in the binary mixture. Subsequently
these measurements and the associated theory
should be used to predict the transport



properties of multicomponent mixtures of these
fluids which should then be compared with accurate
experimental measurements. These tests together
will serve to idéntify the minimum set of experi-
mental measurements necessary to add a new fluid
to the overall scheme. For example in the case of
dilute gases the minimum set of measurements
required for the generation of the viscosity of a
multicomponent mixtutre of arbitrary composition
containing the new fluid, comprises the viscosity
of the pure fluid and its binary mixtures with the
other components over a range of temperature.
Subsequently, the experimental measurements can be
extended to progressively more complex molecules
incorporating modifications into the theory as
they become necessary.

Within the context of this philosophy
therefore measurements on pure, simple fluids are
a prerequisite to the development of reliable
estimation schemes and are not carried out solely
for their scientific interest. Furthermore, in
specific cases such measurements can serve to
extablish the reliability of experimental tech-
niques before they are used for more complex
molecules. It is argued that this strategy must
form the gasis of all long term research in the
field of the transport properties of fluids.

Since such a programme is likely to be of
long duration it is recognised that less satis-
factory extimation methods must be used for many
fluids at present, and for some considerable time
in the future. However, in the spirit of our
philosophy it becomes possible to chart a route
to the most suitable estimation procedure for the
transport properties of a particular fluid mixture.

4. THE ALGORITHM

It is not our purpose here to develop any new
correlation scheme but rather to rationalize the
choice of a scheme for a particular problem in the
light of the foregoing remarks., Consequently,
Tables I-IV list the possible sources of data for
the viscosity and thermal conductivity of fluids.
The sources are grouped according to the classi-
fication of section 2. The list is not intended
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to be exhaustive, in particular we cite only one
empirical method in each case from a considerable
field, nevertheless the method selected in each
case is chosen to be the best in a particular
class defined in section 2. The accuracy of each
estimation method is included. Sufficient biblio-
graphic information is included to allow the
reader to obtain details of a particular scheme.

Figures 1 to 4 then provide a flow chart for
the determination of the most suitable extimation
procedure for the viscosity and thermal conducti-
vity of gases and gas mixtures from among the
various possible schemes. Figures 1 and 2 deal
exclusively with pure components, which form a
necessary prerequisite to the estimation of
mixture properties. Three density regions are
identified: the low density zone near atmospheric
pressure, the moderate density zome, corresponding
to the region for which a virial equation of state
including the third virial coefficient is
adequate, and a high density region corresponding
to still higher densities. Figures 5-8 present
corresponding algorithms for viscosity and themal
conductivity of liquids. Figures 5 and 6 deal
only with pure components, whereas figures 7 and
8 give a similar chart for the liquid mixtures.

5. SUMMARY

Algorithms have been presented for the
selection of the most appropriate route to the
extimation of the transport properties of fluids.
They have been developed with respect to a well
defined philosophy which serves to identify the
reliability and desirability of the use of parti-
cular types of scheme. It has been argued that
the basis of the most successful correlation
scheme indicates the direction of future experi-
mental work on the tramnsport properties of fluids.

One of us (CANC) acknowledges the leave of
absence from Instituto Superior Tecnico,
Lisbon and the financial support from INVOTAN,
Lisbon, Portugal.
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VISCOSITY OF PURE GASES

No Chapman-Enskog uo predicted
with ELCS 0.32
Low Yes
5 Density
Yes | Mason and MonchicK u estimated
Theory <5%
No
Gas T,P Results
Enskog theory M estimated
dense hard-spherej 2-3%
Moderat@
Density
Stiel and Thodos U estimated
correlation 2-10%
Figure 1 - Algorithm for the prediction or estimation of the viscosity of pure gases
THERMAL CONDUCTIVITY OF PURE GASES
[+] .
Monatomic Yes Chapman-Enskog ) predicted
with ELCS 0.3%
Low
Densgity
No Mason and Monchick xo estimated
Gas T,p Theroy k4 No
\o estimated 1%
Monatomic Enskog theory Results
dense hard-spheres » estimated 3%

) estimated
1-3%
IStieI and Thodos A estimated
10-20%

Guess

Figure 2 - Algorithm for the prediction or estimation of the thermal conductivity of pure gases

15.11



VISCOSITY OF GASEOUS MIXTURES

No |Chapman-Enskog ) u:ixpredicted
with ELCS 0.3%
Polar
Low
. Densit
Yes[Mason and Monchick u:ixest1mated naity
Theory 5% 5%
No
Gases
Results
(T, py %)
Polar Fnskog theory for umixestlmated
dense hard-spheres 2-47
Yes
Yes Dean and Stiel p_. estimated
mix
3-4%

Guess

Figure 3 - Algorithm for the prediction or estimation of the viscosity of gaseous mixtures

THERMAL CONDUCTIVITY OF GASEOUS MIXTURES

Chapman-Enskog i A:ixpredicted
Monatomic with ELCS 12
Low
Density
*Mason and Monchick 2%, estimated
Gases mix
<5 -
(T, 0,%) <

Enskog theory Amixestimated

Monatomic dense hard-spheres 2-5% Results

Polar ELCS A, estimated

mix
Hanley 1-3%

Stiel and Thodos \_. estimated
mix

10-20%

Guess

Figure 4 - Algorithm for the prediction or estimation of the thermal conductivity of gaseous mixtures
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VISCOSITY OF PURE LIQUIDS

Low Yes {Rough hard-spheres| Y estimated 2%
Pressure Theory
Rough hard—lpheresl 1 estimated 32
| Theory ]
Liquid
(T,0,p) Results
Letson and Stiel v estimated 3% ]
Rough hard-sphereg U estimated >3%
Theory
No
Guess

Figure 5 - Algorithm for the estimation of viscosity of pure liquids

THERMAL CONDUCTIVITY OF PURE LIQUIDS

Low Rough hard- )\ estimated

Pressure

spheres theory 2%

Robbbins and ) estimated
Kingsea <5%

Organic
Liquid

Liquid
(T,0,p)

Rough hard- )\ estimated
sphere theory »3

Results

High pressure A estimated
| 2as phase 202
estimation

techniques

Rough hard- ) estimated
'!pheres theory(acc. unknown

No “issenard A estimated

»5%

Monatomic

Figure 6 - Algorithm for the estimation of thermal conductivity of pure liquids
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VISCOSITY OF LIQUID MIXTURES

Not yet tested

Liquid Mixture]
(T,P,p,x)

f_.__ -— ._.._....-} r_._... _.-.-.-..}
No Hanley P i estimated |
i- ! ! »37
—— o e ] PR — |
Result
McAllister Moix estimated
2202
Guess
Figure 7 — Algorithm for the estimation of viscosity of liquid mixtures
THERMAL CONDUCTIVITY OF LIQUID MIXTURES
Liquid Mixture
Murad and Gubbin A . estimated
(T:Po Dgx) mix
2-3%
Results
NEL equation A . estimated
mix
Li 4%
Guess

Figure 8 - Algorithm for the estimation of thermal conductivity of liquid mixtures
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THE ESTIMATION OF PHYSICAL PROPERTIES OF FLUIDS

PART II.

M. J. Assael

THE ECONOMIC ADVANTAGES OF ACCURATE TRANSPORT PROPERTY DATA

C. A. Nieto De Castro

W. A. Wakeham

Imperial College, London, England

ABSTRACT

In a companion paper a hierarchy of procedures
for the estimation of the transport properties of
fluids was established. It was shown that at
present, for many fluids, the transport properties
must be estimated by methods which depart con-
siderably from the ideal and that therefore the
data generated are burdened with large uncertain-
ties. In this paper the technical and economic
consequences of these uncertainties to process
plant design and operation are assessed. This
assignment is carried out by means of specific
examples of heat exchanger design frequently
encountered.

It is shown that the uncertainties in the
transport coefficients which result from commonly
used estimation procedures have a significant
effect upon the overall technical design of heat
exchange equipment. In turn these effects con-
tribute to the necessary capital expenditure on
the items of plant. It is demonstrated that such
expenditure would be considerably reduced by more
reliable estimation procedures based upon accurate
experimental data for the transport coefficients
of fluids. This improvement could be achieved by
an expenditure amounting to only a fraction of the
current wastage of resources.

1. INTRODUCTION

In a companion paper (1) the techniques avail-
able for the estimation of fluid properties were
discussed, and a means for selecting the best
procedure for a particular fluid system described.
It was then shown that at one extreme the viscosity
of multicomponent mixtures of dilute non-polar
gases could be predicted until an uncertainty of
+0.5%, whereas at the other extreme the thermal
conductivity of a liquid mixture could be estimated
to at best #20%7. This range of accuracy corres-
ponds to the extent to which the estimation proc-
edures rely on rigorous theory and accurate
experiment.

It has frequently been noted by workers in
the field of transport properties of fluids that
a knowledge of these properties is significant
for process plant design. However, there seems
to have been no discussion of how significant
accurate values of these properties are in quant-
itative technical and economic terms. This paper
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is devoted to a study of this type in order to
illustrate the need for improved estimation tech-
niques and more accurate experimental measure-
ments.,

In order to carry out this programme we
have chosen to study the effect of fluid
transport property uncertainties upon the design
of heat exchange equipment. This is because on
the one hand such equipment is present in
nearly every installation in the Chemical
Industry and on the other hand because its design
is largely determined by the fluid transport
properties. Two types of heat exchanger have
been selected for study, first a shell and tube
exchanger and secondly a simple double pipe
exchanger. To encompass the full range of
fluid states in our discussion we have also
considered three types of fluid system: those
involving liquid-liquid, liquid-gas and gas-gas
heat exchange.

2.1 THE METHODOLOGY

As the introduction has indicated our
purpose in this paper is to examine the
consequences of uncertainties in fluid transport
properties for heat exchanger design. Thus, the
aim of our calculations will be to evaluate
the changes in the design parameters of a heat
exchanger which results solely from changes made
in the transport coefficients of the fluids
involved in the process. Evidently, the complete
design of heat exchangers to suit every possible
circumstance is beyond the scope of this work.
Furthermore, such a series of calculations is not
necessary in order to establish the importance of
an accurate knowledge of the transport coeffic~
ients of fluids. Consequently, we prefer to
adopt a simpler approach which retains the
essentials of the argument while providing great
simplification.,

We begin by reducing the number of
parameters necessary to define the design of
the heat exchanger, to one. This is made
possible by the selection of a particular type
of exchanger, with a prescribed number of tubes
of fixed radial dimensions and geometrical
arrangement within a shell of known geometry. If
the duty of the exchanger is then fixed by the
external constraints of a particular process the
remaining variables which characterize the ex-
changer are its heat transfer area (or equi-



valently its length) and the pressure drop across
the fluid ducts. Because the pressure drop across
the exchanger is usually not a major factor in
its design we see that in these circumstances

the heat transfer area becomes the sole charater-
istic of the exchanger and that it is this var-
iable alone which will reflect changes in the
design arising from changes in the transport
coefficients of the process streams. The red-
uction of the number of parameters necessary to
define the design in this way has the added
advantage that the economic consequences of
changes in the design can be readily estimated.

A second simplification is afforded by the
adoption of a standard methodology for the eval-
uation of the heat exchange area. Since any
reasonable design technique incorporates the phys-
ical properties of the fluid streams into correl-
ations for heat transfer coefficients we are free
to use any one of then. In accord with the aims
of this paper we adopt one of the simplest,

Thus, for the heat transfer coefficient on
the inside of heat exchanger tubes, referred to as
the inside tube area, h;, we employ the correl-
ation due to Sieder and Tate (2)

h.D. 0.14
a L. 0.027Re%8 Pr1/3[5 ] (1)
M
w
where the Reynolds Number (2)
D.G
Re = ——
n
and the Prandtl number (3)

Pr = C_ n/x
P

Here, D; is the internal diameter of the tubes A
the thermal conductivity of the fluid, p its
viscosity and C, its heat capacity, all evaluated
at the mean bulg temperature of the fluid. G
represents the mass flux in the heat exchange
tubes and p, the viscosity at the temperature of
the wall. The correlation of equation 1 is
applicable to the turbulent flow regime only

(Re > 2100) which corresponds to the conditions of
our studies.

The heat transfer coefficient on the steel
side of the heat exchanger tubes referred to the
outside tube area, h,, is given by the correl-
ation (3).

h D
oe

A

= 0.36 Re

0.55 , 1/3 [g @)

0.14
Hw]

which is again valid for Re > 2100.
Here, D_ is the equivalent diameter for the shell
(3) and the remaining quantities have already been
defined.

The overall heat transfer coefficient, U,
referred to the outside tube area is then calcul-
ated from the equation

1
—_ +
- + h R
o
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where D, is the outside tube diameter and R rep-
resents the combined resistance of the tube wall
and any scale.

Finally, the heat transfer are, Ay, based
on the external surface area of the tubes is
obtained from the prescribed dury of the exchan-
ger, Q, according to the equation

Q = UOAO(AT)Qm (6)

where (AT)gn, is the corrected logarithm mean
temperature difference for the precess streams
3).

Equation 1 to 6 demonstrate how the trans-
port properties of the fluids in the heat
exchanger will influence the calculated heat
transfer area and so the length of the heat exch-
anger. Each film heat transfer coefficient
depends upon the transport properties raised
to fractional powers. It is clear that it
is the themal conductivity of the fluids which
provides the major factor in the determination
of the heat transfer area. It is noteworthy our
previous paper (1) has demonstrated that it is
the transport property which is the more diff-
icult to estimate accurately,

2.2 THE HEAT EXCHANGERS

In order to provide meaningful data for
the effect of fluid property uncertainties on
heat exchanger design we have chosen to study
four practical examples. Although the study is
therefore not exhaustive the results may be
regarded as typical of those which would be
obtained for other heat exchangers of the same
type. Sufficient detail of each exchanger is
given below to identify the nature of the problem.
A complete specification of each problem is
unnecessary for the purposes of this paper.

Case 1

In the first case an exchanger is designed
to cool an efficient fraction resulting from a
crude o0il distillation column by means of fresh
feed of crude oil from storage. The fluid flow
rates and temperatures and thereby the duty of
the exchanger have been fixed with reference to a
practical solution. The heat exchanger is pres-
cribed to be of the baffled shell and tube
type having one shell pass and four tube passes
and containing 158 tubes of external diameter
25 mm and wall thickness 2.4 mm arranged in a
square configuration. This heat exchanger
therefore represents an example of one applied
to liquid-liquid heat exchange.

Case 2

The second exchanger exemplifies a situa-
tion involving gas-liquid heat exchange. Dry
ammonia from a compressor is cooled with water
before passage to a reactor. Again the fluid
flow rates, temperatures and the duty have been
determined from industrial practice. The
exchanger chosen is of the baffled shell and
tube type involving one shell pass and eight
tube passes. The exchanger contains 364 tubes



of 19 mm external wall thickness 1.6 mm mounted in
a triangular arrangement.

Case 3

The third exchanger is designed for gas-gas
heat transfer. The product stream from a meth-
anol reactor is to be cooled by incoming fresh
feed to the reactor, and the duty of the exchanger
has again been fixed with reference to a practical
application. In this case a shell and tube exch-
anger involving three shell passes and six tube
passes is to be used. The exchanger contains 688
tubes of 25 mm external diameter, wall thickness
2.5 mm mounted in a triangular arrangement.

Case 4

The final example returns again to the sit-
uation of liquid-liquid heat exchange but employs
instead of a shell tube exchanger a simple double
pipe system. Benzene is heated from ambient
temperature by a stream of toluene. The duty of
the exchanger is fixed by the flow rates and
temperatures of the two streams either side of the
exchanger. It is presumed that standard single
hairpin double pipe units are available of length
6 m with an internal pipe diameter of 35 mm and
an external pipe diameter of 87 mm. In this case
the design effectively reduces to the deter-~
mination of the number of such units required to
fulfil the desired function.

2.3 THE CALCULATIONS

For each of these four heat exchangers the
transport properties of the two fluid streams
have first been assigned reasonable reference
values obtained from the literature or by
extimation. Subsequently the heat transfer area
for each exchanger has been evaluated using the
methods of section 2.1, To fix our ideas the
results are given below:

Case 1 Reference heat transfer area, (Ao)r=63.1m2
Tube length, L = 5 m

Case 2 Reference heat transfer area, (Ao)r=53'5m2
Tube length, L = 2.4 m

Case 3 Reference heat transfer area, (Ao)r=460m2
Tube length, L = 8.4 m

Case 4 Reference heat transfer area, (Ao)r=4.7m2
No. of hairpin units required, N = 3.

It should be emphasized that these values
constitute an arbitrary reference for our sub-
sequent calculations, rather than any optimized
design.

The next stage in our calculations involves
the perturbation of the assumed values for the
transport coefficients of the two fluids about
the assigned reference values. For each perturb-
ation of either viscosity or the thermal cond-
uctivity value of a particular stream the
resulting heat transfer area has been evaluated by
the methods of section 2.1. The perturbation of
each transport property has been carried out with-
in the range corresponding to the likely uncertain-
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ty in the data were it generated by the estimation
schemes described in our earlier paper (1). The
changes in the calculated heat transfer area from
the corresponding reference area have then been
determined as functions of the changes in the
transport coefficients, for each of the exchangers
described above. Such calculations therefore
lead to a determination of the extent to which
each heat exchanger may be over or under -
designed as a result of uncertainties in the
appropriate transport coefficients,

For the purposes of these calculations
values of the wall resistance to heat transfer
have been obtained from standard sources (3)
and maintained constant throughout.

3. THE RESULTS

Since the gross features of the results
of our calculations are the same among the four
heat exchangers we shall discuss only one in
detail. The graphical presentation of the results
for the other three examples can then be inter-
preted in a similar way.

Figure 1 contains plots of the deviation
of the calculated heat transfer coefficients,
(h), from that of the reference conditions,

(h), for both sides of the shell and tube heat
exchanger of case 1. In these diagrams the
change in the thermal conductivity of the approp-
riate fluid is plotted along the abscissa,
whereas the change in the viscosity is shown as
a parameter of the curves. The changes in the
properties are expressed as a percentage of the
reference value. We note from these diagrams
first that the inside film heat transfer coeff-
icient is much more markedly affected by changes
in the thermal conductivity of the fluid than

is the outside film heat transfer coefficient.
Furthermore, for both inside and outside heat
transfer coefficients it can be seen that the
effect of changes in the viscosity of the fluid
have smaller effect than the changes in its
thermal conductivity as is to be expected from
the analysis of section 2.1.

Figure 2 contains a plot of the deviaticns
of the calculated area of the heat exchanger,
(Ay) . from that of the reference conditions
(A,) . for the exchanger of Case 1 as functions
of the changes in the two film heat transfer
coefficients. In this figure the change in the
inside film heat transfer coefficient from the
reference conditions is plotted along the abscissa
and the change in the outside film heat transfer
coefficient is given as a parameter to the curves.

Figures 1 and 2 together then allow us to
determine the variation in the design area of the
heat exchanger as a result of variation in the
transport properties of the two fluids. As an
example of the use of these figures we take the
situation when the viscosity of the fluid in the
shell side of the exchanger exceeds the reference
value by 10%Z, the thermal conductivity is 15%
below its reference value and there are identical
changes for the transport properties of the fluid
in the tubes of the exchanger. Then it follows
from figure 1 that the changes in the inside and
outside film transfer coefficients are -167 and
=-13% respectively with regard to the reference



conditions., Figure 2 then shows that the corres=-
ponding change in the design heat exchange area
amounts to an increase above the reference value
of 15%.

We may now relate these calculations directly
to the consequences for design of uncertainties
in the fluid transport properties. If we suppose
that the reference values we have assigned to
the transport properties of the fluids represent
their true values and that their perturbed values
correspond to data generated by an estimation
scheme, then the reference heat exchange area
corresponds to that which would be adequate to
perform the desired function and the values
obtained with the perturbed transport properties
correspond to the areas deduced from a design
study. Thus, for the example considered above
we see that owing to the uncertainties in the
transport properties of the fluid we have over—
estimated the heat exchanger area by 15%. It
may be seen from the combination of figures 1 and
2 that it is also possible to overestimate the
area of the exchanger by as much as 30%.

The presentation of our results for the heat
exchanger of Case 2 is contained in Figures 3 and
4, In order to simulate one situation where the
properties of one fluid are known with far
greater accuracy than these of the second fluid
we have considered here that the uncertainty in
the transport properties of water is negligible.
Thus the only changes in the design heat exchange
area arises from the perturbations in the prop-~
erties of the second fluid, gaseous ammonia.

Even in this case the possible uncertainties in
the design heat exchange area can range from -15
to +307 around the reference area,

For Case 3 the results of our calculations
are displayed in figures 5 and 6 whereas for
the simple double pipe exchanger of Case 4, fig-
ures 7 and 8 centain the data. For each situa~
tion the results are similar. It is evident,
therefore, that the errors in the evaluated heat
exchange area arising from typical uncertainties
in the transport coefficients can amount to as
much as *25% in all four heat exchangers studies.

DISCUSSION

In our earlier paper (l) it was shown that
for many fluids or fluid mixtures it is at
present impossible to extimate their transport
properties with an error less than 20%. 1In the
preceeding section we have shown that because
of such uncertainties alone it is possible to
over or underestimate the heat transfer area
for a heat exchanger to fulfil a particular
need by as much as 257%. Of course, it must also
be recognised that any methodology for heat
exchanger design such as that given in section
2.1 has an inherent uncertainty, by virtue of
its empirical nature. Generally, this latter
uncertainty is accommodated into a practical
design by increasing the design heat transfer area
by a multiplicative safety factor. The results
of our calculations could be interpreted as a
demonstration that the safety factor should be
increased to allow for the effect of the uncert-
ainty in the fluid transport properties.

If this argument is pursued then merely
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because of the uncertainty in fluid transport
properties heat exchangers should be manu-
factured an additional 257 larger than may be
necessary in order to ensure that they fulfil
their designated function. Table 1 illustrates
the economic consequences of this over~design
for heat exchangers corresponding to types 1, 2
and 3 of section 2.2, 1In this table we quote
current approximate capital costs for an
exchanger of each type and the incremental

cost resulting from an over—design of 30%Z. The
figures indicate that as a fraction of the total
capital expenditure on a particular chemical
plant the incremental cost is small, However, if
the total extra expenditure is taken over a
series of plants and a number of years it
represents a considerable extra investment.

An alternative interpretation of the
results of our calculations is however possible.
If the uncertainties in the estimation of the
transport coefficients of fluids could be reduced
to a few percent from their present much higher
values, then the additional over-design of heat
exchange equipment could be similarly reduced.
Such a reduction in the uncertainties could be
achieved by a series of accurate measurements on
carefully chosen systems, supported by the
development of fundamental theories and sub-
sequently estimation schemes (1). The increment-
al costs detailed in Table 1 which result from
over-~design of only three items of plant
equipment would provide a significant contri-
bution to such a research effort. Furthermore,
the savings effected as a result of such a
research programme would rapidly justify the
initial expenditure.

In summary, research effort in the field
of the tramnsport properties of fluids has been
shown to have a quantatively important technical
and economic role in the optimum design of at
least some items of chemical process plant.

Thus, accurate measurements of these
properties will be of value not only to the
understanding of the fundamental theories of
fluids but also for industrial purposes.
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Reference, and incremental costs for heat exchangers.

Approximate, current Approximate, incremgntal
Heat Exchanger capital cost for reference capital cost for 307
conditions, L increase in heat exchanger
area, £
Case 1 10,000 2,800
Case 2 7,500 2,100
Case 3 60,000 16,800
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Figure 1 = The influence ol the bluid transport properties upon the tilm heat transier coelticlents for
Heat Exchanger 1.
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A comparison is made between experimental
and predicted dispersion characteristics
for a pilot plant reactor operating both

as a fixed and fluidised béd.Solid lead
glass beads are used as support for an en-
zime catalyst.

Correlations of velocity versus bed voidage
for the fluidised bed mode are established
and the minimum fluidisation velocity Umf
determined.

This study suggests that until more widely
applicable correlations are proven the only
reliable course is for the investigator to
determine dispersion characteristics for
himself,

INTRCDUCTION

In connection with the modelling of the fi-
xed and fluidised bed modes of a pilot plant
reactor we have been considering the appli-
cability of a dispersed plug flow (DFF)
wodel to describe the conversion in the sys-~
tem starch - glucose using immobilised
amyloglucosidase,

The DPF model is based on the concept of
mixing in an analogous manner to molecular
diffusion governed by Fick's law. According
to Levenspiel (1) such model may be written

as in equation (1) for a first order reaction.

2
D, 4 CS_ ch__LcS

vl az° az  Q

=0 (1)

The solution of this equation implies the
use of a suitable correlation for the dis-
persion number Dv/vL with flow rate or if
such correlation is not available its
experimental determination.
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In the work here reported experimental
determinations of DV/VL are compared

with the Dv/vl values predicted from some
correlations available in the literature.
Since the solution of these correlations
implies, for the fluidised bed mode, the

use of fluidisation characteristics,namely
Upyp and U = U(€) relations , the work here
reported also deals with their determina-
tion,

THEORY

l1-Correlations for the disnersion number

The dispersion number D _/vL = Dy/UL may
be used to describe quantitatively the
mixing effect in the reactor.fhe Peclet
number -Np = vdp/Dv - is related with
the dispersion number by equation (2),
Dv/vl = 1/NPe'dp/L (2)

Chung and VWen (2) develonred a correlation
(Tquation (3) ) for the Peclet number for
fived and fluidised beds

0,48
ENPQ/X = 0.20 + 0.011 Noo (3)
covering the range ND,bc€< 0,8 and a
particle density ranze up to 8 g/cm3 .
ilence can be viritten

DV_DU f_p_[ & — J

g = oriw. O

vi UL T L |(0.20 + 0,011N, (X )
(4)

Bruinzel et al (3) propose equation (5)

for the dispersion number in fluidised

beds.

3

D, Dy 4 10
= jun B S z

VITULTT 4.3 wp 00 082 (5)



It may be seen that while Dv/vL increases

as 3 increcses in equation {(4) it decreases
with ¢ in equation (5).Horeover it may be
shown that equation (5) predicts DV/VL
values higher than those given by eguation
(4) by a factor varying from 300 to 1 when
the voidaze £ varies from £mf to 1.

This emphasised the need to deterwmine values
of DV/VL in both fixed and fluiidised beds

to test the DPF model properly.

2-Fluidisation

TPhe phenomenon of fluidisation can be vi-
sualised in the ideal denendence of pressure
drop on velocity presented in Fizure 1 for
a bed of solids,though this ideal behaviour
is virtually never achieved in practice.

AP

eq

AP
log B

Fixed bed

Fiuidised bed

Ums

logu

FIGURE 1 -Pressure dror velocity relation-
ship over a fixed and fluidised
bed.

The value of Umf is not an absolute one and
therefore its determination must be standar-
dised,

There are several procedures to determine
Umf . CGne of themn makes use of the experi-
mental curve corresponding to Figure 1.The
jeternmination must be made for decreasing
flow rates and the precautions that must be
taken are referred to by Richardson (4).

Umf
the physical properties of the system under

may alternatively be calculated from

study.

Richardson and Zaki (5) and others have
sugzzested that the most convenient way of
showing the variation of fluidisation velo-

20.

city with voidage is by means of a log-
log plot of velocity against voidage
since this plot normally gives a linear
relationship showing that
U /Uy o= el (6)

Tquation (6) has no theoretical basis but
is widely used because it is simple in
form and can therefore be readily applied.
Furthermore it more accurately represents
the experimental results than any other
equation which has been used.
The value of Ui for fluidisation is such
that

log Uy =log U - dp/D (7)
while the value of n can be computed by

, -0.1 4,
no= (4.4 +134,/D) Ny (3)
for 1<NReo< 200 (9)

and by similar equations for other NRe

o
values.Uo in its turn,in this range of
NRe values,can be computed according to
an %iterative process by usinz equations

(10) and (11).

1/2
U, = k(es -05 ) dpgil (10)
3 Ca €r
€.837
Cq =24 (1 +0.15 Np, ) (11)

NRe
Jowever since some deviations may occur
in relation to the calculated values it
is better to use the experimental values
to obtain the constants of equation (6).
If the system under study obeys equation
(6) then a plot of logU vs. lozf will be
as presented in Figure 2 and so the cons-
can bé obtained.
The relation U = U (£) is readily obtained
by measuring the values of bed height for

+
tants n,Ui and Umf

the corresponding velocity,the voidage of
the bed being computed by equation (12)

6=1-£g(1-£0) (12)
L
The egperimental constants can then be

compared with the predicted ones using



equations (7) to (11) .

logu

mé

E0
tog €

FPIGURE 2 - Relationship hetween fluid velo=-

city and bed voidage for a sys-

tem obeying equation (0)
MATERIALS ARD ETHODS
Lead glass beads (ballotini) from Jencons
Glass Co. of two sizes-No. 10 d =0,253 mm,
pg =2.905 g/cm ;No. 8 d =0, 5?4 mn, @ =
2.929 n/cm - were used. ?art*cle sizes were
determined by cumulative screen analysis.
Stactic bed voidage (£ ) in the conditions

achieved in the reactor were calculated by
measuring the volume in the reactor of a
known volume of glass particles,calculated
from its weight and density.

The voidage ¢ for each flow rate across the
reactor was calculated by means of equation
(12) using the L and &  values and the
recorded values of L at each flow rate.

EQUIPLENT
A flow diagram of the pilot plant reactor
used is shown in Figure 3 . The reactor
itself is made of a cylindrical QVF precision
glass colunm 100x4,78 cm surrounded by a
jacket.The liquid is pumped through the
reactor by a monopump and the flow rate
measured by means of rotameters.Additionally
a peristaltic Watson idarlow pump can also

be used.The liquid distributor system com-
prises a series of discs and the bed of
particles is retained in the reactor by a
stainless steel wire mesh 80/39.
The height of the bed was measured

scale on the front of the reactor.The tem-

on a

perature of the liquid in the reactor is
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controlled by means of immersion heaters
acting both on the liquid itself and on
the jacket surrounding the reactor.

EXPERLIENTAL

l-ieasurement of dispersion in the reactor
The dispersion characteristies during
fixed and fluidised bed operation were
calculated from the results of tracer
experiments usinz a 60 mg/ml solution of

glucose,

Figure 4 shows the arrangement of the
reactor as usesd to perform these experi-
nents,Figures 5a an 5b present the T curves
for the fixed and fluidised beds respecti-
vely,together with the experimental condi-
tions prevalling.

To calculate the dispersion number in the
rezion tested the closed vescel situation
was considered,

For this case the value of Dv/vL can be
calculated using equation (13).

) -vL/D
e ap v, vl
2 2 2
where AT = VT out"v in

AM = Mout— Min
2
Vout ar@;b y Are calculated from the G

curvey presented in Figure 5 whereas Vin
and}Lin are calculated from the input

function,equation (14)

a —t/Z
Cg = 5‘0 (14)
- 2 _ 2 _r2
as Min 6 and v“m "/J"in =6

Since we were unable to take samples
immediately at the boundary of the bed of
particles correction was made for the
column volume above the bed by considerinz
it as an ideal stirred reactor as outlined
by Levenspiel (1).

The Peclet numbers obtained for fixed and
fluidised bed operation are presented in
Figure 6.
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692 - 3.532%)  (15)
-1.,172 -0,0621y (16)

acteristics

a) Determination of
Stactic bed voidages-

achieved within the reactor

as follows:
No. 10 glass

Reactor height for 1000g of

Density of glass fs =
“eactor's internal 4i

stactic bed voidages
€ - in the conditions

were calculated

zlass=30,2 cn
g/cm3
N=4,78 cn

2,205

ameter

Thus €, = Vo -V5 = 0.365

n

n
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No. 3 zlass

Reactor's height for 100Qz of zlass=31.0
cm

e = 2.929 g/cm3
£, = '2-'c
VQ

= 0,386

The Aifferent values of &0 for No, 10
and Wy, 8 glass reflect probably the
fact that different spectra for the two
sizes of glass were present in the samples
b)Determination of Upe 2nd U = g {e)
reiationshios
The bed voidaze ¢ may be calcutated from
equation (12) ¥nowins €,x L, ani the bed
height I at different flows of water
across the reactor,
A log~loz plot (U vs.f£ ) was made and the
least squares method used do obtain the
values of n, Ui’ and Umf fron the non-
vertical portion of the plot.For both si-
zes of glass three teamperatures- 35, 45
and 55 97 - were used,
For No. 10 glass the effect of the sanmple
size was investigated at 4527 by using
samples of 400,600,300 and 1000 g,and
at 552C by using samples of 4G0 and 600z,
The U =U (&) curves for No. 10 zlass are
presented in Figures 7a,7v, and Te, res-
pectively for 35,45 and 55 2C,In Figures
To and 7c it is apparent that there is
no influence of the sample size on the
constants of equation (5).There have
been reports of systems where for hizh
s0l1id loads equation (&) no lonzer app-
lies ( Richardson (4) ).
The predicted constants of equation (&)
may be calculated from fundamental physi-
cal properties of the system and correla -
tions (7) to (11)
The comparison between the experimental
and predicted constants of equation (6)
for No. 10 glass is presented in Table
1.
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TABIT 1 -Comparison between exverimental
and predicted constante of equa-
__tion (6) for Nn. 10 glass

Jemp ]
947 - )
35 45 55
Parameters )
Pexp 3.375 3.374 3,137
i Orred 3.294 3.302 3.224
! i exnp 4,165 4,639 5.112
Ui pred 4.643 5.058 5,482
U,p exs 0.146 0.155 0 20?
Caf prea| 0-192 0.183 ¢,212

For No. 8 zlass,since the sample size had
ny effect on the hydrodinamic conditions
of fluidisation,sanples of 1000g were used
at all temperatures.

The U = U (€) curves for No, O glass are
présented in Figures 85a,8b and 3¢ respecti-
vely for 35,45 and 55¢2C.

The comparison between the experimental and
predicted constants of equation (5) for RNo.
8 ¢lass is presented in Table 2,

3-Comparison betveen measured and correla-
ted dispersion numbers.

To compare the experimental and predicted
values of the dispersion number using equa-

u(e)

tions (4) and (5) a correlation of U =

20.

for No. 10U zlass

TABLY 2- Comparison between experimental
and predicted constants of equa-
tion (5) for Yo. & glass

~Pemp

o~

~ 35 45 55
Paraneters
Mep 3.439 3.299 3.182
Nyred 2.939 2,916 2.853

2 £

Ui exp 11.831 12,227 12.562
Ui pred |10.035 | 10.671 | 11.252
Unt exp | 0.450 | 0.528 0.608
Unf prea | ©0.583 | 0.665 0.744

for the fluidised bed
From able 1,2t 45 97

that U = 4.639 £3°374
solve equation (4) in
mode one needs to use
also be obtained from
ca/sec,

is needed.
, one can write

.Additionally to
the fluidised bed
Jmf.This value can
Table 1 as C,.155

Table 3 presents the comparison between

experimental and predicted Dv/vL values
in both fixed and fluidised beds,

From this Table it uay be seen that the
direction of change with flow rate of the

Dv/vL values we determined is the same as
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TA3LE 3 - Comparison between measured and correlated Dv/vl values

Flow Thung and Bruinzel et levenspiel This work
rate Vien aL correlation
(1/n) correlation correlation _
T 5 4,236 0.000582 0.000977 0.0480
3 _g 12.00C 0.,000572 0.0003%1 0.0232
- 21.360 0.000563 ©,001013 0.0179
S o 12.C00 0.000686 0.160 0.0268
'5.2 17.400 0,001013 0.132 0.,0469
i |24.000 0.001465 0.110 0.131 |

that predicted by the correlation of Chung
and Wen (2) but our own values are much
higher,

Comparison of the measured Dv/vL values for
the fluidised bed mode with those predicted
by the correlation of Bruinzel et al (3)
indicates values of a similar order of
magnitude but a different change with flow
rate.For the fixed bed mode our own Dv/vL
values are uuch higher than those given by
Levenspiel (1).The direction of change
cannot be compared since this latter corre-
lation is expressed graphically by a range
of DV/VL values rather than by an equation.

20.

ZONCLUSIONS

As Table 3 indicates,widely varying values
for Dv/vL are predicted by the correla-
tion of Thung and Ven (2) and Bruinzel et
al (3) for a fluidised bed . lioreover,
none of these correlations are able to
predicted the values we determined in the
fluidised bed mode .The same situation is
true when considering the Dv/vL values
for fixed bed operation,for which in
addition Levenspiel (1) predicts Dv/vl
values lower than those we deternined.
Our Dv/vL values for the fixed bed mode
are more closely comparable with those



determined by larsh and Tsao {(6).
35th correlations quoted above for fluidi-

sed beds have been advocated for the calcu-

lation of DV/VI values:Kobayashi and iloo-
Younz (7) used the correlation of Bruinzel
et a1l (3) , while Liberman and 011is ()
suzzest that of Chung ant Ven (2).

It may however be suggested that until
niore widely applicable correlations are
proven,the only reliable course is for the
investigator to determine dispersion cha-
racteristics for himself.

Concerning the J = U (£) correlations it

may be concluded that the system under stu-

dy is well described by equation (6).

The experimental and predicted values of
the constants in equation (6) for Wo. 10
glass are in reasonable agreement but for
No. 8 glass the experimental values for n
and Ui are underestimated by prediction
Jeading to overestinmates of Umf by as much
as 30 ¢ .

The sample sice had practically no influen-

ce on the correlations deternined,

The data here devrived has proved to be
suitable for the successful modelling of a
fluidised bed imnobilised enzime reactor.
( Cardoso (2) ) .

NOIENSLATURE

equation, (dimensionless)

N Particle Peclet number,(Udp/DU =

Pe
vdp/Dv)

"o Minenciomepe 1" mombeT: (Vyeelt)
NRemf Particlg 3eyn91ds number at mini-
mum fluidisation velocity
(Umfdpef/y?),dimensionless

NRe Particle Reynolds numyer baged

o on the terminal velocity of the

particle,(Uodnefﬂp?),dimensionless

APy, Pressure drop, (GI-1t-2)

APeq Weight per unit area of the heAd,
Go%-2 )

Q Liquid flow rate (L3t71),(1/h)

U Superficial liquid velocity, (Lt™ )

Ui Constant in Richardson and Zaki
equation, (Lt™1)

Umf Superficial minimum fluidisation
velocity, (Tt™1)

Uo Perminal free falling velocity
of particle,(lt'l)

v Interstitial liquid velocity, (U/E)
vt

L Volume of reactor (LB)

\ Volume of solids in reactor(13)

Dimensionléss distance along the
reactor (1/L)
Greek letters

¥

Xinetic parameter for the first
order reaction(L3t-l)

3 Bed voidage of fluidised bed,

<4 Drag zoefficient,(dimensionless) dimensionless
2 /3 1 g ; g3 Bed voidage at incipient fluidi-
:g/vs Glucose/Starch concentration, (L) €. e londlaenaionless
“go %ﬁiﬁ ?l glucose concentration, & Bed voidage of fixed bed,dimension-

a less
? %633F0§ d%?met:r (%{) M ilean of the C curves (t)

v Ax1A ; - -

‘D arvicle dinaetver, M Dinamic viscosity, (@ Yt™1)
,/D, Tffective longitudinal dispersion er Fiuid density,(ML'3)

coefficient based on superficial e 44 ‘&E’3)

and integstig%al velocity,respec~ 8 Solid density, (i

tively, (Lt~ ) 2 p)
g Acceleration due to gravity, (It °) v Variance of the C curves, (t°)
1 ?iitance alongz the bed or reactor, z liean residence time (t)

X 1 for fixed bed,NRemf/NRe for
° ' fluidise eds,dimensionless

L %i?oth of expanded bed or reactor, dised beds.di fonl
L0 Lgngth of fixed bed or reactor,
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A TECHNIQUE FOR THE DETERMINATION OF THE SHAPE OF
A FLUID FRONT PROGRESSING THROUGH A PACKED BED

A. V. BRIDGWATER

G. A.

IRLAM

Department of Chemical Engineering
University of Aston in Birmingham,
United Kingdom.

ABSTRACT

In certain operations it is necessary to
be able to predict the shape of a liquid
front flowing through a packed bed. A
survey of possible methods is given. This
is followed by details of a technique that
has been developed to show how the shape
of the liquid front develops as flow pro-
ceeds through the bed. This is related to
the system characteristics, and ways of

overcoming problems due to the shape of

the liquid front are suggested.

INTRODUCTION

Many manufacturing processes involve the
flow of liquid through a packed bed of
solid particles. The objective of this
work was to study the initial contact be-
tween liquid and solid by measuring the
shape of the liquid front as it passes

through the bed. Theory suggested and

preliminary experimentation demonstrated

that with liquid flowing upwards, an essen
tially flat profile was obtained from wall
to wall under all conditions. This was
not true of downward flowing liquid and

all the experimental work was carried out

in this mode.

MATERIALS AND EQUIPMENT

Right circular cylinders of cellulose ace-
tate were employed for the solid phase,and
glycerol/water for the liquid base. A
procedure was developed to obtain reprodu-
cible packing densities with minimum wall
effects in a 50mm diameter sectioned glass
column with a fixed perforated plastic
support at the bottom., Liquid was intro-
duced over a range of constant back pres-
sures and measurements of the shape were

made at three distances from the top of

the bed.

21.1



DETECTION DEVICE

A range of methods of detecting the liquid
front were considered. As a three dimen-
sional system was involved, any device ex-
ternal to the bed and container would be
unlikely to give sufficiently positive re-
sults. An external technique would prob-
ably rely on transmitted or reflected elec
tromagnetic radiation which would raise a
number of problems such as interference by
the solid particles, safety factors, and
the three dimensional location necessary.
An alternative method would be to monitor
the timing of liquid leaving the bottom of
a packed column through concentric rings.
This was employed in early experimentation
to obtain qualitative information. Inter-
nal devices need to be sufficiently small
and sensitive to detect the liquid front
without interfering with the flow pattern,
and generally fall into the three categor-

ies of ultirasonics, radiation and electri-

cal.

Ultrasonic detection is satisfactory from
a practical viewpoint as the signal gener-
actor or transmitter may be placed in the
liquid bulk, and the receiving crystals
mounted suitably in the bed. These recei-
ving devices may be made sufficiently
small to avoid interference but are expen-

sive with the necessary ancillary equip-

ment .

21.2

Radiation devices require a transmitter
and receiver to detect the arrival of the
liquid front. The degree of miniaturisa-

tion necessary would be difficult and

costly.

Electrical measurement includes measuing
capacitance, resistance, voltage or curr-
ent. The measurement of changes in capa-
citance is theoretically possible but a
suitably small capacitor would impose al-
most impossible sensitivity requirements
on the detection equipment. Resistance
measurement has been found in anemometers
for example, Ior measuring velocity pro-
files, but these are unnecessarily sophis-
ticated and fragile. The completion of an
electrical circuit, i.e. resistance, volt-
age of current change is attractive, as
very small electrodes can be easily and
cheaply manufactured, and any of the three
variables may be directly measured or re-
corded on conventional instruments. This
alternative was chosen for the experimen-

tation due to the ease and cheapness of

manufacture and operation.

APPARATUS AND PROCEDURE

Initially one electrode was placed in the
bulk liquid and the detecting electrodes
mounted in the bed. Due to poor control

and lack of sensitivity this was modified



to a double electrode assembly (Figure 1
and Plate 1) which gave much improved res-

ults.

\\\\ A

/,////

FIGURE 1.

The device was manufactured by positioning
platinum wires in an inert support to an
accuracy of 0.3 mm. The base of the plati-
num electrodes, connecting leads, and inert
support were embedded in epoxy resin. This
was attached to the end of a threaded pipe

which fitted into the spacer shown in

Figure 2.
- p —J Liquid
' Distrikutor/
Electrode
"1
Probe ! 3 Spacer
(/L 7/
e
LLLL
\Y T
S —]
\ FIGURE 2.
Packing [ 1
surport =
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A multipin plug completed the device and

this is shown in Plate 2.

The degree of accuracy was controlled by
the position of the platinum wires which
was held to 0.3 mm in 25 mm or - 0.6%. In-
terference with the liquid flow pattern was
minimised by having a triangular cross sec-
tion (Figure 1) with the space between
individual electrodes cut down.

Five points which were positioned across
the radius of the tube were used on the

device, (Figure 3).

21.4
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FIGURE 3.

Each electrode assembly was connected to
separate channel on a multichannel contin-
uous recorder, which was arranged to give
adequate separation between each trace

(see Figure 4).

FIGURE 4.
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The electrical circuit for one channel is

shown in Figure 5.

+8v

Eprobe 250K
-
10K i

1K 702 qGD | 1OK

12@

FIGURE 5. Ov

The overall apparatus is shown in Plate 3.
A 50 mm., diameter glass column was employ-
ed with a perforated plastic bottom plate
to support the bed. The detecting device
was fitted at the desired distance from
the top by screwing into a special spacer
at a join. This is shown in Figure 3. The
column was filled with solid particles
using a standard gravity filling procedure
that had been demonstrated to give good re-
producibility of packing. A distributor
was then fitted to the top which consisted
of either a gauze or a perforated plate.
Liquid (glycerol-water and some salt for

improved conductivity) was added at const-

21.5
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It was considered important to continue the
packed bed to a significant depth below the
probe to allow the entire liquid front to
pass the proke with minimum end effects.
The possibility of inserting several probes
at 30, 60 and 90 cm down the column was
considered, but the possibility of liquid

maldistribution was considered too great.

RESULTS

The complete programme of experimentation
is not yet complete, but the following re-
sults have been obtained:

1) Low back pressure (initially 2 x 103
¥m~2) and uniformly distributed liquid
at entry. A significant wall effect
was observed as a thin film well in
advance of the bulk liquid. The deg-
ree of advancement increased with dis-
tance down the column which might be
expected with the increased voidage at
the wall and low flow rate. The pro-
file developed most rapidly in this
case which is shown in Figure 6. Other
experimentation under similar condi-
tions showed an exaggerated "finger"
effect in the centre of the bed. This
is believed to be due to the wall eff-
ect described above enhancing radial

flow inwards.

2) High back pressure (initially 20 x 103

21.6
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2) contd.

Nm_z) and uniformly distributed liquid

at entry. The wall effect was not
clearly defined initially but slowly
developed as the flow rate dropped. The
shape of the liquid front developed

more slowly. Figure 7.

3) Low back pressure (initially 2 x 103
Nm™2) and distributing liquid to the
centre of the bed. No wall effect was

observed. The shape of the liquid

front developed from convex initially
to concave whence it would be expected
to develop as for uniformly distributed

liquid. Figure 8.

4) High back pressure (initially 20 x 103
Nm_2) and distributing liquid to the
centre of the bed. The profile adjusts

to the horizontal position more slowly,

and would be expected eventually to

follow the same pattern of developing a

concave liquid front. Figure 9.

The shape of liquid front at any given
point seems to be dependant on flow rate
and initial distribution, although a very
long column is likely to always give a con
cave shape. When more quantitative results
are available, it is hoped to obtain a model
to predict the shape of front. It is 1lik-

ely that the following terms will be invol

ved

a) ratio of maximum deviation of liquid
front from horizontal to column dia-
meter - positive for concavity and

negative for convexity.

b) rate of descent of liquid front or

volumetric flow rate.

c) ratio and location of entry area to

area available for flow.

CONCLUSIONS

The shape of the descending fluid front
is particularly dependant on flow rate and
initial distribution. Careful control of
flow rate and distributor design should
give a flat, convex or concave front as
required for a given column length. It is
likely that other cross sectional geomet-
ries could be similarly analysed, such as
the effect of discontinuities within the
column. For very long columns, it is pro-

bable that the concave front as indicated

in Figure 7, cannot be avoided.
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ABSTRACT

Electrochemical mass transfer experiments
have been carried out involving the
cathodic deposition of copper from aqueous
solutions containing H, SO, for two distinct
cases.

a) Determination of mass transfer rates at
a plane wall electrode in the presence of
a fluidised bed of inert particles (glass
beads). In this work bed height, bead
size and fluidisation conditions have been
varied and a correlating equation

Re -0.39 d"—0.39
P,

i e o= 0. __dp

jpe = © 138[(1_6)] dej

is suggested as applying over the range

Re
0.936 < TT—:ggy < 67. Comparison with mass

transfer data of several other authors is
made which reveals considerable variance.

b) Determination of mass transfer rates
between electrolyte and particles within

an active bed of fluidised conducting
copper particles., Two techniques have been
used:

1. Once through steady state experiments
in which the depletion of solution
copper content is measured.

2. Batch recirculation experiments in
which the mass transfer rate is
indicated by continuous monitoring of
the electrolyte Cutt concentration.

Analysis of the data yields a correlating
equation

R -0 .49
e

i = K gez 3 g, __dap

Jp = u Se 1 55[(1'6)

in the range 2:6 < T§§:7 < 30. This com-

pares very well with another source for
electrolytic fluidised bed mass transfer,
but is somewhat lower than other equations
for particle to fluid non-electrclytic mass
transfer. This work is of importance in

22,1

Dorset, England

the design of electrochemical fluidised
bed reactors for metal extraction and
effluent clean-up processes.

INTRODUCTION

The past decade has seen a considerable
effort in research and development of
fluidised bed electrochemical reactors.
The attractions of high specific surface,
good mass transfer rates and other prop-
erties has led many workers to believe
that fluidised beds possess many advant-
ages over conventional plate cells in
areas such as organic electrosynthesis,
metal recovery and pollution abatement
from metal-containing effluent and even
primary metal winning from ore leach
liquors. Pioneering work was undertaken
by Backhurst [1,2], and further experim-
ental and theoretical development was due
to Fleischmann et al [3-6] and Goodridge
[7,8]. Larger units were demonstrated
for cathodic copper extraction by
Wilkinson and Haines [9] and later in
further work by Germain and Goodridge
[10]. Among other contributors in this

field are Kreysa, Pionteck and Heitz [11]



who worked with non-conducting and conduc-
ting beds, and Sabacky and Evans [12] who
have discussed metal phase conductivity
and presented a more refined model. The
properties of bipolar fluidised beds have

also been investigated [13].

Whereas the foregoing work deals with flui-
dised electrode applications, i.e. cells

in which the fluidised particles are con-
ducting so that the bed is electro-
chemically active throughout, a simpler
type of cell has also received attention
wherein the fluidised particles are elect-
rochemically inert and simply serve to
enhance mass transfer and modify the elect-
rodeposit at a conventional plate or grid
electrode immersed in the bed. This is

the basis of the 'Chemelec' cell developed
at the Electricity Council Research Station,
Capenhurst, England, and described by

Lopez-Cacicedo [14].

An important property of such cells (of
both types) in their design and scale up
is their mass transfer performance. 1In
many applications where supporting elec-
trolyte is present, the problem reduces to
a diffusion-convection situation similar
to that obtaining in non-electrochemical
mass transfer such as in particle dissol-
ution or crystallisation. The designer
needs information on how the rate of
electrochemical mass transfer to a surface
in a fluidised electrolyte or between the

particles and fluid in a fluidised
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electrode, vary with such operating para-
meters as particle size flow rate and bed
expansion, Some variable data exists for
fluidised electrolytes [15-19] but very
little for particle to fluid transfer in
active beds. Pickett [20] in analysing
results for dissolved oxygen reduction on
silver by Fleischmann et al [5] presents

the equation

"Re -0.5
K | ge2/3 - 1. __dp
3¢ sc 1.52 [(1_6)] 1)

which he shows to lie close to an earlier
equation for non-electrolytic mass

transfer given by Chu et al [21].

EXPERIMENTAL

The present work made use of a side-by-
side electrode configuration consisting
of parallel 1 cm x 5 cm flow channels

(]--~

(Fig. 1).

Figure 1. The fluidised bed cell.

- reference electrode
- cathode feeder

- fluidised particles
glass sinter

- calming section

- anode

- diaphragm
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A supported ion exchange membrane (Ionac)
separated the catholyte and anolyte
channels and the particles were supported
on glass sinter inserts. A plane copper
sheet acted as cathode feeder electrode
and presented a 5 ¢cm x 20 cm surface to
the electrolyte. Four distinct types of
experiment were carried out:

a) Investigation of mass transfer of

cutt

ions to the plane copper feeder cath-
ode from plain electrolyte and electrolyte
containing glass ballotini particles. The
use of a copper anode with recirculating
electrolyte ensured a fairly constant cu™t
concentration.

b) Investigation of current-potential
characteristics and of mass transfer of
cu't ions to active cathode beds of copper
particles, the anode being a similar
copper particle bed so that again the re-
circulating mixed electrolyte composition
remained constant.

c) As b) but using an inert Pb anode

(0, evolution) so that a progressive

depletion of Cu*'+

took place over a period
of several hours as the 10 dm® electrolyte
batch was continuously recirculated.

d) As c) but using a once through cath-
olyte flow system so that a batch of Cu++-
weak producted was collected from a cutt-
strong feed.

cutt concentration was continuously mon-
itored, using for relatively strong
solutions, a linear readout U.V. spectro-

photometer at wavelength 810 nm and, for
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dilute solutions as achieved especially
in the c¢) series experiments, an Atomic
Absorption spectrophotometer at a wave-
length of 324.8 nm. (Some terminal con-
centrations achieved were as low as

0.12 ppm from a starting concentration

of ~ 100 ppm thus illustrating the poten-

tial application in heavy metal effluent

clean up.)

Cathode potential was controlled using a
Chemical Electronics 20/20A potentiostat.
A saturated calomel electrode was used as
reference electrode the luggin salt bridge
tip being normally positioned at the bed
surface pointing toward the feeder elect-
rode though other positions were also in-
vestigated. The electrical circuit is
depicted in Fig. 2 and further detail of
apparatus and experimental techniques

used may be found elsewhere [22].

9 o=
ra
RE Mqg ncmrgtor
SCE se
tiostat
- +
xy or y-t
recorder
FIGURE 2. The electrical circuit.
SCE ~ saturated calomel electrode
WE - working electrode
RE -~ reference electrode
SE - secondary electrode

The experimental approach to the determin-
ation of wall mass transfer coefficients
was a straightforward application of the
Limiting Diffusion Current Technique

(LDCT). The use of the LDCT in chemical



engineering is well documented [23,24] and
will not be describéd in detail here. The
approach is to determine the limiting
electrolysis current for a diffusion
controlled process by identifying the
plateau region on a current-potential plot

and then using the simple equation

ILim
zFAcm

K = (2)

to calculate the mass transfer coefficient,
since the interface concentration of the
consumed species approaches zero. However,
due to the problem of non-uniform potential
distribution in the case of conducting beds,
the problem is much more complex and it
cannot be assumed that all parts of the

bed are operating near or on the limiting
plateau.

This problem is discussed more

fully later and especially in [23].

In the ensuing data treatment, the electro-
lyte viscosity and density have been taken
from Eisenberg et al [25] and the diffus-

ivity from Arvia et al [26] as interpreted

by Wragg and Ross [27].

RESULTS AND DISCUSSION

a. Electrolyte to wall mass transfer

(No-fluidisation)

Typical current-potential curves in the
absence of particles are indicated in Fig.

3 and values of i, . so determined were

Lim

correlated in terms of Shde against Rede

as shown in Fig. 4. The equation of the

solid line through the data points is

= 8.15 Re 0 .64

Shde de

3)
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which,

since the Schmidt number has a

value of 2674 can, by using a !/, exponent,

be written as

= . 0.5 o
Shye 0.602 Reg, 4 Sc¢°-33 4)
It is notable from Fig. 4 that there is a
o0} 203cm s
O{EL I2lcm ¢
%
006} O57cms’
004t O2cmé'
0-02f
o L . 1
-Of ~03 -05 -07
E volts
FIGURE 3. 1/A against E curves for wall
electrode with no fluidisation.
c = 0.0114 M
500
3001
200
Smk
100} . ¥
..
p o °
5Ol
1 1 1 - 1 ]
30 50 100 300 S00 1000 2000
R%n
FIGURE 4. Shde against Rede for mass

transfer to the wall electrode.

deviation

from equations (3) and (4) at

low Re due to the significant contribut-

ion of free convection effects.

The

results indicated by equation (4) lie

higher than the predictions of the



Blasius-Pohlhausen equation for develop-
ing laminar flow by a factor of 3. This
difference is due both to the disturbance
of the flow by its passage through the
interstices of the distributor and also
to the well known effect of secondary
flows enhancing transfer processes in the
corners of rectangular channels. The
above equations are not of particular
significance in themselves but were used
in order to estimate the mass transfer
rates from the electrolyte to the wall in
the region above the level of the bed
during the fluidisation experiments. The
current value so calculated was then sub-
tracted from the total observed current

to yield that for the fluidised section

of the wall alone.

b. Electrolyte to wall mass transfer with

an inert fluidised bed

Figure 5 details typical total current-

potential curves obtained with glass
ballotini fluidised beds, fairly well-
osr u-aoac:‘;"/
2-78’”/
% o4}t 2‘52;/-/
‘ . "ﬁ 2.27)///
o7l 203 1:56
1121
089
2 erriow
o.‘ [ 1 A 1 i 1
-035 -045 -055 -065
E (VRsCO)
FIGURE 5. I/A against E curves for wall

electrode with fluidised electrolyte

dp 548 ym; ¢ = 0.012 M, 50 g bed.
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defined limiting plateaux being observed.
All subsequent data discussed have been
corrected for the effect of the convective
transfer to the wall electrode (feeder)
alone in the open channel above the bed
via the use of equation (3). Three bed
weights of 30g, 50g and 70g were used for
each of the three mean particle sizes

d

p
with each experiment repeated,

= 274 ym, 386 uym and 548 ym giving,
a total of
446 data points for this part of the work.
The enhanced mass transfer due to the
presence of the fluidised bed as compared
to that for electrolyte flow alone is

illustrated for a 50g bed for the three

separate particle sizes in Fig. 6.
25~
dpipMm,
sk _Egi)
. 274
x 386
K* 10, o 548
(cms™)
osf w/
4 Al L 1 L 1 J
(o I 3
ufems,
FIGURE 6. Comparative etfect of tluidised

bed on wall mass transfer.

The increase in K is seen to vary between
about 8 and 4.5 which is a similar range
to that observed by workers such as Carbin
and Gabe [16] who used a small vertical
solid copper cylinder immersed in a cylin-
drical ballotini bed, Jottrand and
Grunchard [17] who used a planar electrode

in a cylindrical bed, Couret et al [18]



who used small cylindrical probes and King
and Smith [28] who used a cylindrical wall
test electrode.

Figure 7 shows a plot of K against : as

23

- |

17
(¢ 1} (o] ] o7 o8

FIGURE 7. Plot of mass transtfer coeffic-

ient against fluidised bed voidage.

a function of particle size and distinct
maxima are observed in the graphs at a
value of ¢ ~ 0.7 to 0-75. The data of
Smith and King [15] exhibited a similar
trend giving a fairly broad peak compar-
able with those of Fig. 7 at = ~ 0.7,
The maxima values ¢ ~ 0:.65 of King and
Smith [23] and ¢ ~ 0.7 of Jagannadharaju
and Venkata Rao [19] also show close
agreement with the present work. On the
other hand the work of Carbin and Gabe
[16], Jottrand and Grunchard [17] and
Coeuret [18] suggest a much sharper peak
K in the range 0:55 < ¢ < 0.6. Bordet

et al [29] have measured the kinetic energy
of fluidised ballotini using a membrane

probe linked to a piezo-electric crystal.

They found that the kinetic energy passed
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through maximum at ¢ »~ 0.58 and concluded
that the phenomena of maximum kinetic
energy and maximum mass transfer rate

are closely related.

It is difficult to account for the two
relatively clearly defined ranges of ¢
over which peak mass transfer coefficient
values have been observed. But those in
the range 0:.65 < ¢ < 0.75 are from work,
including the present, involving fluid to
wall mass transfer [15, 28, 19], whereas
those in the range 0:.55 < ¢ < 0.6 have all
been concerned [16, 17, 18] with mass
transfer to a small test electrode immer-
sed in the bed. It appears therefore
that results from a small probe test
surface are not thoroughly representative
of wall processes, especially for low
de/dp ratios where the local wall voidage
is higherthan the overall value for the
bed.

Figure 8 shows a good correlation for the
mean of each pair of data points, the

straight line through the results having

the equation

1

Red_ —0.39d .39
0.87 = Q. P
¢.Sc 0.138 TT-_——E') de (5)

over the range 0.936 < Redp/(l—e) < 67.

It is not possible to compare (5) directly
with equations of other authors, only

Smith and King [15] having found a particle
size effect which they attributed to

wall and agglomeration effects,

producing two separate equations for

different ranges of de/dp. However it is
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FIGURE 8. Plot of JD€ against TT:ET de
fluidised bed. -

possible to deduce a general equation for
comparison purposes by evaluating (5) for

the intermediate particle size used, i.e.

dp = 386 ym, the geometric mean of the
three sizes used. Thus equation (5) becomes
Re -0.3¢
i ¢ = 0.60|-=<3P
ip ¢ 0 Go[ﬂfe) (6)

Figure 9 compares this equation with those

2 3 -5 ! 2 3

(&la

(e

for wall mass transfer in the presence of a

of other authors as detailed in Table 1.
It can be seen that the present results
lie squarely among the others and also
that there is considerable variance among

proposed correlations.

c. Particle to fluid mass transfer in an

active bed with time-steady concentration

L
100

FIGURE 9. Comparative correlations from

various sources (see Table 1).
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(Operating mode 2)

For experiments with an active conducting
bed the problem of non-uniform potential
distribution and hence the loss of well-
defined limiting plateaux on the i-E
curves is encountered. A typical set of
polarisation curves for an inlet cu™ con-
centration of ~ 1.3 x 10-* M is shown in
Fig. 10. A current wave at low E is
obtained and a near linear portion at high

E. Walker [22] has termed these '"the



Constants 1in

TABLE 1 equation x Re
Curve Re d_/d dp
Author (s) on JDe=a{TTgEJ e p System 1-2) Se
Fig.9 £
a X
Smith and King 1 0.3210.38 41-105 | Cylindrical wall . 7-1067 580-2100
(15) 2 0.54 ] 0.44 17-27 mass transfer 34-2334
Jottrand and Plannar test elec~
Grunchard (17) 3 0-4510-375 93-360 | i o0de in cylin- 6-200 1250
drical bed
Jagannadharaju Inner anode of
and Venkata Rao 4 0:43 | 0.38 8-27 annular bed 200-23800| 1300
(19)
Coeuret et al _ Various cylin- _
(18) 5 1.2 0.52 93-290 drical probes 6-200 1250
Carbin and Gabe 6 1.24 | 0.57 80~-150 Cylindrica} test 0-1-70 H87-1777
(16) electrode in
cylindrical bed
Rectangular _ -
Present work 7 0.6 0.39 43 channel wall «+936-67 ~ 2675
mass transfer

0'3(

ol Cot3m0M
o (| ' ' - e
ol o2 03 [ Y] 0é
E {wits)
FIGURE 10, Typical current-potential
curves for a conducting bed.
50g bed; dp = 274 um.
...... ;-R‘.--“""“""
mit
TT- To e gmmmmm--
background current
&
FIGURE 11. Illustration of terms ''limiting

gradient" and 'background current".
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background current'" and '"the limiting
gradient'" as depicted in Figure 11. The
low E wave is probably due to the lower
regions of the bed operating outside the
region of cathodicity so that a local
anodic dissolution occurs with redeposit-
ion in the upper regions, a phenomenon
first recognised by Flett [30]. 1In the
limiting gradient region the upper part of
the curve is in the cathodic H;, evolution
region. A true estimation of a limiting
current is thus impossible. Walker [22]
has commented on the conflicting reports
in the literature concerning the obtain-
ability of limiting currents in fluidised
bed cells. By measurement of both inlet
and outlet catholyte cutt concentration,
current efficiency for cutt deposition was
calculated and due to the anodic dissol-

ution effect at one extreme and the



co-evolution of H, at the other, these
showed a marked deviation from 100% as
illustrated in Fig. 12 for a bed of 274 _m
particles with an inlet concentration of
approximately 2.6 x 10-3 M. Efficiencies
of 75 to 80% are obtained over much of

the potential range.

S
: &8
x O -
® OS9 Cdz6ﬂO3M

25

1 | 1 1 1
X o2 63 04 05 06
E (volts)

] J
07 08

FIGURE 12. Current efficiencies for a

274 ym conducting bed as a function of E.

For the purpose of mass transfer coeff-
icient calculation the diffusion limiting
condition was taken to be that where maxim-
um degree of copper extraction took place,

and a log-mean concentration difference

was used. Data were correlated by the
expression
R -0 .51
e
. oo, dp
Ip 2-0 (1-: (7

though as can be seen from Fig. 13 the
results exhibited considerable scatter
Also included on this plot are the equat-
ions due to Chu et al [21] and Upadhyan
and Tripathi [31] and an indication of
the data spread of the latter authors

from which it can be seen that the present
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. data spreadof
< 2 Upadhych and
Tripathi

oS | culve  source

1
2 10 N
o3} 3 Upcgdhyah and Tripathi DN
4 Chuetal N
1 [ [ | 1 L | 1 1\ AN ]
| S 10 SO
Reap/f-©)
FIGURE 13. Comparison of mass transfer

data with other correlations for fluid-

ised beds

electro-chemical results lie toward the
lower extreme of this spread.
In order to clearly compare the perform-
ance of a conducting bed with a planar
electrode or a non-conducting bed, current
density factors similar to those proposed
by Kreysa [11] et al are helpful. The
factor fé is defined here as

I-1;

£ =A—ni (8)

lpl
and Figure 14 shows values of this parame-
ter as a function of bed potential and
illustrates the enormous increase in the
current supported by an active bed as

compared to that of a plane electrode.

d. Mass transfer for an active bed with

batch recycle of electrolyte (Operating

mode 3).

These experiments were conducted with a

recirculating batch of electrolyte of
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FIGURE 15. Change of normalised concen-~

ment factor, fé with potential

nominally 103 M cutt with an inert anode
(Pb grid) at which O, evolution took place
so that due to the net deposition of cutt

a progressive depletion of the Cu++ content
of the batch took place. This situation
has recently been modelled by Walker and
Wragg [32], the equation for the cu'™
concentration change with time for diff-

usion limiting electrolysis with plug flow

in the cell being

c; () = ¢§ exp(-Lf1-exp ("KARL)) ®)

More recently, Mustoe and Wragg [33] have
shown that the plug flow assumption is
reasonable in beds of this type, dispersion
effects being small.

The effect of varying cathode potential on
the normalised concentration change with
time is shown in Fig. 15 where the fact
that little change in the rate of deplet-

ion occurs as the potential changes from

-0:4 to -.55 volts suggests that limiting

tration with time in batch recirculation

Potential -E (volts) (rel. sat. cal.)
® Open circuit 0 0.400
A 0.100 X 0.550
v 0.250

conditions are approached at the latter
potential, (With no applied potential
the concentration is seen to rise with
time due to spontaneous dissolution.)
The normalised current histories corres~
ponding to the conditions of Fig. 15 are

shown in Fig. 16 where it is apparent

-0

75

25

le) ] 1 1 1
o} 30 60 . S0
t (ming

FIGURE 16.

for batch recirculation.
-E(SCE) (volts) -E(SCE) (volts)
A 0-.100 v 0.250
0 0.400 X 0.550

Normalised current-time plots
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that a limit is reached at long times

where no further fall in I, occurs. This
unproductive (H2 evolving) current is
termed the residual current and in order

to take its effect into account further
plots were made [22] in terms of the resid-
ual corrected and normalised current In
(i.e. (It-Ir)/(Io_Ir)‘ Since limiting
conditions were approached at potentials of
E = -.55v a series of experiments were
performed at this potential in which the
effect of various parameters were invest-
igated. These results will be published
in full elsewhere [34] but an example of
the c-t behaviour is given as Fig. 17 for
a constant voidage of 0.552. From such
results and by application of equation (9),
the mass transfer coefficient K was eval-

uated for a number of conditions, results

being plotted on Fig. 18 and compared with

O
o075+ € =0552
C
. Gf) Qe
050 o 274 535
x 386 854
e 548 155
0251
oO 30 60 |
. 120 50
tﬁmugf
FIGURE 17. Normalised concentration-time

curve for batch recirculation at constant

voidage.

30—(~

" e batch recycle

\ o single pass

IoF
o5l

™ 2™\ data spread for

L~ curves 4and 5

~ ~

02 i L1 a1l L1 1™

! 5 10 S0

Reap/li-©)

FIGURE 18,

Plot of JD against modified

particle Reynolds number for batch recycle

and single pass mass transfer results

Curve Source
1 Equation 10 (present)
2 Equation 11 (Pickett)
3 Equation 7 (present)
4,5 Upadhyay and Tripathi
6,7 Chu et al

the results from the previous section and
with the other sources of data discussed
earlier [21, 31]. The present data are

well described by the equation

Re -0 .49
jp = 1-55 TT%E;l 10)

which agrees very closely with the cor-
rected form of an equation due to Pickett
[20] which is based on an analysis of the

0, reduction data of Fleischmann et al [5]

2
“0 .5

Re
. d
ip = 1'52[?T:§7 (11)
(Pickett's equation [20] contains an
erroneous ¢ deriving from a mis-stated

mass balance in the analysis of Fleischmann
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and Oldfield [3]). It is apparent that
equation (10)indicates lower mass transfer
performance than that given-by the results
of the work in -the previous - section
(equation (7)) where some particle agglom-

eration may have improved the metal phase

conduction,

e. Mass transfer for operation-in-the once

through mode (Operation mode 4)

By operating the cell with once~through

flow of catholyte and collecting the

final concentration via batch recircul-
ation. The straight-through mode is seen
to give much more favourable process

times..under the conditions investigated.
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NOMENCLATURE
Cu+t-dep1eted product, mass transfer co-
a Electrode specific surface
efficients were calculated via the equation
A Electrode area
(for plug flow)
A’ Active area in direction of current
_ 0 ~kAal,
Co =% exp(\ Q > (11) flow
and such values are also included on Fig. c Concentration
18 where they are seen to -agree very well C, Outlet concentration
o . .
with the results of the previous section. C; Imnitial inlet concentration
Table 2 shows the percentage extraction C Concentration at time t
achieved during the straight through runs C, Normalised concentration ct/bg
and also includes a projected process time d, Channel equivalent diameter
to treat 10 dm® of electrolyte.so that dp Particle diameter
comparison can be made with. the process D Diffusion coefficient
time necessary to achieve an identical € Bed voidage
Table 2
Comparison of single bass and batch recycle modes
RN e “Single pass mode Batch recycle mode
Voidage % extraction process t%mgéfgigg) process time (mins)
0.49 92.9 55 140
0.552 81.4 31 66
0-6 73.2 21 36
0.638 63.8 17 24
0.67 55,8 13 16
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E Electrode potential Fleischmann, M., J. Electrochem. Soc.

F Faraday number 116 (1969), 1600.
i Current density 3. Fleischmann, M. and Oldfield, J.W.
1,; current density at feeder electrode J. Electroanal. Chem. 29, (1971) 211.
alone 4. Fleischmann, M. and Oldfield, J.W.
I current J. Electroanal. Chem. 29, (1971) 231.
1% feeder limiting current with fluid- 5. Fleischmann, M., Oldfield, J.W. and
ised electrolyte Porter, D.F., J. Electroanal. Chem.
I, residual current 29, (1971), 241.
I, normalised modified current 6. Fleischmann, M., Oldfield, J W. and
= (It - Ir)/Io-Ir) Tennakoon, L., J. Applied Electrochem.
I, Current at time t 1, (1971), 103.
Io Current at time zero 7. Goodridge, F., Holden, D.I., Murray,
jD Mass transfer j-factor H.D., and Plimley, R.F., Trans.
K Mass transfer coefficient Instn. Chem. Engnrs. 49, (1971), 128,
L Electrode length 8. Goodridge, F., Holden, D.I., Murray,
RSC Potential measured Relative to H.D. and Plimley, R.F., Trans. Instn.
Saturated Calomel Electrode Chem. Engnrs., 49, (1971), 137.
Q Flow rate (volumetric) 9. Wilkinson, J.A.E. and Haines, K.P.,
Redp Particle Reynolds number (dpup/u) Trans. Instn. Mining and Metallurgy,
81, (1972), 157.
Se Schmidt number (u/pD) 10. Germain, S. and Goodridge, F., Electro-
Shde Sherwood number (Kde/D) chim. Acta, 21, (1976), 545.
. Tluid velocity 11. Kreysa, G., Pionteck, S. and Heitz, E.A.
z number of electrons exchanged J. Applied Electrochem. 5, (1975), 305.
v fluid viscosity 12, Sabacky, B.J. and Evans, J.W.,
P fluid denmsity Metallurgical Transactions B, 8B
m current efficiency 1977y, 5.
13. Goodridge, F., King, C.H.J. and Wright,
A.R.,Electrochim Acta, 22, (1977),1087,
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ABSTRACT

Low concentrations of ethyl lead salts can
be removed from aqueous solutions
containing a high chloride ion concentrat-
ion by adsorption onto activated carbon.
The limiting factor in their removal from
aqueous solution is the extent of
oxidation of the triethyl lead species to
the diethyl lead species in the presence
of activated carbon. Supression of the
oxidation reaction by pretreatment of the
activated carbon by reducing agents such
as sodium thiosulphate or sodium boro-
hydride, greatly improves the loading of
lead on carbon. Fixed bed column work
indicates that by using the pretreatment
technique, hundreds of bed volumes of
effluent may be treated giving loads of
lead on carbon of approximately 1.0% w/w
before break-through is reached. The
eventual viability of the process for the
treatment of large flows of effluent is
dependent upon the successful regeneration
of the carbon bed.

INTRODUCT ION

During the manufacture of tetra-alkyl lead
antiknock compounds, an aqueous effluent
is produced which contains trace quantities
of organic lead salts in an aqueous

solution of high chloride ion concentration.

Organic lead salts are soluble in the
aqueous phase and cannot be removed from
solution by pH adjustment followed by
precipitation and filtration.

Methods of treatment have been developed
which can reduce lead levels in the
effluent to less than Smg/l. For instance,
the organic lead salts can be complexed by
sodium diethyl dithiocarbamate and removed
into the organic phase by solvent extrac-
tion (1). Alternatively, they can be
reduced by sodium borohydride to the tetra-
alkyl and hexa-alkyl dilead products which
can then be removed by settlement (2).

Both these treatment techniques suffer from
the disadvantage that a reagent which
itself may be a potential polluant must be
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added to the aqueous phase to remove the
organic lead species.

There is therefore a need to develop a
process which avoids this problem and is
capable of reducing the organic lead
species in aqueous solution to any value
which may be required to comply with
future discharge limits.

A possible method of achieving this aim

is to absorb the organic lead species onto
activated carbon in a fixed bed adsorption
column. Activated carbons have been used
extensively in water purification
processes for removing a wide variety of
metal ions and organic species at low
concentration in solution. They would
therefore appear to offer a potentially
effective, low cost technique for

treating the aqueous effluents containing
organic lead alkyls.

SELECTION OF THE ADSORBENT

The activated carbon used in the exper-
imental work was selected from a number

of carbons after an extensive series of
screening tests. In these tests isotherm
data for the activated carbon/triethyl
lead chloride system were determined. The
adsorption experiments were carried out

at 259C using a neutral solution contain-
ing 25mg/1 Pb as the triethyl lead salt
and 0.083M sodium chloride. During the
course of this work it was observed that
the isotherm characteristic was dependent
upon the extent to which the triethyl lead
species were oxidised to the diethyl lead
species (3). It was found that the pres-
ence of carbon itself catalysed the
oxidation reaction to form the diethyl
lead ions. This effect was detrimental

to the overall loading of triethyl lead

on carbon as the diethyl lead species was
less readily absorped onto the carbon than
the triethyl lead species. When the
oxidation of the species was suppressed

by adding 0.05M concentration of sodium
thiosulphate to the solution, a Langmuir
isotherm characteristic was obtained,Fig 1.



When the oxidation reaction was not
suppressed, then the isotherm character-
istic was unfavourable.

A number of neutral and basic carbons were
investigated and from them activated
carbon A3/8 was chosen for the packed
column work. The properties of this
carbon are summarised in Table 1. The
specific surface area of the carbon was
determined from pressure drop data using
the Carman-Kozeny equation.

EXPERIMENTAL

The major aim in the experimental work was
to determine the mode of operation of a
fixed bed column packed with activated
carbon so that its merits as a process for
treating the industrial effluent could be
extablished. Hence, in the experimental
work particular emphasis was placed upon
accumulating data on the break-through
times and loading of lead on the carbon.
In addition, with a view to scale up, it
was anticipated that analysis of the
performance data should yield information
on the mass transfer and oxidation rates
of the ethyl lead species in the column.

Preparation of the column

Before the activated carbon was packed in
the column, it was ground and sieved to
give material of a suitable particle size,
typically 2.5mm. It was then degassed by
placing it under water in a vacuum for 24
hours prior to use. This procedure removed
air from the pores and prevented the
collection of air bubbles in the column.
Finally, the carbon was packed into the
column under water in order to prevent air
inclusion in the bed.

Fixed bed apparatus

The equipment for providing a steady flow
of effluent to the adsorption column at a
constant temperature is shown in Fig. 2.

The dimensions of the packed section of the
column were 23mm diameter x 520mm long and
hence when fully packed it contained about
S56gm of carbon. The column was surrounded
by a water jacket through which effluent
was pumped before entering the column so
ensuring that isothermal conditions in the
column were maintained. There were five
sample points down the length of the column
through which effluent could be collected
periodically for analysis. The column was
fitted with quick acting valyes so that a
step input flow of effluent to the column
could be achieved.
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Procedure

When the packed column had been fitted to
the apparatus it was back flushed to
remove any residual air in it. Effluent
was circulated from the bulk tank,
through the heating coil and column water
jacket and back to the tank until thermal
equilibrium had been achieved. A step
input of effluent was then introduced

to the column and samples collected
periodically until break-through was
reached. These samples were analysed for
diethyl lead ions and diethyl plus
triethyl lead ions in a solution as the
complex diethyl lead 4 (2-pyridylazo)
resorcinol (PAR) at pH 9 using a Pye-
Unicam Sp 8000 spectrophotometer (4).

Three effluent flowrates through the
column were selected for study; a laminar
flow (Re = 1), flow approaching the
transition region (Re = 5), and a
turbulent flow (Re = 20). The corres-
ponding volume flows through the packed
bed ranged from 0.2ml/s to 4.0 ml/s.

The effects of temperature on the
adsorption process were evaluated by
carrying out runs at 259C and 35°C.

Two groups of experiments were conducted.
In the first group break-through curves
were determined in the absence of
reducing agent either in solution or on
the carbon. In the second group, the
break-through curves were determined
when the oxidation reaction for the
conversion of triethyl lead ions to
diethyl lead ions in the presence of
carbon had been suppressed by the use of
reducing agents adsorbed directly onto
the carbon prior to its use in the column.

In the first group of experiments a
standard effluent solution was used
containing 10mg/l Pb as triethyl lead
chloride and 0.83M NaCl. In the second
group of experiments the same standard
effluent was used but in addition it also
contained 500mg/1 of Na$30z. This latter
constituent is usually contained in the
industrial effluent at a similar concen-
tration.

RESULTS AND DISCUSSION

Column performance in the absence of pre-

treatment of the carbon

A typical set of column break-through
curves are shown in Fig. 3 for an effluent
containing no reducing agent in solution.
The overall shape of the break-through
curves were maintained at the high flow-
rates but the triethyl lead ion



concentration increased more rapidly and
the diethyl lead ion concentration
decreased relative to that obtained at the
lower flowrates.

The unusual feature about these break-
through curves is the concentration
plateau that the triethyl lead ions
remain at for sometime before tending to
a value such that the total organic lead
in solution is equal to that at inlet.
This plateau concentration represents a
temporary steady state between the rate
of bulk transport of triethyl lead ions to
a point in the column and their rate of
removal from solution, by the carbon.

The results from a number of runs were
analysed in order to establish the rate
controlling process for plateau conditions.
For a first order mass transfer mechanism,
a plot of log Cp, plateau concentration,
against the column length should give a
straight line relationship. A good
correlation was obtained, but the
correlation was equally satisfactory when
the results were analysed in terms of a
zero order mechanism so this approach did
not uniquely define the rate process,

A useful test of the rate controlling
mechanism is to plot the plateau
concentration against the residence time
of fluid in the column. For both zero
order and first order models, at equal
residence time, equal plateau conditions
were not obtained for different flowrates
in the column. This is typical of a
situation in which 1liquid phase mass
transfer conditions are controlling.

Analysis also demonstrated that the first
order reaction rate constant showed little
variation with temperature and therefore
the conversion of triethyl lead ions to
diethyl lead ions by an oxidation reaction
was not a rate controlling mechanism at
plateau conditions.

Finally, if a mass transfer controlled
mechanism exists, there should be a
relationship between the apparent mass
transfer coefficient calculated from the
log/linear plateau gradient and Reynolds
number. When the apparent mass transfer
coefficient, which is expressed as

K dp, was plotted against Re, Fig. 4, a
o v good correlation was obtained.

From the foregoing evidence it was con-
cluded that at plateau conditions, the
triethyl lead ions were removed from
solution by a first order liquid phase
mass transfer mechanism, at a rate
proportional to the rate of bulk flow at
a particular point in the column.

A similar analysis of the data established
that the oxidation of triethyl lead ions
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to diethyl lead ions conformed to a zero
order reaction model. For a zero order
reaction, the reaction rate should be
independent of the flowrate for similar
effluent inlet conditions. Within the
limits of experimental error this was
found to be the case, Table 2. On the
other hand, for a chemical reaction the
effects of temperature should be apparent.
As seen in Table 2 the reaction rate has
almost doubled for a temperature rise
from 25°C to 35°C.

The performance of the fixed bed
adsorption system under these non
reducing conditions was assessed in
terms of the bed volumes of solution
treated at break-through, load of lead
on carbon at break-through, and final
load of lead on carbon at exhaustion of
the bed. A break-through level of 1lmg/1
of Pb as organic lead was considered to
represent a realistic degree of reduction
in concentration for practical purposes.
A summary of this performance data for
samples taken from the bottom of the
column is set out in Table 3. Consistent
results from other sample points up the
column were also obtained but for the
sake of brevity are not included in the
table.

The main features of these results is
that at break-through, both the loading
of the lead on carbon, and volumes of
effluent treated are critically
dependent upon the flowrate, and hence
the residence time of the effluent in

the column. The correlation between bed,
volumes treated before break-through
against residence time is shown in Fig.S.
The inference of this plot is that column
performance could be improved by
increasing the length of the column.

After two of the runs had been completed,
samples of carbon were taken from the
column well mixed and analysed for total
lead. The lead on the carbon was mainly
in a form that could be extracted into

an acid solution as inorganic lead.

Only a small amount of lead was removed
into a non-polar solvent. The lead would
therefore, seem to exist on the carbon
mainly in an ionic form.

From a practical point of view the
operating time of the column before
break-through was relatively short and
the result and loads of lead on the
carbon were small. Great advantages
could be gained if the column could be
operated in the plateau region, including
longer run times to break-through, higher
lead loads on the carbon and a very
stable effluent concentration. None of
the runs performed managed to achieve a
plateau below the desired break-through
level of 1lmg/l Pb as organic lead. As



shown in Fig. 6 plateau concentration of
trialkyl lead ions in solution decreases
in a first order manner with column length
and hence residence time of effluent in
the column. It should be possible, by
increasing column length, to obtain a
plateau below 1lmg/1 Pb as the triethyl
lead ion in solution. Unfortunately,

the diethyl lead ion concentration in
solution increases in a zero order manner
with column length such that as the
plateau concentration decreases, the
diethyl lead ion concentration increases.
The net result is that the total organic
lead in solution passes through a minimum
with column length as illustrated in Fig.
7. It can be shown that at reasonable
flowrates for practical column sizing and
operation, this minimum is above 1lmg/l Pb
as total organic lead in solution. There-
fore, operation of the column at a break-
through of 1mg/1 in the plateau region is
prevented by the formation of diethyl lead
ions in solution.

For the process to be an economic
proposition on an industrial scale,
improvements in both operating time and
load of lead on the carbon were required.
The most direct way of improving column
performance was to eliminate the oxidation
reaction which lead to the presence of
diethyl lead ions in solution. Comparison
of column loads with batch isotherm data,
particularly that obtained under reducing
conditions suggested that such
improvements were possible, (3).

Column performance using activated carbon

pretreated with a reducing agent

The pretreatment agents were 1.0M sodium
thiosulphate and 0.1M sodium borohydride
in alkaline solution. Carbon was pre-
treated by soaking it in a know weight of
a standardised solution of the required
reducing agent and maintaining the
mixture under a vacuum for 48 hours. The
uptake of reducing agent on the carbon was
then calculated by back titration to
determine the residual amount of reducing
agent left in the filtrate after the
carbon had been separated.

A series of runs were performed at 25°C
using a flowrate giving a Reynolds No.
of about 1.45. The standard effluent
solution was used but in addition to
sodium chloride in solution, it also
contained 500 mg/1 of Na;$,03.

For the purposes of comparison a series of
runs were performed using this same
effluent in a column packed with carbon
which had not been pretreated.

Break-through curves for three sets of
conditions are shown in Fig. 8, 9 and 10
and the performance data for the column
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based on samples taken from the last
sample point in the column are given in
Table 4.

It is seen by comparing the data in Table
4 with that in Table 3, that by
suppressing the oxidation reaction there
is an appreciable improvement in the
column performance, This point is
supported by the break-through data
plotted in Fig. 11 when compared to that
in Fig. 5. The change in tri- and
diethyl lead ion concentrations in
solution is shown in Fig. 12 for the
three systems investigated. It can be
seen that for sodium thiosulphate pre-
treatment of the carbon, both diethyl
and triethyl lead ions in solution are
maintained at a low level for a pro-
longed period of time compared with that
which is achieved when untreated carbon
is used in the column. Once the level
of lead in solution begins to rise
subsequent performance of the column
tends to that of untreated carbon. The
rate of formation of diethyl lead ions
in solution and plateau concentrations
are then similar to that obtained when
using untreated carbon in the column.

In the case of column performance using
sodium borohydride pretreated carbons,
the di and triethyl lead ions are
maintained at a very low level for a
substantial period from the start of the
run. Subsequently, the break-through
curves conform to the pattern that is
obtained using untreated carbons in the
column. This suggests that pretreatment
has little effect on column hydrodynamics,
but rather it interacts chemically or
physico-chemically with the ethyl lead
ions and the carbon.

It was found that much less sodium
thiosulphate was adsorbed during pre-
treatment than borohydride inspite of the
higher concentration of thiosulphate ions
in the pretreatment solutions. The
experimental data suggests that the
sodium thiosulphate interacts with the
carbon surface in such a manner as to
enhance its capacity to adsorb triethyl
lead ions from solution. The concentrat-
ion of diethyl lead ions in solution was
hardly influenced at all by the presence
of this reducing agent and they
eventually became the limiting factor

for break-through.

The action of sodium borohydride on the
system appears to be somewhat different
to that of sodium thiosulphate. 1Its
action could be interpreted in terms of
either a surface based, or solution

based mechanism. For a solution based
mechanism to be effective the borohydride
would have to react with the triethyl
lead ions in bulk solution according to



the following stoichiometric equations.

8R3Pb+ + BH,  + 80H —e-4H,0 + B(OH), +
4R;Pb.PbR,

or

+ -
RyPb" + BH, —e— R;P, .BH; —-R;PbH + BH;
RyPbH + 2H,0 —e—Pb + 3RH + 20H

The fixed bed would simply act as a filter
and adsorption medium for the tetraethyl
lead and hexaethyl di-lead thus formed.
Reduction would cease when all the sodium
borohydride had been consumed.

A surface base mechanism would require
that the sodium borohydride interacted
with the solid surface of the carbon to
modify its properties of adsorption and
oxidation. There is not conclusive
evidence available to differentiate
between either of these mechanisms. It
is possible that both types of mechanism
are operative in the column.

CONCLUSIONS

The work has shown that it is possible to
remove ethyl lead salts from an aqueous
effluent by adsorption onto activated
carbon in a fixed bed column. The
economic viability of the process is more
difficult to evaluate as it depends upon
many external factors as well.

A fixed bed column working with synthetic
effluent will give treatment of
approximately forty bed volumes before a
break-through of 1mg/l1 Pb for a 10mg/1l
feed solution. This will give a load

of approximately 0.1% w/w lead on carbon.
This loading is too low to consider a one
cycle use of the carbon, and so regen-
eration of the carbon must be considered.

Pretreatment of the carbon with reducing
agents such as sodium thiosulphate or
sodium borohydride, greatly improves
column performance. Hundreds of bed
volumes may be treated giving loads of
1.0% w/w lead on carbon. Thus, pre-
treated carbons offer an effective method
of effluent treatment for one cycle but
regeneration of the carbon must be sought
as the loading of lead on carbon is still
too low to consider its disposal.
Regeneration of the carbon is crucial to
the success of the process. Unless a
practical, economic method of regenerating
the carbon can be found, then the only
potential this process has, is its use
for giving a final polish to effluents
treated by alternative means.

NOMENCLATURE

K - 1st order rate const. s 1
dp - particle diameter m 3
p - effluent density kg/m
u - effluent viscosity kg/ms
v - effluent velocity m/s

a - bed voidage
Cp - plateau concentration mg/l Pb
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Properties of the

TABLE 1

activated carbon adsorbent

Activated carbon

A3/8 Shirley-Aldred Co. Ltd.

Bulk density 0.231 #+ 0.042 g/ml
Material density 1.758 + 0.062 g/ml
Specific surface area | 1.57 m?/g

Size range

3.01 - 1.98 mm

TABLE 2

Rates of oxidation of triethyl lead ions to diethyl lead ions

Run No. Re. No. Temperature Zero order reaction
oC rate mg/l.s x 10-3
1 .5 25 2.21
2 S 25 2.92
4 35 5.33
TABLE 3

Performance data calculated from the break-through curves

Re.No.| Temp.| Break through|Bed volumes|Lead removedjLead removed| Lead on |Analytical
oc time at break- by carbon by carbon at|carbon at estimate
min through mg Pb end of run |(end of run| of final
mg Pb $ w/w lead on
carbon
1.5 25 1060 79 123 1018 2,15
5.5 25 22 6 10 683 1.44
17.5 25 5 4 7 446 .98 0.88
6.7 35 64 17 31 887 1.57
21.5 35 6 5 8 599 1.26 0.98
TABLE 4
Performance data calculated from the break-through curves
Temp. Re.No. Break through Bed volume Lead removed Lead on Carbon
oc time at break- by carbon carbon at pretreat-
min through mg Pb break ment
through
$ w/w
25 1.50 723 53 80 0.16 NONE
25 1.4 2659 177 253 0.53 1.0MNa,S,04
0.IMNaBHgin |
25 1.4 3666 264 411 0.87 0. SMNaOH
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Temp 25°C

160 | A

A-Carbon Al/8
50g/1 NaCi
+ 500mg/1
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Load of lead on carbon mg Pb/g C

50g/1 NaC1

40 under air
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Figure 1  ADSORPTION ISOTHERMS OF TRIETHYL LEAD
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Lead in solution mg/1 Pb

Figure 3
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Lead in solution mg/1 Pb
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FACTORS AFFECTING THE FOULING OF
HEAT EXCHANGER SURFACES

T. R. Bott

University of Birmingham, Birmingham, England

ABSTRACT

The fouling of heat exchangers is one of
the least understood industrial problems.
A number of factors affect the laying
down and accumulation of dirt or scale on
a surface including time, fluid velocity,
character of the surface and foulant
concentration. In some instances the
effects of certain variables such as
velocity, may be contradictory. Further
work on the effects of these factors needs
to be done before a proper appreciation
of their significance can be established.

1. INTRODUCTION

Fouling of heat exchanger surfaces remains
one of the least understood phenomena in
the process industries in spite of its
wide occurrance, largely on account of its
complexity. In recent years however,
fouling has attracted the attention of a
number of research workers who are
attempting to analyse fouling with the
object of being able to make a more
realistic approach to prediction for
design purposes.

Furthermore, quite apart from the costs
involved, the energy crisis facing the
world makes it imperative that the
maximum use is made of the fuel available.
The fouling process represents an
inefficiency in the utilisation of energy.

2, THE CLASSIFICATION OF FOULING

It is useful to classify fouling as a basis

for discussion; five broad areas of fouling

are generally recognised.

1. Deposition from solution may occur
during heating or cooling of saturated
solutions. Normal solubility, i.e.
deposition on reducing the temperature of
a saturated solution or inverse
solubility, i.e. deposition on raising the

temperature of the solution may be involved.

2, Corrosion of the surface is possible
in many situations ranging from mild

26.1

attack to aggressive conditions between
process fluid and transfer surface. The
subject is as wide as corrosion technol-
ogy itself.

3. Fouling involving a chemical reaction
is possible where suitable conditions are
present e.g. in organic liquid vaporisers
working at high temperature when cracking
and subsequent coking could occur. In
processes involving molecules capable of
polymerisation, conditions at the heat
transfer surface may cause a polymer
layer to be formed.

4, Particulate deposition is likely
where solid particles are present or
formed in process fluid streams e.g.
particles of rust circulating in a
boiler system.

5. Biological fouling involves the
deposition and usually growth,of living
organisms on a heat transfer surface.

One or more of these arbitary definitions
may be involved in a single fouling
occurrance although in many instances

one mechanism will be dominant.

In basic terms the fouling process
involves the movement to and from the
heat transfer surface of a substance
which may or may not constitute the actual
deposit. For instance the growth of a
bioclogical film may depend upon the
movement of nutrients to the organisms

on the transfer surface and the removal
of waste products rather than the
transfer of the biological material
itself. In fouling from corrosion, the
development of the corrosion layer will
depend upon the transfer of the corrosion
agent to the surface and the subsequent
removal of possible products of reaction
to leave behind the corrosion deposit.

3. FACTORS AFFECTING THE FOULING PROCESS

A number of factors which affect the
fouling process can be identified.



3.1 Time

The effect of time on the fouling process
is rather obvious; in general terms the
longer the time the greater the exent of
the fouling. Figure 1 shows two idealised
curves.

Curve A

Curve B

Fouling resistance

Time

Fig. 1 Two idealised fouling curves.

In curve A the fouling resistance is
proportional to time; this type of
fouling is often associated with deposits
occuring in evaporators and boilers. 1In
general the fluid from which the
deposition occurs is relatively slow
moving.

Curve B is an idealised curve for many
situations. As the deposit thickness
increases, the flow area becomes restric-
ted so that for a given mass velocity,
the flow velocity increases. In the case
of heavy deposition the increase in
velocity can be considerable. Under
these conditions the fluid shearing

force acting on the deposit increases.
For many deposits, other than hard
tenacious deposits (those possibly
associated with curve A for instance),
the increased shearing force removes
deposit until an equilibrium is reached
whern:~-

The deposition rate = The removal rate

Under these circumstances there is no
further increase in deposit thickness with
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time and the fouling resistance remains
constant.

The equation describing the fouling
process has an asymptotic form (1).

Bo

R., = R ) cevees (1)

£6 (1 -e

foo
and represents a simplified model of the
fouling process

where Rfe = fouling resistance at time 8
Rfe = resistance at time = « (ie.
when equilibrium has been reached)
8 = time

B is a constant depending upon
the system.

It should be emphasised that although
equilibrium is established, and
theoretically the heat exchanger can
operate in this condition, two
important consequences obtain.

1. The capacity of the equipment to
transfer heat is reduced and it may not
fulfill its required function,

and probably much more important,

2, The pressure drop through the
exchanger due to the increased velocity
may become intolerable due to high
pumping costs and operating problems.

3.2 Velocity

Some aspects of velocity have already
been discussed in connection with the
long term properties of fouling, but
velocity has an important effect in the
short term due to the effects of the
laminar layer and mass transfer. High
velocity may not always result in lower
deposition rate since under these
conditions the laminar layer is
relatively thin which represents a
reduced resistance to mass transfer.
Any deposition which depends upon
diffusion to the surface therefore, is
increased with increased velocity.

In some respects the effects of velocity
are contradictory - high velocity
increases the shear forces and the
removal rate whereas high velocity can
also represent a greater deposition

rate with increased mass transfer

3.3 Concentration of foulant or deposit
precurser

In general higher concentrations of
foulant in the fluid stream lead to
higher rates of deposition, 1In other
systems, such as biological fouling the
concentration of nutrients is important,




In certain situations the concentration of
impurities in a process stream, which react
at the transfer surface to produce a heat
resistant layer, will be important.

3.4 Temperature

The temperature, particularly at the
transfer surface, may be an extremely
important parameter in particular systems.
At one temperature fouling may not be a
problem, but the same process fluid at

a higher temperature can give rise to
substantial fouling. A number of different
effects can be noted:-

1. The effect on solubility. Under
normal solubility conditions where the
process fluid is being cooled deposition
is likely if the temperature is lowered
below the saturation temperature. The
exact location of the saturation
temperature eg. in the bulk fluid, in the
laminar layer or at the heat transfer
surface, will influence the mechanism of
deposition. If saturation occurs outside
the laminar layer the deposition is
likely to involve particle diffusion to
the surface. If the layers near the
surface in contact with the fluid are
cooled to saturation, crystallisation may
actually occur on or near the surface.

Deposition from solutions containing salts
with inverse solubility is highly
probable when such solutions are being
heated,as may happen in evaporators,

The layers of fluid near the fluid/solid
interface will be the hottest and will
give rise to deposition if the saturation
temperature is reached or exceeded.

2, The effect on chemical reaction.

Some fouling problems are the direct
result of a chemical reaction eg. Polymer-
isation or cracking. In certain
situations the transfer surface may act
as the catalyst. It is well known that
many chemical reactions are sensitive to
temperature and therefore the fouling
rate is likely to be dependent on
temperature. An organic vapouriser using
steam as the heating medium may operate
without fouling problems. 1If, however,
for heat conservation reasons, the
varpouriser is placed in a hot flue gas
stream the resulting high surface
temperature may give rise to cracking
reactions and soot formation on the
transfer surface. Similarly a stream
containing a polymerisable material, even
if only in small quantities, may give rise
to little difficulty at low temperature
but at higher operating temperatures a
hard polymeric deposit may form on the
heat transfer surface.

3. The effect on biological systems.
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Biological systems are sensitive to
temperature and therefore the rate of
growth on a heat transfer surface will
be very dependent upon temperature. At
low temperature biological activity is
supressed and at high temperature (say
in excess of 100°C) the cells are killed.
Between the extremes there is an optimum
for maximum biological growth (often
around 40°C). Provided that other
conditions are maintained, such as
nutrient or dissolved oxygen concent-~
ration, high rates of growth are likely
if the heat transfer surface is near to
the optimum; unfortunately these are

the conditions likely to be encountered
in cooling water systems.

4, It is generally not appreciated that
temperature can have a profound effect
on the nature of the deposit. A deposit
which is loose and open structured,
easily removed by low velocity, can
become hard and difficult to remove at
high temperature. Problems of this

kind can produce operating difficulties
in process plant subject to temperature
fluctuations. In other situations

long exposure to the effects of
temperature results in a deposit which
is difficult to remove.

3.5 Physical properties of the process
fluid

The physical properties of the process
fluid are important in so far as they

contribute to the level of turbulence

and mass transfer processes, according
to the usual relationships.

3.6 The condition of the transfer

surface

The initial state of the heat transfer
surface onto which the foulant deposits
may have an effect on the deposition
rate, at least until the surface

becomes fully coated with changed
properties. A highly polished or smooth
surface may be inhospitable to the scale
or deposit but a rough surface may
assist the deposition process. A rough
surface may help to create turbulence
which influences the laying down of a
deposit; disturbance of the laminar
layer may provide increased oppocrtunity
for diffusion to the surface to take
place. In addition the roughness may
provide sites suitable for deposition
and growth and may help to key the
deposit to the surface thereby making
the deposit difficult to remove.

As a depcsit becomes established on the
surface the nature of the surface in
contact with the process fluid is
likely to change. It is possible



for instance,to obtain increased roughness
in comparison with the original transfer
surface which in turn influences the level
of turbulence with secondary effects such
as higher rates of deposition and possibly
heat transfer.

3.7 The design of heat exchangers

Good mechanical design can to some extent
at least, reduce the incidence of fouling.

Good design is often a matter of experience

in particular heat transfer situations and
generally calls for a "well swept" trans-
fer surface avoiding problems of
sedimentation qualified by the points
already discussed in relation to velocity.
In addition the foregoing points regarding
temperature of operation can be considered
although the designer generally has little
opportunity to make changes as with many
of the other factors affecting deposition,
such as concentration of foulant and
physical properties of the fluid.

3.8 The operation of heat exchangers

The way in which a heat exchanger is
operated in service can influence to a
large degree, the extent of fouling.

Even a well designed heat exchanger can
lead to deposition problems if it is not
operated as the designer intended. It is
clear that substantial changes in velocity
or temperature of operation could well
lead to accelerated fouling. Even short
periods at changed conditions can produce
high accummulations of deposit which are
not easily removed when normal operating
conditions are resumed. Interruptions in
flow can be particularly difficult where
relatively high temperatures are involved;
the deposit may change its form and
become hard and difficult to remove or
fouling may be apparent due to cracking
or some other chemical reaction, when it
is not generally present.

4, THE EFFECT OF FOULING ON HEAT TRANSFER
AND ITS PREDICTION

It is generally appreciated that the
result of fouling is to reduce the value
of the overall heat transfer coefficient
for a given set of conditions. The
overall effect may be summarised (2) by
the following.

Change in heat transfer _
coefficient

change due to
the conductiv-
ity of the
foulant

+ change due to
the roughness
of the foulant

+ change due to
the change in
Reynolds No.
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Although this statement is a true
description of the effects of deposits
and the fouling process, the real problem
is determining tge individual effects,
A number of mathematical models to
explain the fouling process and its
effect on heat transfer have been devised
(3) but except in very special situations
they are not universally applicable. A
great deal more research needs to be
carried out on the fundamentals of the
fouling process before satisfactory
models can be established. A reliable
model would of course, be invaluable in
predicting the effects of fouling in
particular designs, and may provide the
opportunity to design heat exchangers
which would operate satisfactorily
without cleaning, provided the attendent
pressure drop could be tolerated.

5. THE RESULTS OF SOME FOULING STUDIES

The following results of fouling studies
have been selected to demonstrate the
wide range of different effects possible,

5.1 Deposition of wax from waxy hydro-

carbons

One of the common problems in the oil
industry is the deposition of wax from
solution in hydrocarbons onto cooled
surfaces. Experiments to investigate
the problem have been made using
paraffin wax/kerosene mixtures (4,5):
In general the fouling process is rapid
resulting in fluctuating heat transfer
resistance about an equilibrium value,
The fluctuations are considered to be
the result of alternate partial shedding
of the deposit followed by its re-
establishment.

Figure 2 shows that increasing the wax
concentration increases the level of
deposition.

5.2 Deposition of silica from geothermal

water

With increasing interest in alternative
energy sources the utilisation of energy
derived from geothermal sources is
becoming important. One of the
attendant problems is the deposition of
dissolved solids onto heat transfer
surfaces. At the high temperature and
pressure associated with deep geothermal
wells the hot brine is supersaturated
when it is brought to the surface, the
pressure reduced and heat extracted.

The changed conditions can give rise

to excessive deposition in the heat
extraction equipment.
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deposition on a cooled simulated heat
exchanger tube on field trials in Iceland
(7). Initially the heat transfer
resistance falls due to the enhancement

of heat transfer resulting from increased
turbulence within the flowing brine
solution. The increase in turbulence is
the direct result of the increased
roughness of the deposit in comparison
with the original heat transfer tube.
After a period of time the beneficial
effects of the turbulence are overtaken
by the increasing thickness of the deposit
and the heat transfer resistance increases
with time. Even after 2000 hours there

is no evidence that the resistance has
reached an equilibrium value.

5.3 The deposition of magnetite in

simulated boiler water systems

Particulate deposition has been studied
using magnetite particles suspended in
water passing through simulated heat
exchanger tubes (5). An x-ray technique
to examine the thickness of the deposit
in situ has been devised. The preliminary
results show a gradual build up of the
deposit thickness with time with an
apparent approach to a steady state
condition, (see Fig. 1l). The particle
size was in the range 1-10 um and the
mean water velocity was of the order of
5 m/s.

5.4 The deposition and growth of

biological films

Experiments have been conducted to
investigate the growth of E. Coli on
heat transfer surfaces (8). The results
obtained at different velocities in the
turbulent regime are shown in Figure 4.

The data show that an increase in the
Reynolds number by a factor of 2.5
promoted a decrease in slime thickness
by almost a similar factor (245-100um).

Figure 5 shows the remarkable effect of
temperature on the thickness of slime
developed. A temperature difference

of 59C (30°C to 35°C) promotes an
increase of almost 70% on slime thick-
ness. It is to be noted that the
optimum growth for the E. Coli is near
3709C (10).

CONCLUSIONS

Many factors contribute to the develop-
ment of a foulant layer. Although
certain trends can be observed and
appreciated, a great deal more fundam-
ental work needs to be carried out in
order to establish the true mechanism of
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the fouling processes before substantial
improvements in heat exchanger design and
efficiency can be obtained. In addition
improved knowledge will suggest ways in
which the fouling process can be reduced
or eliminated.

NOMENCLATURE
Rfe = fouling resistance at time 6.
wa = resistance at time = * (ie. when
equilibrium has been reached).
6 = time.
B is a constant depending upon the
system.
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MANAGING ENERGY AND WATER WITH
EVAPORATIVE RECYCLING COOLING SYSTEMS

GeAs. BIRCHALL

DEARBORN CHEMICALS LIMITED

Most industrial manufacturing processes consist
of a series of interlinked stages, each of which
demands either energy input or energy removal,
in order to progress to the succeeding stage.

If a process does not obtain energy input or
removal at the designated rate the efficiency of
the stage, and consequently of the whole process,
is inevitably impaired.

Ideally all points of energy excess should be
linked to points of energy requirement, and this
principle is used very effectively in such plant
as boiler feed=water economisers,waste heat
boilers and certain types of district heating
schemes.

For most industrial processes however it is not
at present a realistic proposition to utilise

process energy excess in this way, and the most
widespread practical solution to the need is to
divert such excesses to a cooling-water system.

Cooling Water Systems therefore provide industry
with a convenient method of managing energy, by
extracting surplus heat at the selected stage of
the manufacturing process.

Large volumes of cooling water are utilised
throughout industry, notably by those processes
which require close energy control after
individual stages of manufacture, especially
where large throughputs are involved. Examples
are the steel and chemical industries, and of
course electricity generation.

As water—costs have risen (See Figure 1) so has
the trend towards water-conservation, by the
re-cycling of cooling water over cooling towers.

The evaporative cooling water system is,
therefore the key to the efficient management of
energy and water. Consequently their design, and
the manner in which they are operated, can have
a very significant bearing on production and
water costs.

Early designs of such systems tended to employ
oversized towers and heat-exchangers, which were
wasteful of materials, energy and water. In
recent years however, a growing awareness of the
need to conserve resources has led not only to
more widespread use of cooling towers, but also
to improvements in their designe. Modern compact
high=performance units use the cooling medium
more efficiently, and feature smaller water
volumes, narrower waterways and higher temperat-
urese

Unfortunately, many cooling systems are still
subjected to outmoded and frequently haphazard
methods of operation and water-treatment.

There is a failure to recognise on the part of
many operators, that modern cooling plant demands
improved control standards, not only to fully
realise its high—sfficiency potential, but to
avoid thermal and mechanical troubles, which ca-
have serious disruptive effects on productione

Adequate control of these systems need not
involve high capital expenditure but usually
simply requires an awareness of, and willingness
to employ, up-to-date water=treatment and control
procedures,

Mis-management of these systems means no less
than the squandering of energy and water resources.

(1) ENERCY WASTAGE

Energy wastage can be considered from two
aspectss-

(a) Wastage of the primary energy used to fuel
the industrial processe. This occurs when
heat contained in the process medium is
inadequately removed by the cooling
medium. When this happens the process
medium is unprepared for the next stage in
the production process, which usually
means that there is loss of product
throughput. The process of distillation is
perhaps easiest to visualise in this way,
although it is in fact true of any
industrial process which requires but does
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not get, effective energy removal at a Pouling on the tower packing increases

particular stage. resistance to the passage of air through the
tower. Air throughput is thereby reduced and
(v) Wastage of the power used to operate the this again adversely affects the water/air
cooling systeme A cooling system which is ratio.
not operating efficiently is wasting the
power used to operate the water circulation A badly=fouled cooling tower, therefore, will
pumps and tower fans (where these are operate at a reduced thermal efficiency, with
fitted). the result that over—warm water will be
discharged from the tower sump to the heat
Indeed under certain circumstances (to be exchangers,

discussed later) power costs can actually
rise sharply when cooling is ineffective,
(b) The Bffects of Fouling At the Heat
Exchanger

Causes of Energy Wastage Heat exchangers are usually either 'shell-and-

tube?! or 'plate! type, designed to transfer

GGiven a correctly designed system, the basic heat from the process medium to the circulating
cause of energy wastage by evaporative cooling watere

water systems is the presence of fouling

deposits. These arise from several sources, The principal factors which govern the effect-
which will be considered later, as first we iveness of this transfer of heat are:

should look at the effect of these deposits at

various stages in the cooling process. (1) The degree of resistance to the passage

of heat by:
(a) The Effect of Fouling at the Cooling Tower

Eag The process medium.

b) The material of construction of the
heat exchanger.

(c) The cooling mediume

Cooling Towers are desigred to dissipate the
heat which has been taken up by the
circulating water at the heat exchangers.

It can be seen therefore that cooling towers (2) The area available for the transfer of the
are themselves a specialised form of heat- heat ~ this is normally termed the heat—
exchangers transfer surface area.

Warm water returning from the heat exchangers (3) The difference in temperature between the

is cascaded d?wn the co?ling tower, mee?ing process medium and the cooling medium.
a stream of air travelling in the opposite

direction.

Fourier expressed this in the form of the

Since most of the heat loss takes place by classical equation:-

the evaporation of water at the air/water
interface, towers are designed so as to Q
maximise the water surface area presented to
the air stream. The rated cooling efficiency
of a particular cooling tower is based there-
fore on the maintenance of an optimum water
surface area/air ratio.

= U, Ao AT

Where: Q = The Total Heat Flowe.
U = The Overall Heat-Transfer Co-
efficient,
A = The Heat Transfer Surface Area.
AT = The Pamperature Differential between

Towers incorporate distribution troughs to Process and Cooling Medium.

spread the incomine water evenly across the
packing, the latter being designed to induce
the cascading water to form either thin films
or small water droplets, which continuously
break up and re-=form.

It can thus be readily seen that if over-warm
water is circulated through the heat exchanger
the value of /AT will decrease and hence so
will the value of Q, thus the design heat flow
from process mediwm to cooling water will not

The presence of fouling debris in the be achieved.

distribution troughs and on the tower packing
interferes with the formation of these water
films or droplets, thereby reducing the

water surface area presented to the air
stream.
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The Overall Heat Transfer Co-efficient (U)

U is defined as the reciprocal of resistance to
heat=transfer, so:

U =1

R
In other words the lower the resistance of any
heat-exchanger system to the passage of heat, the

greater will be the value of U, the overall heat
transfer co-efficient.

In a clean heat exchanger the overall heat
transfer co-efficient U is a combination of':

(a) The individual heat-transfer co-efficient of
the process medium (h1 de
(b) The thermal conductivity of the tube wall (k)

(c) The individual heat=transfer co-efficient of
the cooling medium (hz).

This is conventionally expressed by the
equations

e
==

1
U

Fi-

2

where L = thickness of the tube wall.

However, fouling deposits in heat-exchangers
create an additional resistance to heat transfer,
and this *fouling factor!? gLf) has to be

inserted in the equation defining the overall
heat transfer co-efficients Thus for a heat-
exchanger tube, fouled on one side of the tube,
the heat~transfer co-efficient expression is
modified to:

-
+

1 = 1
u h2
It can been seen from the modified equation that
the lower the thermal conductivity (kf) of the
fouling deposit, and/or the greater the thickness
of the fouling deposit, then the greater will be
the value of 1, that is, the greater will be

U
resistance to heat transfer.
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In fact, fouling deposits exert an affect on
the overall heat transfer co-efficient out of
all proportion to their thickness, due to the
huge disparity between the thermal conductivity
of a typical foulant and that of the tube metal,
Table 1 compares the thermal conductivities of
a number of conventional fabricating materials
with those of typical fouling materials.

Table 2 illustrates how even very thin scale
deposits cause a marked reduction in overall
heat transfer co—efficient (U)e The very large
extent by which the heat-transfer surface area
(4) would have to be increased to maintain the
quantity of heat flow (Q) obtainable with a
clean tube is highlighted in the last column of
Table 2e

It is of course impractical to increase the
heat=transfer surface area of a heat—exchanger,
so the inevitable result of fouling is always a
pronounced decrease in the total heat flow from
process to cooling watere

It is standard practice for heat-exchanger
manufacturers to incorporate a *fouling factor?,
based on Yexperience?, when specifying equipment
for particular cooling dutieses In other words
a deliberate degree of oversizing is practised,
to compensate for the anticipated reduction in
the overall heat transfer co-efficient due to
fouling of the heat-exchanger surfaces.

When these 'fouling factors'! are generous, as
used to be the case, then the heat-exchanger
can indeed tolerate a modest degree of fouling
without seriously affecting product outpute
However, heat-exchanger manufacturers are not
immune from the same economic pressures which
affect the rest of us, and consequently much
modern equipment is designed with very low
fouling tolerances.

This means that the cooling tower operator can
no longer afford to tolerate the slightest
degree of fouling. Absolutely clean heat-
transfer surfaces need to become the norm, and
the tower operator must ensure that he is

using the most technologically advanced approach
to water treatment, which is designed specific-
ally for the jobe Too many modern plants are
attempting to maintain efficiency with tradition=—
al treatments which are no longer capable of
meeting today's more stringent requirements. A
glance at Table 2 shows that amy deposition
which is even slightly in excess of that
anticipated by the *fouling factor?! will result
in a dramatic reduction in the rate of removal
of heat from the process-side.



Under such circumstances, the cooling system will
be unable to carry out its basic function of
controlling the energy level at a critical point
in the manufacturing processe The nett result
will inevitably be a loss of production and a
consequent wastage of the primary energy used to
fuel the manufacturing process.

(c) The Effects on Pumping Costs

Fouling in the cooling system reduces the
effective diameter of pipes and tubing, which
results in an increase in system head pressure
according to the equation for turbulent flows:

AF+4fG2L

3
2g [

Where /\F represents the pressure loss in a pipe
expressed as ft. of liquide

D

the friction factor

= the mass flow velocity 1b/(hr)(ft2)
= the length of the pipework (ft.)
acceleration of gravity ft/hr2

the density of the liquid in the pipe
the internal diameter of the pipe (ft.)

i

U TNR & QM
]

This equation demonstrates how decreasing pipe
diameter increases the pressure drop through the
systemes Calculations based on this equation
show that a smooth coating of Oe1 inches of
deposit would produce a three-=fold increase in
system head pressure in a typical industrial
cooling system.

In order to maintain the design water velocity
through a fouled system the circulating pump
would be required to develop a higher head
pressure, which means that its work output and
hence power consumption, would increase propor-
tionately.

Although a few of the more sophisticated packaged
cooling systems have a variable speed pumps and
motors capable of responding in this way, for
most industrial cooling systems what usually
happens in practice when pipework fouling occurs
is that the pump motor?'s work output remains
uwnchanged, and the increased head pressure is
reflected instead by a fall-off in water throughe
put by the pump. This means that the water
velocity through the system reduces, which has a
significant bearing on the transfer of heat at
the heat exchangerse
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Reynolds Number

The expression used to define the degree of
turbulence of a fluid in a pipe is its
YReynolds Number'! (Re)s Increasing values of
Reynolds Number reflect an increased degree of
turbulence.

Since heat is transferred within a fluid mainly
by convection, which increases with increased
turbulence, this means that the individual heat
transfer co-efficient of the cooling water is
proportional to its Reynolds Number.

A reduction in water-velocity will reduce its

Reynolds Number according to the following
equation:

Re = :D v

h

Where:

/I

D =

= Density of fluid (Ibs. per ft3)

Internal pipe dia. (ft.)

<
]

Velocity of fluid (ft. per sec.)
in the pipe.

Viscosity of fluid (lbs per ft. sec)
in the pipe.

It follows then that a reduced water velocity
will lower its individual heat-transfer co-
efficient, and hence the overall heat-transfer
co—efficient of the heat exchanger will also be
reduced.

A further effect of a reduced water velocity is
that its ability to maintain solid particulate
matter in suspension in the cooling water will be
impairede The risk of sedimentation fouling is
thereby increased, thus further compounding the
problems discussed, and setting up a classic
vicious circle.

Causes of Fouling

We have considered some of the effecis of fouling
Table 3 summarises the main causes and prevent-
ative measures available to the water—treatment
specialist to eliminate fouling in evaporative
recirculating cooling water systems,



It is not the author's intention to explore the
agpect of fouling prevention in detail in this
paper. Most reputable water treatment companies
should be able to appraise system conditions and
offer programmes of water treatment for the
control of scale, corrosion, silt and organic
gPOWthSo

(2) WATER WASTAGE

Having considered Energy Wastage we now need to
consider the second of our two areas, namely
Water Wastage.

Table 3 indicates that bleed-off is an acceptable
method of reducing the risk of crystallisation
and sedimentation fouling. The effect of bleed=-
off is to de-concentrate the system, and it is
conventional to regulate bleed-off by reference
to the system water concentration relative to
the make-upe This relationship, i.e. solids
level in the circulation water divided by solids
level in the make-up water, is termed the system
"Concentration Factor".

Figure 2 shows the relationship between water
usage and concentration factor. It will be seen
that the water usage rises rapidly at the lower
concentration factors but diminishes markedly at
the higher values. With the increased cost of
water, particularly in the last few years (see
Figure 1), it is obviously important to minimise
losses due to bleed=off.

The main cause of water wastage in evaporative
recirculating cooling systems is undoubtedly due
to over-enthusiastic application of bleed~off.

The answer to unnecessary water wastage is there-
fore to reduce the system bleed-off rate, but
this has the effect of increasing the dissolved
solids in the cooling water and water becomes
progressively less stable as dissolved solids
increase, In addition, the risk of sedimentation
fouling from suspended solids is increased at

the higher concentration factor.

However, modern non-acidic sequestrant treatments
will effectively inhibit the formation of calcium
carbonate scales at quite high dissolved solids
levels, whilst polymeric antifoulants, sometimes
coupled with side-stream filtration, will prevent
sedimentation fouling.

CASE HISTORY

An evaporative recirculating cooling system sited
in North West England has a recirculation rate of
100,000 gallons per hour and a temperature diff-
erential at the cooling tower of 20°F, Operation
is continuous; 350 days per annume. Evaporative
loss is estimated at 1,600 gallons per hour,some

heat being lost by convection as well as
evaporation,

System head pressure is 73 psi.

A water stability appraisal was carried out by
reference to the circulating water calcium
bicarbonate and solids content, the system pH
level and the maximum water temperature in the
system. The combined effect of these factors
determine the likely scaling potential of the
cooling water., These calculations were based on
the classical work carried out by Langelier,
and the corrosion/scaling tendency is expressed
by means of the 'Langelier Saturation Index® of
the cooling water, with negative values indi~-
cating a strong corrosive tendency and positive
values indicating a strong scaling tendency.

Table 4 gives a general guide to the likely
behaviour of cooling water according to the
calculation value of Langelier Index for the
particular system.

The operator had been employing a traditional
organic/polyphosphate treatment since start-up
and under this regime was able to operate up to
a maximum water concentration factor of 2.3
with reasonable cleanliness,

The operator revised his water-treatment
programme by changing to a more stable modern
polymeric a.ntifoulant/organo—phosphorus formu—
latione.

Using the modified water-treatment approach, it
was found possible to operate at 4.5 cycles of
concentration, whilst still maintaining complet-
ely clean water-side conditions.

This was achieved by lowering the system bleed-
rate from 1,231 gallons per hour to 457 gallons
per hour, with a corresponding reduction in make-
up water requirements, as illustrated in Table 5.

Power costs on this system, due to the operation
of pumps and fans, were estimated as follows:

60 Horsepower (for 73 psi head pressure)

Pump

(13

Fan 10 Horsepower

Total : 70 Horsepower = (70 x 0.746) KW
- = 52,2 KW

Operation is 8,400 hours p.a. hences
(8400 x 52.2) units of electricity are used pe.a.

= 438,648 units of
electricity p.a.

At a cost of 1.5p per unit, the annual electri-
city bill for operating this cooling system is
£6,580.




CONCLUSIONS

Bvaporative cooling water systems are essential
squipment for the intelligent management and
conservation of energy and water in the indus-
trial sphere. An appreciation of the factors
that impair their effectiveness in carrying out
this function, coupled with a willingness to make
a modest investment in an up-to—date programme
of water-treatment, will be quickly repaid in
reduced system operational costs and often also
in enhanced process throughput.

It costs nothing to take advantage of the recent
developments in water treatment technology which
can ensure clean heat-transfer surfaces with a
variety of water-types and plant conditions.
Massive energy and water wastage is the almost
inevitable result of not doing soe.
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TABLE 1
MATERTAL THERMAL CONDUCTIVITY
(Btu - £8./(042) (hr.)(%F)
Copper 225
Amiralty Brass 64
Mild Steel 25 -~ 30
Porous Calcium Carbonate 0,2
Calcium Sulphate 0.4 - 1.34
Calcium Silicate 0.1 - 0.25
TABLEZ 2

HEAT TRANSFER SURFACE REQUIRED TO OFFSET FOULING

THICKESS OF FOULING THERMAL OVERALL HEAT TRANSFER INCREASE OF
?CAL? . APPROXe REi;STANCE ¥ COE?{TC§E?T ) REQUIRED HEAT
in, Bt Btu/(hr sqe ft. TRANSF}R AREA*
(hr)(sq.ft)(deg °F) (deg F) (Approx. %)
+000 Clean tubes 850 0
«006 0.0005 595 45
.012 0,001 460 85
024 0,002 315 170
.036 0,003 240 25Q

1.

3t

Assume a mean value for the thermal corductivity of the scale of 1,0

(Btu = £te/( 04 2y, (hr. )(F)

The overall heat transfer coefficient U selected for this illustration

is typical for a water—cooled refrigerant condenser.

However, because

it is possible to have different overall heat transfer coefficients dep-
énding on the system, the effect oxn the overall heat transfer by the
scale will vary.

Sqe.ft. of inside surface of tube in heat exchanger.

27.




TABLE 3

TYPE OF FOULING DUE TO PREVEKNTATIVE TECHNIQUES
AVAILABLE
Crystallisation Presence of hardness e Limiting Water Concentration
(scale) salts in the make-up (i.e. Bleed-off)
water. e Acid dosing
e« Use of threshold treatments
« Pre-softening of make-up
water
Corrosion Presence of corductor, « Corrosion Inhibitors
Products electrolyte & oxygen
(i.e. effect of the
cooling water on
metal surfaces).
Sedimentation Air-Scrubbing at e« Limiting Water Concentration
(si1t/Clay) The Cooling Tower (Bleed Off)

or Turbid mekeup
water.

o Antifoulants

. Filtration (either pre-
filtration if makeup water
is turbid or otherwise by
side-stream filtration).

o Pre-clarification of make-up

Organic Growths
(Algae; Bacterial
spores)

Ingress of bacterial
spores and nutrients
for slime and algae

growth.

« Chlorine
« Non oxidising biocides

Process
Contamination

Ingress of process
materials,

Ingress of Lubrica=-
ting oils,

. Bleed off

« Mntifoulants

o« Filtration

. 0il Separation

27.10
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TABLE 5

WATER ANALYSIS VALUES

COOLING WATER

MAKE-UP
INITIAL ADJUSTED TO
C/F = 2.3 C/F = 4.5

Total Hardness (as ppm Caco3) 120 276 540
Calcium Hardness (as ppm Ca.COB) 90 207 405
Magnesium Hardress (as ppm C&COs) 3 70 135
Total Alkalinity (M) (as ppm 03003) 8o 184 360
Chloride (as Cl) 30 69 135
Sulphate (as 302"4) 24 55 108
Total Dissolved Solids (TDS) 150 345 675
Measured/Anticipated pH 7.3 7.8 8.3
Calculated Langelier Index Value 0.1 +1.1 +2,0
Threshold Ability Natural
Effectiveness Organic/

Polyphosphate Effective Not Effective

Polymer/

Phosphonate " Effective
WATER USAGCE
Hourly Make-Up Rate 2,831 2,057
Hourly Bleed-Off Rate. 1,231 457
WATER COSTS
£0.50 per 1,080g for make-up £ 34 £ 24,68
£0,20 per 1,000g disposal charges £ 5.90 £ 2.19
CHEMICAL DAILY USAGE COSTS
Organic/Polyphcsphate cests approx,
7.5 pence per 1,000 gallons of
water treated [ 4 2.21 -
Polymer/Phosphonate cosis approx,
40 pence per 1,000 gallons of
water treated. - £ 4.3
Total daily water/water
treatment costs £ 42,12 £ 31.26
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TABLE 4

LANGELIER SATURATION INDEX PREDICTION GUIDE

LANGELIER LIKELY BEHLVIOUR OF COOLING WATER
INDEX
+ 2.0 Severely Scale Forming
+ 0.5 Scale Forming/Sligh*ly Corrosive
0.0 Nominally balanced
- 0.5 Non-Scale Forming/borrosive
- 2.0 Severely Corrosive

TABLE 6
SBIMARY

At a system water
Concentration Factor of: 2.3 4.5
Annual Power Costss £ 6,580 £ 6,580
Annual Vater Costs: £13,955 £ 9,405
Annual Water Treatment Costss £ 714 £ 1,537
Total Power/iater/vWater
Treatment Experditure: £21,319 £17,522
Hence annual operational SAVINGS
Accruing from Rise in System
Concentrations is: £3,797
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An Optimal Strategy for Cleaning a Set of Four Condensers Subject to Rapid Fouling by Salt-
water, Showing the Influence of Fouling Models on the Cleaning Cycle, and the Influence of
Operating Conditions on the Parameters of the Model

D.A. Lihou
Z. Kabir

The University of Aston in Birmingham, Gosta Green, 3irmingham, England

SUMMARY

Air for a process is supplied by two compressors,
driven by two steam turbines. Each turbine has

two identical condensers, working in parallel.
These condensers are cooled by estuary water and
require frequent tube-side cleaning. In order to
avoid large losses in profits, the air supplied
should not decrease during cleaning operations.
While a condenser is isolated for cleaning, its
turbine must deliver at least 43% of the total air.
The other condenser of the pair must not be fouled
more than a "limited amount". The optimal clean-
ing strategy is to clean one condenser from each
pair, in succession. The time for cleaning arrives
when the other two condensers have achieved the
"limiting fouling resistance". The overall cycle
time is twice the time taken to arrive at limiting
fouling conditions.

The following equation, proposed by Weibull for
correlating statistical data, enables a wide
variety of trends between fouling resistance R and
time t, to be correlated.

R/Ry = 1 - exp (-(t/m)")

Correlations for the parameters, Roo’ g and n are
proposed in the paper
conditions which affect the parameters, are cool-
ing water velocity and temperature and the addi-

The principal operating

tionof a biocide at appropriate periods.

INTRODUCTION

The experimental data on which this paper is based,
was collected during a six week summer project.

The company operate a process which requires about
52m~/s of air; this is provided by two turbo-blowers
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driven by steam turbines at 3480 revolutions per
minute. The steam fromeach turbine is condensed
by two identical condensers in parallel.

The condensers are cooled by estuary water, and
require tubeside cleaning every one or two months.

As the condensers become more fouled, the inlet
pressure of steam to the turbine is increased,
in order to maintain turbine speed to deliver
the requisite air. However, the turbine blades
and thrust bearings would be damaged if the
steam pressure exceed 650 kN/mz. The more common
constraint, which dictates the need to clean the
condesers, is when the condensate temperature
reaches 328K. Above about 325K, the pressure
drop across the last stage of the turbine is
insufficient to maintain the boundary layer on
the blades and the stage effectively stalls,
This causes the turbine to slow down; its speed
is typically 90% when the condenser hotwell
temperature is 328K.

The previous operating strategy was to wait until
the hotwell temperatures reached 325K and then to
isolate and clean each of the four condensers on
consecutive days. Because all four condensers
were fouled and the hotwell temperature was at
the maximum value of 100% turbine speed, the
steam supply had to be reduced during the four
day cleaning operations, The resultant reduction
in air flowrate was estimated to be causing
£1200 1oss of profit from the plant, The clean-
ing costs were about £100 per condenser,

Clearly, there was considerable financial incen-
tive to develop a cleaning strategy which did not
involve reducing the air flowrate to the plant.
Previously, attempts had been made to prolong the



operating cycle of the condensers by injecting
slugs of hydrogen chloride gas into the cooling
water, when the hotwell temperature was approaching
its limiting value of 325K. The objective of this
doping was to kill the algae adhering to the tube
surfaces and thereby dislodge the deposits. The
effect of doping was erratic and it had been
discontinued, because the nature of the deposits
seemed to be more silt and less slime. However,
the length of an operating cycle during winter

was about 50% Tonger than in summer, suggesting
that marine growth was instrumental in the fouling
mechanism. Samples were taken of the water at
strategic positions from the jetty intake to the
condenser outlets, both at low and at high tide,
The solid matter was analysed for organic and
inorganic content by destroying the organic matter
in a muffle furnace. These results were inconclu-
sive and are not reported here; for example, the
solid content seemed to increase from 18p.p.m. to

34p.p.m. over the condensers.

This could have been due to sediment being dis-
lodged from stagnant areas in the outlet header,
when the drain was opened to collect the samples.
The organic content of all the samples ranged from
8 to 10p.p.m.; but this excludes the shell weight
of the marine organisms; the shells being inorgan-
ic.

OPTIMAL CLEANING STRATEGY

The cleaning strategy proposed, enabled three
condensers to handle the steam, equivalent to a
total air flowrate of 52m3/s. At maximum speed,
either blower can deliver 29.5m3/s; so that the
blower with only one condenser in service, must
deliver 22.5m3/s. This blower can be operated at
90¢% speed with the condenser hotwell temperature
at 328K. This condenser must condense 4.7 kg/s of
steam. The two condensers serving the blower
which is delivering 29‘5m3/s of air, will be
condensing 7.4 kg/s of steam at 325K,

Numbering the condensers 1,2,3,4 and assuming
that 1 and 2 are connected in parallel to blower
A, with condensers 3 and 4 serving blower B. For
the situation when condenser 4 is isolated for

28.

cleaning, 3 will be condensing 4.7 kg/s and B
will be delivering 22.5m3/s. Condensers 1 and 2
will be condensing 7.4 kg/s, which is less than
twice 4.7 kg/s; so condenser 3 has a greater heat
load than the average of 1 and 2.
limiting, the cycle time between cleaning will be

Becuase 3 is

maximised if the overall heat transfer coefficient
for 3 was proportionally larger than the average
for 1 and 2.

The total cleaning costs will be minimised if the
cycle time for each condenser is maximised and
the number of times the cleaning crew is required
on site is also minimised. The time taken to
clean a condenser is the same, whether they are
cleaned consecutively or in a staggered sequence

The strategy which maximises the operating cycle
but minimises the number of calls on the cleaning
crew, is to clean one exchanger from each pair
consecutively, Thus if 2 and 4 are due for
cleaning, 1 and 3 are at the half-cycle stage.

At the half-cycle stage, exchangers 1 and 3 must
be able to condense 4.7 kg/s of steam with the
hotwell temperature not exceeding 328K. Conden-
sers 1 and 3 are said to have attained the limit-

ing fouling resistance. The overall cycle time

will be twice as long as it takes toattain limit-
ing fouling.

The maximum fouling which is permitted can be

calculated by considering a pair of condensers,
one at limiting fouling and the other at maximum
fouling, able to condense 7.4 kg/s of steam with
a hotwell temperature of 325K,

The way in which fouling resistance increases
with time since the condenser was cleaned, may
not result in condensers 2 and 4 attaining maximum
fouling at the same time as 1 and 3 have attained
limiting fouling.

Nevertheless, cleaning of 2 and 4 must be carried
out when limiting fouling of land 3 has occurred.
Thus there will be an optimal fouling model,
which allows all four condensers to attain the
appropriate critical values of fouling, simultan-
eously. Various fouling models are examined in

a later section,



LIMITING AND MAXIMUM FOULING RESISTANCES

Each condenser contains 576 titanium tubes arranged
in two passes. The tubes are 5m long, 25mm outer
diameter by 2mm wall thickness; giving a total inter-
nal surface area of 190m2.

Limiting Fouling Resistance in Condenser 3

The calculations were based on cooling water enter-
ing at 289K and leaving at 300K, with the condensate
at 328K.

Steam condensation rate = 4,725 kg/s
Heat load = 11.276 Md
Cooling water flow rate, W = 244,84 kg/s
Tube-side heat transfer coefficient = 8684 w/mzK
Shell-side heat transfer coefficient = 6749 N/mZK
Tube wall heat transfer coefficient = 48468 W/mZK

Overall clean coefficient, inside area = 3869 N/mZK

The minimum overall heat transfer coefficient based
on the inside area of the tubes, was found by equa-
ting the rate of heat gain by the cooling water to
the rate of heat transfer. This results in the
following equation from which U3 was found.

T T U,A

n P - 2 (1)
w 23

A = total internal area = 190m2
= specific heat of water = 4186.8J/kgK

T] = inlet temperature of water = 289K

T23 = outlet temperature of water from condenser

= 300K
Tw = hotwell temperature = 328K

From these values, U3 was calculated as 1788 w/mZK
_ 3869 - 1788 _

3869 x 1788

3 x 10" me/u
Maximum Fouling Resistance of Condenser 2
Condensers 1 and 2 must condense 7.396 kg/s of
steam at 325K. The overall heat transfer coeffic-
ient U] will be the same as U3; that is 1788 w/mZK.
It is assumed that the cooling water flowrate
through each condenser is also W; that is 244,84kg/s.

Limiting fouling resistance = R3

Condensers 1 and 2 will condense a proportion of
the steam, according to the ratio of their overall
coefficient to the sum of the coefficients (U1+U2),
Let TZ] and T22 be the temperatures of cooling
water leaving condensers 1 and 2, respectively. The
total latent heat removed QT by both condensers
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equals 7.396 x 2390 kk. A heat balance on the
cooling water yields the sum of the outlet
temperatures:

Oy
2T] o (2)

17676
X

To1 + Ty

T2] + T22 =2 x 289 + -

595K

Applying equation 1with Tw = 325K and U] = U3 =
1788 W/m’K gives the following relationship for
Tz]:
n 325 - 289 _ 1788 x 190
- =

325 12] 734,88 x 4186.8

- .3 -
T21 = 325 T393 ° 301K
From equation 2, T22 = 595 - 301 = 294K.
U2 can be calculated from equation 1 as follows:

1

1,325 - 208  Yp X 190

whence U, = 807 W/m’K
Maximum fouling resistance of condenser 2:

-4 2

_ 3869 - 807 _ meK/W

R2 3869 x 807

3.8 x 10

FOULING MODELS

Fig. 1 shows values of fouling resistance,
determined from the data collected during the
six week project. A Weibull model, curve A, has
been fitted through the data except for days 28
to 30.
through the data for days 28 to 35, but ignores
the earlier data.

Conversely, curve B has been fitted

The study was carried out while the policy was to
clean all four condensers consecutively. The
condensers were assumed to be identically fouled,
because measurements were not available to deter-
mine the performance of individual condensers,

The values of R which are plotted on Fig, 1, were
calculated from the reported average overall
coefficients and a clean overall coefficent of
3869 N/mZK. The actual tube-side film coefficient
would be directly related to the 0.8 power of
water flowrate, and the shell-side coefficient
would be inversely proportional to the cube root
of steam condensation rate, Physical properties
of cooling water and condensate are temperature



dependent also.

Clearly, more information about the operating
conditions of each condenser would have been prefer-
able. Nevertheless, some useful observations can

be made about the curves drawn on Fig. 1:

(1) If curve A represents the growth of fouling,

the 1imiting resistance would be attained in 21 days.
With the staggered cleaning strategy, one conden-
ser from each pair would be cleaned every 21

days and the overall cycle time for each conden-

ser would be 42 days.

(2) Curve B illustrates a situation where the half-
cycle time has been increased to 30 days, by

The value of the
scale parameter n remains unaltered at 38 days and
the ultimate fouling resistance is still 7 x 1074
mZK/HG It will be seen that for the curve B, the
initial rate of fouling is much less than for curve
A. This may be achieved by adding a biocide to the

increasing 8 from 0.98 to 2.46.

cooling water before it enters those condensers
which have been cleaned recently, in order to delay
the growth of marine organisms on the tubes. These
organisms could provide the necessary roughness for
silt to adhere.

(3) Curve D represents an optimal fouling model,
because the condensers would attain the maximum
permitted fouling resistance just before they were
cleaned at 60 days. Also, the ultimate fouling
resistance has been allowed to rise to 15.5 x 10
mZK/wu Note that the scale factor n has been put
equal to the overall cycle time for curve D. This
means that the maximum fouling resistance is 63.2%
of the ultimate fouling resistance.

(4) Curve C illustrates the exponential model of
The scale parameter is

4

fouling, where g is 1.
equal to the overall cycle time, as with curve D,
But the fouling resistance just before cleaning js
only 4.8 x 107 mk/u.

(5) Curves B, C and D all have the same lengths of
half-cycle (30 days). But just before cleaning,
the fouling resistance is higher for curve D than
for curve B, which in turn, is higher than for curwe
C.

On Fig. 2, curve E is the best fit by the least
squares method, of a Weibull model, through all the
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data from the six week study. For this curve,
the scale parameter n was found to be equal to
the half-cycle time, at which 1imiting fouling
is achieved. The ultimate fouling resistance was

found to be 4.65 x 10~ m2K/W and g is 1.19.

Curves F and G illustrate verly clearly that
altering 8 will have no effect on the half-cycle
time, when this is equal to n. However, the
larger is the value of 8 the higher will R be at
cleaning; thus the values of R/Roo at 42 days, for
the various curves is: curve F 86.5%, curve E
89.8%, curve G 98.2%.

FACTORS AFFECTING WEIBULL MODEL PARAMETERS

The fouling resistance correlated by the Weibull
model can be calculated from the following equa-
tion,

R= Ry (1~ exp = (t/n)f) (3)

R00 is the ultimate resistance which would be
If the shape
is 1, equation 3 becomes the nega-
tive exponential relationship which has been

obtained after a very long time.
parameter g
suggested previous1y]. When the shape parameter
8 exceeds unity, the initial rate of fouling is
zero. This can be shown by differentiating
equation 3 and then eliminating the exponential

term by means of equation 3.

TR (4)
when g is 1, the initial rate of fouling is
Roo/n because R(0)=0. When g<1, the rate of
fouling is inversely proportional to time, to
the power 1-8. Hence, the initial rate of foul-

ing will be infinite,

The onset of fouling can be concieved as the silt
particles filling the cavities between the surfae
perturbations in the tube wall. These surface
irregularities would be supplemented by colonies
of marine organisms (algae) adhering to the wall
The rate of growth of the colonies should depend
on their concentration in the water, with a nega-
tive exponential term containing an inhibition
factor and the water temperature. This term is
analagous to the Arrhenius factor in reaction



kinetics.

The following equation can be postulated for 8,
which contains all these factors in dimensionless

form.
d €
_ s _w !
B——w{1 gpaexp ( T)} (5)
€y and €, are the roughness of the wall and algae,

respectively; ds is the diameter of the silt parti-
cles; Pa is the concentration of algae expressed as
parts per million by weight. I is an inhibition
factor, analagous to the activation energy in
reaction kinetics, and T is the absolute tempera-
ture of the wall. It is conceivable that I would
be increased by chemical treatment of the cooling
water with a biocide and by a deficiency of
nutrients and oxygen, which the algae require to
sustain growth. Note that I has the demensions
Bott and Pinheiro2 give a good

Their exper-

of temperature.
review of slime formation mechanisms.
iments3 indicated that wall temperatures about

310K led to maximum growth rate.

It has been postulated] that the rate of fouling
is the result of the difference between the rate
of deposition of silt and its rate of erosion from
the deposit. The review by Taborek et a14’5 shows
that most models are based on deposition and eros-
jon. At R = Roo these processes are in dynamic

equilibrium,

The deposit should start with a large value of
coherence, which may diminish as the layer gets
deepers; but may at*ain a higher, constant value
independent of depth, if colonies of algae are
intermingled with the silt deposit. The value of
coherence at dynamic equilibrium can be considered

as an effective kinematic viscosity By

&w = My (8)

Considering that the rate of increaseof R due to
deposition is proportional to Roo while the rate

/2prmK

of erosion is proportional to R, the deposition
rate may be deduced from equation 4,

38 _RooB t, 7!

{37} = — {;}
D n
Note that when B is 1, the deposition is independ-
ent of time and equal to the initial rate of

(9)
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increase of R. Wheng is not equal to 1,
equation 9 shows that the rate of growth of the
fouling deposit depends upon g. From equation 5
it is seen that g depends upon the inhibiting
factor I, In this way, the influence of factors
such as pH, nutrients and oxygen, upon the growth
of algae colonies is incorporated in the overall
deposition rate. These effects are discussed by
Bott and Pinheiro2 for the case of algae growth

in the absence of silt deposition.

Note than from the form of equation 5 and the
inclusion of B in equation 9, that the model
proposed here has similarities with the "transfer
adhesion model1" used by Watkinson and Epstein6

to correlate their experimental results for sand
deposition from water,

If silt is transported to the surface of the
deposit by eddy diffusion only, the mass transfer
coefficient is related to the Fanning friction
factor as follows:

k
v

Bea17 postulated an eddy diffusion model for dust

= 0.023 Re 2 - £ (10)
deposition from gas streams. But all previous
authors dealing with liquid streams have used a
molecular diffusion model, In order to allow for
the time dependence of the deposition rate,
required by equation 9, the mass transfer rate is
scaled by (.368 8/(s , - ¢) )B-].
since V is measured m/s and t in days a numerical
factor of 8.64 x 104 s/day is included also. It
was found that values of n which were similar to

those used in Fig. 1 could be correlated by
1.5
) 2

Furthermore,

scaling the deposition rate by (600/0 3 where
D is the inner diameter of the tubes, Whith all
these factors included, the mass flux rate of
silt may be predicted by

s 1.5

4 ®
k CS {—U} {

B-1
0.3685
o (0

p. 38, _
S {5f% = 8.64 x 10

In equation 11, C_ is the mass of silt per unit

volume of water, SA1so the function of ¢ in
equation 11, allows the deposition rate to be
independent of § for g=1; but for g>1 it is zero
initially and infinite when 6=600. Also, for

<1, the initial rate is infinite. The factor



0. 368 has been included because when t=n in equa-
tion 9, 6=.632600 in equation 11, for all values of
B.

It is assumed that the rates predicted by equations
9 and 11 become equal to t=n. Thus, substituting
5=KR in equation 11 and equating the rate of
increase of R due to the deposition at t=n, with

k coming from equation 10, gives the following
relationship for n.

.5
gD Ps D
.32 X f; KRoo

Prediction of Weibull Parameters for Fig. 1

The following analysis is based upon reasonable
estimates of unknown operating parameters, plus
For the
predicticn of B, the values assigned to the

typical values of measured variables.

variables in equation 5, are listed in Table 1.
Similarly, in Table 2, the appropriate values of
velocity were selected, so that the values of n
used in Fig. 1 could be predicted by equation 12.
These values of V were then used in equation 8 to
find Mys as listed in Table 3. In Table 3, the
values of the cohesion of the deposit are listed,
which would predict the values of Roo used in Fig.
1.

Comparing the values of Mygs it can be seen that to
change from curve A to curve B, the cohesion has
to increase from 5.3 to 13.1 centipoise (g/ms);
whereas R00 is identical for both curves. In order
to obtain curve B, a high inhibition factor I and/
or low water temperature T are required, coupled
with a water velocity of 5.2m/s; these conditions
would not be conducive to high cohesion, so curve

B seems unattainable.

Curve D on Fig. 1 was postulated because it
represents a situation where the condensers to be
cleaned attain the maximum permissible fouling,
at the same time as the other two condensers
attain the limiting fouling resistance. Curve D
is rather more feasible than curve B, insofar as
the velocity is comparable with curve A. Curve D
could arise if dosing of the cooling water with
biocoide was carried out for a limited period,

immediately after cleaning. After the treatment
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ceased, the colonies of algae would tend to bind
in the silt, giving rise to the higher value of
Hy» between curves A and D. Thus curve D would

be expected at periods of high algae concentration.

Table 1 shows that curve A can be transformed into
curve C by a small change in I. The principal
difference between curves A and C is that n is
increased from 38 to 60 days, by using a lower
water velocity of 1.3m/s. The cohesion is also
reduced to 3.6 centipoise; perhaps by continual

addition of biocide.

The advantage of curve C over curve A, is that
the half-cycle time has been increased from 21
days to 30 days.

Note that the ultimate thickness of the deposit
is equal to KR00 which for curves A, B and C is
equal to about 210 microns. This is in good

agreement with reported data3.

CONCLUSIONS

The optimal cleaning strategy is to clean one
condenser from each pair in succession. The time
for cleaning arrives when the other two condensers
have achieved the "limiting fouling resistance",
The overall cycle time is twice the time taken to
arrive at limiting fouling conditions.

The Weibull equation enables a wide variety of

trends between fouling resistance and time, to be
correlated.
which affect the constants of the Weibull equatim,

The principal operating parameters,

are cooling water velocity and temperature and
the addition of a biocide at appropriate periods.
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R X 10* ///
}m K/7w) e Data Calculated from Measured
Overall Coefficients.
Weibull correlation ////
R
= 1 - exp - (t/n)B

o w /
i ROO x 10"
Curve (2 K/W) " (days)

A 7.0 0.98 38
i B 7.0 2.46 38

c 7.645 1.0 60

D 15.5 2.22 60 ;
- B

Limiting Resistance

40 50 60 70 80
t(days)

Figure 1 - T1lustration of Fouling Models
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Table 1.

Prediction of 8 for Fig. 1

Table 3. Prediction of Roo for Fig. 1

Estimated Variables

Typical Measured Values

Estimated Variables

dS = 0.5mm Py = 10 parts per million
€y = . 02mm T =294 K

e_ = ,002mm

Prediction from equation 5

8 0.98 1.0 2.22 2.46

I 1500K  1504K  2000K  2570K
Curve on Fig. 1 A C D B

Table 2.

Prediction of n for Fig. 1

Estimated Variables

Typical Measured Values

K = ,3W/mK f = .006
og = 2000kg/m° C, = .02kg/m’

D = 21mm
Prediction from equation 12
V(m/s) 2.1 5.2 1.3 2.0
8 0.98 2.46 1.0 2.22
Ry X 104 mlkw) 7 7 7.645 15.5
n (days) 38 38 60 60
Curve on Fig. 1 A B C D

28.

Typical Measured Values

=
H

. 3W/mK
1000kg/m°

f = .006

hel
1]

Prediction from equation 8

Roo X 1w0hmlkmy 77 7.645 15.5
V(m/s) 2.1 5.2 1.3 2.0
by x 103(Ns/me) 5.3 131 3.6 1.2
Curve on Fig. 1 A B C D

Data from Measured Overall Coefficients
® Ry, = 4.65 x 10 b (m? K/W)

Curve £ F G

) 1.19 1.0 2.0
Rx 10"
(m*K/W)

t(days)

Figure 2 - Fouling Models with The Scale

Parameter Equal to the Half-Cycle Time



SYMBOLS USED

A Surface area inside the tubes in
one condenser

C Specific heat of water

o

Mass of silt per unit volume
of cooling water

Inner diameter of tubes
Diameter of silt particles

(%]

Fanning friction factor
Inhibition factor

R = Hh Ao O

Thermal conductivity of silt
deposit

Mass transfer coefficient of silt
to the deposit layer

Parts per million (w/w) of algae
in cooling water

Q] Heat transfer rate in condenser 1
02 Heat transfer rate in condenser 2
QT Sum of Q] and 02

Fouling resistance inside the tubes

==

Ultimate fouling resistance

Re  Reynolds number

R Cooling water inlet temperature
Temperature of cooling water

21 leaving condenser 1

T22 Temperature of cooling water
leaving condenser 2

T23 Temperature of cooling water

leaving condenser 3

T Mean temperature of cooling water
in a condenser

T Hotwell temperature at which
steam condenses

t Time elapsed since last cleaning
operation

U Overall heat transfer coefficient
based on the inside area of tubes
(Subscripts are condenser number)

v Superficial velocity of water in
the tubes

W Mass flowrate of cooling water
to each condenser

Greek Letters

B Shape parameters

Thickness of silt deposit

Ultimate thickness of silt deposit

Partial derivative (subscript D:
for deposition)

€ Roughness of wall
€4 Roughness of algae growing on wall

(m?)

(J/kgk)
(kg/m’) 0

(m)
(m)

(K)
(W/mK)

(m/s)

(K)
(K)

(K)

(days)

(W/m’K)

(m/s)

(kg/s)

(m)
(m)
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Cohesion of silt deposit
Scale parameter

Density of silt and water mixture
flowing in the tubes

Bulk density of the silt deposit
Shear stress

(Ns/mz)
(days)
(kg/m®)

(kg/m°)
(N/md)



MODELLING OF LIQUID-LIQUID EXTRACTION COLUMNS - THE DISPERSED PHASE PROBLEM
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ABSTRACT

Theoretical models of the liquid-liquid extraction
process in countercurrent flow columns have been
developed to take into account the influence of
drop size distribution and of size-dependent
residence time distributions and interphase mass
transfer rates. The rigid drop and Handlos and
Baron turbulent circulation/oscillating drop model
equations have been sclved exactly, taking into
account variations in mass transfer rates with
position and variation in boundary conditions due
to changing continuous phase concentrations.
Significant differences from the approximate
solutions previously published were obtained.

Experimental data verifying the influence of drop
size distribution (independent of mean drop size)
on extraction rates have been obtained. These
data have been compared with the 'exact' predic-
tions of the rigid drop and Handlos-Baron drop

models. The importance of contralling drop size
distributions cannot be over-estimated.

INTRODUCTION
The complex nature of the behaviour of the dis-
persed phase in an extraction column makes diffi-
cult the modelling of the hydrodynamic and mass
transfer processes. Factors which should be
considered in any model include at least the
following
I Drop size distribution, which will depend on
a) method of introduction of the dispersed
phase,
b) degree of coalescence and breakup in the
column,

¢) level of solute concentration,
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II

III

v

d) influence of surfactants,
e) physical properties.
Drop residence time distribution, which will
depend on
a) drop size distribution,
b) degree of agitation,
c) degree of axial mixing,
d) level of surfactants, influence on drop
mobility,
e) physical properties.
Distribution of mass transfer rates, which
will vary with
a) drop size,
b) position - during formation
- during rise or fall due to
changing boundary conditions
and driving force, changing
physical properties, degree of
coalescence and/or breakup
-~ during settling and coalescence
at the outlet end,
c) level of surfactants, resulting inter-
facial resistance.
Multicomponent mass transfer due to

a) miscibility of solvent and raffinate,

b) multiple solutes.



Until recently, none of these factors was consid-
ered in the modelling of countercurrent flow
extraction columns. First models were formulated
by analogy to gas - liquid contacting in absorp-
tion columns. Plug flow of the two phases in
countercurrent flow was assumed, the required
number of transfer units was determined and the
only experimental data required were the heights
of transfer unit. Differential and stage models
were then modified to attempt a more realistic
description of two phase flow in extraction

columns. Backmixing of both phases, with the

resulting reduction in mass transfer driving force,

was assumed. The unsuccessful attempts at
measurement and correlation of the model para-
meters has not given much confidence to engineers

in designing extraction columns using these

models.

The objective of our work is to construct a
realistic model which will take into consideration
as many of the above factors as possible, and to

obtain the appropriate data to test the model.

MODEL DEVELOPMENT

In developing the model, the following assump-

tions have been retained:

1) A single component, in low concentration,
transfers between immiscible carrier phases;

2) Phase flows remain constant over the height of

the column;

3)

Physical properties are constant;

4) No unusual influence of 'surfactants';

5) No interfacial resistance to mass transfer.

Models may be developed from either the basic
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differential, or stagewise, contacting models.
Both have been employed by the authors (1,2).
However, in this work, the model developments
based on the differential contacting model will

be detailed.

One further assumption is made throughout this
work. The continuous phase is assumed to flow
in plug flow, with axial mixing within the phase
represented by eddy diffusion, and the extent of

axial mixing is given by the size of the diff-

usion, or dispersion, coefficient EC'

The dispersed phase is assumed to consist of
drops of varying sizes passing through the
continuous phase at varying velocities. Drops
of a given size are assumed to have a given
velocity or residence time in the column, but the
influence of variability of residence time within
drops of a given size has been estimated (3). The
theory is first developed for the case where
there is no coalescence or breakup. The

associated problems which arise when coalescence

and breakup are considered then will be discussed.

-Hydrodynamics
Chartres (3) started with the usual definition of

slip velocity

\" v
=2 c = -
Vs = + 1o 3 Vk(l $) (1)
and assumed that the individual drop slip
velocities, could be similarly defined as
follows:
vC
Ve,1 Va1 PTo g Vi, it # 2

and summing over all the drops in the dispersion,

the following is obtained:



P iV,

\'4
D
3 (3)

X fivk,i(l - ¢) - -3¢
Chartres then assumed that individual drop char-
acteristic velocities, vk i were proportional

’

to the single drop terminal settling or rise

velocities, V Misek (4), in work on

t,i’

Rotating Disc Columns, used

Vt,i(l - ¢) exp (ai¢) (4)

S,1i
whereas Olney (5) suggested a simpler relation

v

; = C.V
s,1i

R t,i(l -

$) (5)

where CR is a constriction factor to account for

internals within the column.

Pinto (6) has modified the above relations
slightly, considering the relative flows of the
two phases at the most constricted cross-sectional

area (CRS) and defining the drop velocities there
by

v
(o4
* — =
Va, i * LT - 9 Vs, i (6)
s
where V * =V . 2
d,i 4,1 SCR

When summed up over all drops Equation 6 leads to

v
]

L v - ————
is,i CR(l - ¢)

£v

* =
iYq,1" =1 ¢

1

N

and substituting for the mean rise velocity Vd i’
’
the following is obtained:

\4

_s o -
LEYV T-0|®

i‘d,i ° s s,i
To obtain expressions for the slip velocities the
approach of Chartres was again used, but in
addition the work of Barnea and Mizrahi (7,8) was
applied. They corrected particle slip velocities
for

a) density variation with dispersed phase holdup

b) viscosity effect due to presence of dispersion,
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and

c) wall effects.

Ideally, drop size dependent residence times

6, = 2/v ) should be measured.

4,1

ever, measured holdup, ¢, and drop size distri-

i Instead, how-
butions, fi' are used with calculated single drop

terminal velocities, V_ ,, to calculate a

t,i
'constriction factor', CR' from Equation 8.
Equation 6 is then used to calculate vd,i"
These values will depend on the method used for
calculating the slip velocities so each method,
i.e. Misek, Olney, Barnea et al, was used, and

the effect on predicted residence time and

extraction efficiency determined.

-Mass Transfer

The model equations applying to dispersions with
varying drop size distributions are those devel-
oped and used by Chartres, with only minor
modification to correct for the presence of
internals, which reduce the effective column

working volume. The equations are repeated

below (6).
dx (<]
az - S—E—-(X - X) (9)
c
ax _ %S.p  Kop,yfy W' - ¥y) (10)
dz Qcpc di
dy;  SKop,s 7 - vy) (1
dz v d
4,i’i

The publications of Rod (9) and Olney (5) were

used to develop these model equations.

To use these equations, values of the overall

dispersed phase mass transfer coefficient, KOD i’
’

are required. As drop size dependent coeffi-

cients have not been measured under column condi-



tions, the procedure used has been to predict the
coefficients from single drop theoretical models,
and then to compare predicted theoretical extrac-
tion efficiencies with experimental values.

Rigid drop (10), viscous circulating drop (11),
turbulent circulating drop (12}, and oscillating
drop (13,14) models have been developed, and the
resulting equations solved for single drop
situations. when applied to swarms of drops in
an extraction column some of the basic assumptions
made are of doubtful validity, particularly the

assumption of constant continuous phase

concentration!

To obtain more accurate predictions of drop models
for column conditions, the model equations have to
be solved for the appropriate conditions. This
has been done for two models - the rigid drop,

and the Handlos-Baron turbulent circulating drop

(also generally applied to the oscillating drop).

Molecular diffusion within a rigid drop rising
with constant velocity through a continuous phase

may be represented by the following equation:

2
3y .2 3 . a_ X _o
ar' r' or' 4 DAD 3z

Handlos and Baron proposed a 'turbulent circu-
lating' model, which has since been widely applied

to oscillating drops, for mass transfer within

drops. The following equation was derived:
ay . 's
3z 1284 Vd(l + uD/uc)(l - &)

. 3

% (1 - 5€* + 106'2 - 6613 ‘—;%,

These model equations were first solved assuming
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the following:

1) uniform continuous phase concentrations

2) infinite continuous phase mass transfer
coefficients, kc

3) long contact times

Dispersed phase mass transfer coefficients were
calculated, in each case, averaged over the
infinite time of contact, and then combined with
a finite continuous phase mass transfer coeffi-
cient, assuming the two film resistance model for
mass transfer between phases, to calculate an

overall mass transfer coefficient X __ . The

oD
equations have since been solved for finite con-
tact times (15) and finite continuous phase mass
transfer coefficients (16,17,18). In the latter
case average values of the overall coefficient
which are directly dependent on kC are used in
the column model equations. However, the errors
involved in the averaging process, and in neglect-

ing the change in continuous phase concentrations,

have not been previously determined.

The authors have solved the rigid drop, and
Handlos-Baron drop, model equations and, using
experimental data from a number of runs on a
Rotating Disc Contactor, have determined the
exrors in predicted mass transfer rates due to

Values of X

ch of th bove a .
ea o e a. e assumptions oD,i’

for rigid and oscillating drops, were calculated
for different combinations of assumptions and the
effect on the extraction efficiencies calculated
using the column model equations. To determine
the influence of changing continuous phase con-

centration, however, the drop model equations had

to be solved simultaneously with the column model



equations, by numerical methods. In this case

values of K . are not calculated, but are

oD,1i
eliminated from Equations 10,11 by combining them.
Details of the mathematical, and numerical,

methods may be obtained from the Ph.D. thesis of

Pinto (19).

-Coalescence and Breakup

It is recognized that extraction columns will
generally be operated under conditions where
breakup at least will occur due to the agitation
method employed in the column. Coalescence, too,
may occur, especially if high dispersed phase
holdups are present. Previous work (20,21) has
resulted in the derivation of drop population
balances which take into account drop coalescence
and breakup, thus predicting changing drop size
distributions with time or position. Parameter
values have been measured (21,22) for the single
stage mixer for which the theory was developed,

but the data are still too limited to adequately

establish the mechanism of these processes.

The (rop population balances have been incorpor-
ated into the column hydrodynamic model equations.
Experimental conditions which result in drop
breakup, but not significant coalescence, with
resulting reduction in mean drop size have been
used in an attempt to predict drop breakage
parameters. No attempt has been made to include

any direct influence on mass transfer rates of the

breakup and coalescence processes.

EXPERIMENTAL
The first objective of the experimental programme
was to establish conditions in a pilot plant

Rotating Disc Contactor which might closely
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approximate single drops in an infinite contin-
uous phase, i.e. by preventing if possible any
interdrop interactions. That is, the theory was
to be checked against experimental for the case
where the column was operated at low rates, and
low dispersed phase holdup, and with the
dispersed phase introduced into the column at a
drop size near the steady state size for the
particular operating conditions. The distributor
was designed, and the agitation rate controlled so
that the drops formed at the distributor retained
their identity through the column. Agitation
rates were low to avoid excessive backmixing of
the dispersed phase.

The Rotating Disc Column was operated with two
sets of internals, the dimensions of which are
given in Fig. 1l. Measurements of
a) drop size distributions (photographically),
b) dispersed phase holdup,
c) both phase inlet and outlet concentrations,
and in some cases

d) continuous phase concentrations at several
points within the column,

were made for a range of operating conditions
with the toluene-acetone-water system.

RESULTS

Experimental - Drop Size

Initial attempts by Chartres to obtain an
unchanging drop size over the column height were
unsuccessful. With the introduction into the
column of relatively large (0.6 - 0.7 cm. dia.)
drops, the break-up rate was not high enough to
produce a steady state drop size through
However, this

increased agitation alone.

problem was overcome by changes in distributor



design, and the drop size variation was reduced to
the minor level indicated for 2 Runs (No.2 and 5)
in Fig. 2. Very little change with height
indicates a minimum of drop break-up. Some
redistribution of drop sizes does occur, as
indicated for Run 5 in the plotted drop size
distributions in Fig. 3 but the effect on mean
drop size is minimal.

Different distributors were used in order to
effect changes in drop size distributions, while
keeping the mean drop size unchanged, so that the
influence of drop size distribution on extraction
efficiency could be demonstrated directly.

Runs 3 and 4, 2 and 5, and finally 6 and 7 are
three pairs of runs where operating conditions are
identical except for the dispersed phase distri-
butor used. As the results in Table 1 indicate,
the mean drop size within each pair of runs did
not change significantly. Dispersed phase hold-
up decreased when large drops were introduced to
widen the drop size distribution, with the pre-
dicted detrimental effect on extraction efficiency

(see below).

Experimental - Mass Transfer

Extraction efficiencies im dispersed phase units
(EOD) were calculated from the inlet and outlet
concentrations and are tabulated in Table 1.
Equilibrium data for the system were obtained over
the range of temperatures employed, and the
extraction efficiencies are therefore corrected
for temperature. As the comparison of efficien~
cies leads to difficulties because of changing
extraction factors and of the increasing

importance of a given increment of efficiency as

the efficiency approaches one, the plug flow
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number of transfer units, N

oDp’ was calculated

in each case and used to compare column
performance under different conditions.
The influence of drop size distribution is

clearly demonstrated by the changes in E

op’
and NODP' obtained when different distributors
are used - see Table 1. Increases in NODP of up

to 50% resulted from more uniform drop size
distribution obtained in Runs 2, 4 and 7, when
compared with those in Runs £, 3 and 6 respect-
ively.

Over the limited range of conditions employed,
efficiencies changed little with flow rates and
disc speed, though they increased with both due

to increasing dispersed phase holdup.

Theoretical ~ Hydrodynamics

In order to predict dispersed phase holdup for a
given drop size distribution, flows, etc., a
value of CR in Equation 8 is required. Values
of CR were determined for a large number of rums,
and compared with values calculated from the
internal dimensions to see whether the constric-
tion factor could be related to the latter.

Some of the results are tabulated in Table 2.
These data indicated that the values of CR are
always higher than what would be predicted from
column dimensions (see Fig. 1), which suggests
that the actual drop velocities through the
column may have been slightly under-estimated.

However, the relation for Vs which was used

i

’

made little difference to the results except that
the more complex models of Misek and Barnea-
Mizrahi predicted higher CR values than Olney's

simple approach.

Within engineering accuracy, the constriction



factor is approximately constant for each column
geometry. However, some variability of the values
obtained requires further analysis. If we compare
the values of CR for the three pairs of runs

(2,5), (3,4) and (6,7), it is apparent that the
broadening of the size distribution, by forming
some of the drops from larger distributor holes,
caused an increase in that factor, even though

the average drop diameters were similar. It is
not clear, however, at this stage, whether the
difference could be due to a specific drop size
effect, or rather to the holdup itself which is
consistently higher for the narrower size
distributions.

This problem may still be in need of study, but
this more fundamental type of approach should
definitely be preferred to the usual correlations
for RDC dispersed phase holdup (e.g., Kung and
Beckmann (23) or Murakami et al. (24), which
totally ignore the real structure of the dispersed
phase, particularly its size distribution, which
often changes dramatically with column height.

The advantages of the treatment discussed here are
clearly illustrated if we compare, for a few cases,
our measured holdups with the predictions by the
two correlations mentioned above (see

Table 3).

No matter how recent some of these correlations
may be (24), the fact that the method of intro-
ducing the dispersed phase into the column is

never reported, neither its size distribution nor
how it changes with height, make this type of
correlation entirely useless for design purposes.

Theoretical - Mass Transfer

First, experimental drop size distributions
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and other data from two runs were used in order
to determine the accuracy of prediction of the
rigid drop, and the Handlos-Baron drop, model
equations when these were solved for different
boundary conditions, etc.. The results of this
study showed that the simple equations used to
predict mass transfer rates are not always very
accurate, with differences between the simplest
and the most complex, exact numerical, solution
as high as 30% possible. This is due mainly to
the assumptions of constant continuous phase
concentration with column height and very large
contact times, and to the neglect of the
continuous phase transfer resistance when
evaluating the dispersed phase partial transfer
coefficient. The differences in predicted
results are further illustrated in Table 4,

where predictions for the most approximate (Case
I*) and the exact numerical solution are tabu-
lated with the corresponding experimental data.
The result of simplifying assumptions made in the
solution of either model equations cannot be
ignored if one wishes to draw conclusions regard-
ing the drop behaviour in an extraction

column.

Comparing experimental and model-predicted values

for E and NO . one finds that nearly all

oD DP

experimental values fall below the predicted ones
for the Handlos-Baron model, the exceptions being
slightly higher than predicted by this model.
Although the major variable, that of drop size
distribution, has been measured and accounted
for, some assumptions still were required in
applying the models, and these could well explain

any differences between experimental and theor-



etical values. For instance, a previously

published correlation for E_ (25,26) was

o]
utilized, though the state of the dispersed phase
will undoubtedly affect continuous phase axial
mixing, and the applicability of the Ec corre-
lation, when dispersed phase properties are not
comparable, is questionable. Experimental
continuous phase concentration profiles could be
utilized to provide values of the axial disper-
sion coefficient, and hence to provide more
accurate predictions of extraction efficiencies.
This is one of the objectives of continuing
work.

In connection with this, one should question how
the inaccuracy of the predicted continuous phase
axial mixing affected the results. To answer
this, we resolved the column model equations for
Runs 2, 3, 4 and 5, assuming plug flow (no axial
mixing) in the continuous phase, and the results
are shown in Table 5. The striking conclusion is
that, for rigid drops, the effect of the usual
simplifying assumptions regarding the drop
boundary conditions is far more important (over a
factor of 3) than, as in the early design methods,
the assumption of no axial mixing! And for
oscillating drops the effect, even though smaller,
cannot be neglected.

Composition profiles for Runs 2 and 5 are shown in
Figures 4 and 5. They provide another means of
comparing the different calculation methods with
each other, and how closely they predict the
actual (experimental) composition profile. It is
clear that for the two cases illustrated the

extent of axial mixing has been overestimated,

which only stresses the conclusion of the para-
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graph above.

Theoretical - Coalescence and Breakup

Drop sizes and size distributions were obtained
at three column levels, for conditions where
drop breakup was extensive, but in the absence of
any significant coalescence (see Run 12 in Table
1). The Sauter mean diameters are plotted in
Figure 2, A model and the corresponding algor-
ithm were developed (19), and utilized in an
attempt to predict the experimental changes in
drop size, and size distribution, with column

height. The model-predicted 4d.,,'s are also
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plotted in Figure 2, and the fit may be consid-
ered very good. The local size distributions
are also output by the calculation routine,
together with the values of three parameters
characterizing the breakage distribution function,
the fraction of drops that actually break, and the
breakage time. The local predicted size

distributions were, however, broader than the

experimental.

CONCLUSTONS

1. A realistic model of the countercurrent flow
liquid~liquid extraction process has been
developed and tested under carefully con-
trolled experimental conditions.

2. Drop size distributions, and the factors
affecting them, must be accounted for in any
theoretical model, and must be carefully
considered in the design of extraction
column internals, particularly of the inlet
distributor.

3. Single drop model equations must be solved

for more realistic boundary conditions if



they are to be used to predict extraction
efficiencies for swarms of drops in an extraction

column.
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NOTATION

a coalescence coefficient (Equation 4)

CR constriction factor

CR'g

CR" geometrical factors (Fig.l)

d drop diameter

D disc diameter

d32 Sauter-mean drop diameter ):nd3/2nd2

Dc column diameter

DS opening diameter

Dsh shaft diameter

EC axial dispersion coefficient, continuous
phase

EOD extraction efficiency, dispersed phase
basis

f volume fraction of dispersed phase in
particular drop size interval

hc compartment height

kC'kD partial mass transfer coefficients,
continuous and dispersed phases

KOD overall mass transfer coefficient,
dispersed phase basis

NODP plug flow number of transfer units,

dispersed, phase basis

Qc volumetric flow, continuous phase

r radial coordinate
r' reduced dimensionless, radial

coordinate (2r/d)

S column internal cross sectional area

Sa column average cross-sectional area for
flow

vC Superficial velocity, continuous phase

Vd drop vertical velocity based on mean

available column cross-sectional area
vV.* drop vertical velocity based on minimum

column cross-sectional area

Vk drop characteristic velocity

Vs drop slip velocity

Vt drop terminal settling (rise velocity)

X weight fraction solute, continuous
phase

X weight fraction solute, continupus

phase, plug flow basis
y dispersed phase solute weight fraction
y* (x) weight fraction solute in dispersed

phase, equilibrium with x

z column vertical position

4 total column height

Greek symbols

Uer¥p viscosity, continuous and dispersed
phases

PcrPp densities, continuous and dispersed
phases

£ reduced radial coordinate, oscillating
drop (4r/d)

g 1-¢€

-] fraction dispersed phase holdup

[} drop residence time in column



Subscripts

c,D referring to continuous, dispersed
phases
i referring to drops in a particular size
interval
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TABLE 1

TABLE 3

Experimental vs Predicted Column Holdup by Previous Correlations

volumetric Flivrates
column temd/sec) bispersed Phase | bisc | Average Drop
Georo| Dimtri- | Tewy. Hedup Feed [Dlaseter - 4y, peticiency - Nopp
Ru tio. | etry | buters | (°C) |Cent. Phase | Cisp.Phase ) wpama|  tem (Dispersed Phase Bas:
1 1 19.0 10.0 20.0 4 225 0.123 c.718 .67
H w 17.8 29.5 sto 2.2 240 NE 0.734 2.07
3 | 2o 0.0 15 4 20 o.161 0.643 1
3 N " . 20,0 3.5 5.7 240 LW o0.788 o
5 131 i 2.5 s1.0 7.0 220 0.1% 0690 228 | Dispersed Phase Holdup, %
‘ v 2.5 .5 5.3 7.7 167 015 0.6% 2 |
7 v 2z 265 5.3 23 07 o.les 0.73 ERE
. Experime Kung kmann (23 Murakamietal (24
e w « 0.¢ 0.8 5.7 307 6.161 0.766 230 Run No rimental and Bec! (23) (24)
4 w 0.0 4.5 2.9 293 0.175 0.615 Lot -
10 e w 2.8 st.o 5.5 293 0172 0.651 2.1z 1 4.9 1.4 1.5
1 W n.o e 70 293 0.178 0,670 21
12 A 11 - 2.8 S5 . 6.4 300 See Fig. 2 |bo mass tcaasferiwith | 2 9.2 3.5 4.0
solute |
prescry
1n 7.0 4.1 4.0
epistributcrs: 1 - 220 irregular hales cf O.1 cm. diam.
11 - 220 holes cf 0,159 ca. dism.
11 - 12 holes cf 6.159 cm. dian. + 40 holes of 0,099 cu. dlax.
1v - 8% heles of 0.029 cm. diam, 12 6.4 5.6 4.4
V- 4C holes of 0.099 cm. dlam. + 9 holes of 0,159 cm, diam. + 1 holes of 0.24 cm. diam.

TABLE 2

TASLE 2

calculated Value cf the Column

Factor, ¢, (Based on Experimental Droy Size Distributions)

V, - Pised on Average Coluen Holdup Cp - Based on Predicted* Local Hcldups
Hydrodynanic Nodel Hydrodynamic Wodel
irey ek virnea-Nizrait ey Kinek Rarnea-mizrahi
1 0.7 0.289 0.3t 0.274
2 0.2% 0,32 0.326 o.287
3 0.33 0.5 o.3e2 0,33
4 ©.263 o.201 0,301 0.264
5 0.351 0.5 0.407 0.35¢
« a.301 0.341 0,252 0.338
7 o0.260 ©.301 0.310 0.269
€ 0.1 0.298 o5 ©0.208
3 0.412 ©.850 ©.369 0.408 0.436 0.465
10 0.447 0.4%0 o.514 0.458 0.502 0.532
I 0.427 o.481 o.498 0.432 0.486 0.%05
12 0.292 o.m 0,300 0.287 0.329
*ioeal

dups wore prudicted Ly appiyil Fquaticn © to each of the compartments for vhich size
fons were noasured ard inter. - et them.

TABLE 4

Comparison of Experimental with Theoretically Predicted® Data

TABLE 4

Theoretical
Rigid Handlos-Baron

Run No. Experimental Approx. Exact Approx. Exact

1- BOD 0.718 0.622 0.647 0.666 0.685

- "GJP 3.67 2.032 2,327 2.599 2,925

2 - Zop 0.734 0.579 0.655 0.734 0.774

- NODP 2.87 1,403 1.952 2.863 3.605

3 - Top 0.643 0.468 0.552 0.652 0.696

= Nopp 1.94 0.910 1.296 2,023 2.520

4 - Eon 0.788 0.569 0.659 0.764 0.808

- Nogp 3.02 1.217 1.716 2.692 3.335

5 - Eop 0.6%0 ©0.525 0.613 0.714 0.759

= Nopp 2.24 1.107 1.586 2.505 3.164

6 - o 0.695 0.556 0.633 0.714 0.754

- “ODP 2.35 1.273 1.766 2,582 3.189

7 - !m 0.763 0.616 0.683 0.745 0.781

= Nopp 3.32 1.629 2,198 3.006 3.688
b OOF

8 - !w 0.764 0.586 0.653 0.720 0,758

- llw’ 3.3 1.426 1.904 2.611 3.143

9~ lw 0.615 0.448 0.515 0.609 0.643

- Nopp 1.9 0.882 1.190 1.851 2.208

10 - EOD 0.651 0.467 0.542 0.646 0.684

- Nopp 2.12 0,927 1.277 2,067 2.512

11 - Eon 0.670 0.481 0.559 0.673 0.715

- NWP 2.15 0.949 1.314 2,186 2.698

+*Calderbank-Moo Young (27) k= used, influences of drop size distribution,
small settling zone, included.
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TABLE 5

Comparing the Effects of Different Boundary Conditions and of Axial Mixing

Predicted Efficiencies (NODP)
Rigid Handlos-Baron
Approx. Exact Approx Exact
Run No. Ecm E_=0 Ec#o EC-O Ec;io Ec=o Ec#o E_=0
2 1.403| 1.644| 1.952| 2.459} 2.863| 4.088| 3.605] 5.79%
3 0.910] 1.050| 1.296] 1.598} 2.023| 2.864] 2.520{ 3.991
4 1.217| 1.420} 1.716} 2.158| 2.692| 3.993| 3.335| 5.636
5 1.107| 1.249} 1.586] 1.890| 2.505| 3.397| 3.164] 4.757
' !
!
“+o¢ -+
== ||
[ —— e —— ¢
o I A —
[ —— ] DZ L —
—— c ———
:____: < - 2h, D N ]
| —1— e R »° —— ¢
—_— c — -
s ne " D2 - D2 — ___.
— Cn - CR + _8 1
—_ - Dz | _
- : —+
[ ——] D =219 ca I .
™ had D =13.2ca i i Bl
] D = 2.5ca T
b T T — D =11.0cn I
— 1 — u -
il T
I I C
| |
Geoneln A Gec-eéz_—x B
h, =45 cm h, = T.2ca
¢ = 0.3 Gy =0.35
C"i = 0.25 Cﬁ = 0.40
o = 0.36 Cp' = 0.51
Figure 1l: Rotating Disc Contactor (RDC)

Geometrics Used
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ABSTRACT

Absorption rates of chlorine into films of carbon
tetrachloride have been measured using a short
wetted wall columm. When comparing the results
with those obtained using a laminar jet colum
where the contact times between the gas and liquid
are much lower, the influence of this parameter on
mass transfer enhancement, has been ascertained.
Temperatures at the wall and in the liquid film
have been determined using microthermocouples,
which have allowed a model to be developed to
predict absorption rates for systems where heat is
generated. Reasonable agreement between predicted
and experimental values is obtained except at low
flowrates and causes for this are postulated.

INTRODUCTION

At the present time there is no reliable method to
predict the rates of gas absorption into a liquid
film when the process is accompanied by large heat
releases. Chiang and Toor (1) developed a model
which took into account volume change due to the
heat effects in the liquid phase and were able to
predict rates of absorption for ammonia into water
with reasonable success but failed when consider-
ing the chlorine-carbon tetrachloride system.
Clegg and Mann (2) measured the absorption rates
of chlorine in a jet of carbon tetrachloride and
the experimentally determined rates were found to
be approximately three times higher than that pre-
dicted by the Penetration Theory under isothermal
conditions. These workers concluded that the

observed increase was caused by turbulence in the

31.1

liquid phase since Ruckenstein and Berbente (3)
had previously suggested a similar mechanism for
mass transfer enhancement in liquid-liquid
systems.

In the work now presented a model is developed to
describe the process where a gas is absorbed in a
liquid film flowing down a vertical surface and
where heat is generated. The validity of the
model is assessed by camparing the predicted
absorption rates with those measured using the
chlorine-carbon tetrachloride system with a short

wetted-wall column.

MODEL

The physical model shown in Figure 1 comprises a

.1
FALLING FILM MODEL



liquid film flowing down a vertical wall in contact
with a one-component gas. The liquid is assumed to
be non-volatile.

To simplify the mathematical treatment the follow-
ing assumptions are made:

1. The concentration c* at the liquid-gas inter-
face iS the equilibrium value corresponding to the
interfacial temperature T*.

2. The interfacial temperature T* is considered
constant along the film.,

3. The heat of solution is released instantaneous-~
ly at the gas-liquid interface.

4. Dufour and Soret effects are negligible.

5. The gradients of density, specific heat and
transport coefficients with the exception of the
viscosity across the film are negligible.

6. The heat of solution is propagated into the
liquid phase only, the heat conduction into the
gas phase being insignificant.

For the considered geometry Schlichting (4) and
Eckert and Drake (5) have shown, taking into acc-

ount the above assumptions, that the rate equations

reduce to .
IxX
—:%-F;:—Z=O (2)
X% +Vz% =D%z—c 3
vxg—'i- +vz%§=a-z—xz%— (4)

In equation (1) the kinematic viseosity has
been introduced.

The above system of differential equations has to
be completed by appropriate boundary conditions.
In particular the mass flux j and the heat flux g

at the interface are related by the equation

31.2

AHij = Qe (5)
where Hs is the heat of solution.
Firstly, the velocity field is determined by
solving equations (1) and (2). The transforma-
tion
X X

vo=v, - X (6)
X

yields the more familiar equation of motion.

{comminveD Next PRGE)

EXPERIMENTAL

Absorption rates for the chlorine/carbon tetrach-
loride system were measured using a 3.86 cm
diameter wetted-wall colum whose length could be

adjusted up to a maximm of 11 cm (Figure 2).

Fg 2 EXPERIMENTAL ARRANGEMENT.

The liquid inlet temperature was maintained at
293%K and the temperatures at the wall and in the
liquid film were determined using calibrated
micro-thermocouples. The densities and viscos-
ities of the chlorine/carbon tetrachloride
mixtures were measured at different temperatures
and chlorine concentrations and have been reported

elsewhere by Hien et al. (8). Absorption rates



were measured using liquid flow rates ranging fram where f is a solution of the differential

1.275 x 10°3 kg/s to 1.448 x 10 2 kg/s and five equation
) -2 3 2
different colum lengths of 2.5 x 10 “m to 1.1 x a“f 2n,. _df.2, _
C3+f *;Fl(l @ =0 (15)
-1 d
10 "m. d
A sz BVZ 3 2v -
x3x V2T BT v—Eo e U= az", (16)
39X

A a being an arbitrary constant.

where Vy is the relative velocity in the x-directim
f can be approximated by a power series in .

after subtraction of the velocity caused by the

In this case

temperature gradient. The transformed equation of 2
U= vyt 2gz, 17)

continuity then reads
where vy is the initial velocity at the interface.

v v 2
Wx + 3_zz + 3._\2’. = Q. (8) Fram equation (17) it is evident that for
X 2
\ v
<< = . >> ~
A solution of these two coupled differential equa- z —%E’ m = 0; for z _gg’ m= 4. Inthe
tions where equation (7) is non-linear is complex. 2f m=0 the boundary layer thicker,

As the rption rate is determined by the hyd ie. v, is directed away from the wall. For mr}

A
dynamics taking place near the interface, it is the boundary layer be S thinner and Vx has the

sufficient to find a solution which is valid for opposite direction. As the mean absorption rate

this domain. is calculated by integrating the local rate over

A
the wall length it is assumed that v, can be

32\) N approximated by some mean value
— = (0] (9) A
X vy = 0. (18)
near the interface the equations (7) and (8) From the continuity law it then follows that
reduce to the well-known boundary layer equations BVZ
sz— = O, (19)
whose solutions can be found by a power series ex- 4
an
pansion when the boundary conditions 2
A v, = £ (2x - x9), (20)
vx=vz=0 at x =0 (10)
where § is the film width.
v, U(z) for x+ = (1)

Insertion of equation (18) into equation (6)
are valid (see Schlichting (4), Falkner (6),

yields
Hartree (7).

v, = 3, (21)

which is a constant because of equation (9).

With the variable

(1) U (12) . -
2zv There exists a constant flux of liquid from the
the components of the velocity field are gas-liquid interface towards the wall caused by
vV, = gi (13) the large temperature gradients near the inter-
A face. Since no liquid can penetrate the wall,
Vg / _“n:_c.gi }, (14) mass conservation is only respected if there
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exists a counterflow of liquid with the same
velocity |v,| towards the interface. In this way
energy and mass are transferred by convection from
the interface into the film.

The diffusion equation (3)

ac a2c

=D —=

vac
z 02 82
X

_.+V
X 9x

can be solved subject to the following initial and

boundary conditions

c=0 atz=0, x=0 (22)
c=c' at x=§, z>0 (23)
ac _ _

H—O at x =0, z >0. (24)

Assuming that Ve is a more slowly varying func-
tion of z than the concentration c, then the

Laplace transform L of equation (7) reads
- 2 -~
3% ¢

8x2 ’

v2£+vs-5 D (25)

X 90X 2
where

o«

c=L)E[ dzeFe. (26)
o]

The solution of equation (25) subject to the

boundary conditions (22) to (24) is

* 9gx _4q

=% (¢ x i;“qzx)
S 92 (27)

(e - %0

q2
with
vX

ql,z = + ?ﬁ (28)

The concentration profile is then determined by
the inverse Laplace transform

c=11@). (29)
The mass flux at the gas-liquid interface at z

into the film is defined by
_  OC
=D e

x=6

. *
Ix - Vglem - ¢)), (30)

where c0 is the concentration near the wall. The
first temm on the right-hand side of equation (30)

describes the mass transfer caused by diffusion.

31.4

The second term takes account of convection;
liquid with the concentration c* leaves the inter-
face into the film whereas liquid from the

interior arrives with the concentration Coe

Since
3¢ _ 3 ,-l,—= _ -1, 3C
Da_x_Dax (L (¢)) =L (D P (31)
holds, 2_7(2' has to be calculated yielding
oc _x
D % =cv, 1 (32)
|F6 Y% 24-4v Ds \Y 2+4v Ds
X Z X z v
5 cat 5 - _X
4D 4D 2D

Only small values of z (z < O0,1) or equivalently

D28

large values of s are of interest. X

‘ x=§
can therefore be expanded as a power series in %,
giving

VZD

3
+0 (5 2), (33)

where O indicates the order.

The inverse Laplace transform yields as a first

approximation
JC _ % VzD
EI - (S- P (34)

The first approximation neglects the effects of
convection on the diffusional part of the mass
flux.

Insertion of equations (21) and (34) into equatim

(30) yields
v D
. * z v
Iy = T T 5% Ao (35)
where
£ 3
Ac=c - o (36)

As ¢ o is very small in all cases considered it
can be approximated by the solution of the

penetration model

* §
c erfc
Dg’
2 v,

C

(o) (37)



(38)

The heat flux 9 at the interface into the film is

sT
o =G, (agy -2, (39)

x=§

where AT is the difference between the constant
interfacial temperature T* and the liquid tempera-
ture near the wall, i.e.

AT = T - T . (40)
The first term on the right-hand side of equation
(39) describes heat conduction, the other descri-
bing heat convection. Again it is assumed that
T0 can be approximated by the solution of

penetration theory yielding

AT = AT%ert -S| (41)
az
2{ v
Z
where
A =T T, (42)

and 'I‘i indicates the initial temperature of the
liquid.

The temperature gradient can be determined by
equation (5) which relates heat and mass flux at

the interface, together with the fact that g%

|x=5

can be approximated by
3x aT 3x (43)
|x=86 | x=5
since temperature is the only variable changing
significantly. %’,— can be considered constant over
the temperature range of interest.
Thus
*
a_’I.‘ = c AHS DVZ
90X I ; P (44)
xX=§ Y v
apCp—pCpAT 3T +AHSAc —_—

aT
and insertion of equation (43) into the expression

for the local absorption rate yields

+AT
) * sz oV
Jg=¢ ;—z—( laT (45)
AH Ac
lﬂl PP
aT
where
v ov
lﬁ = - (46)

The mean absorption rate is defined by
L
= _1 .
=t/ di, (4n.
o
where L is the observed wall length.
If concentration and temperature near the wall are
approximated by some mean values Eo and To
respectively then after the insertion of equation
(45) into equation (47) the integration is

straightforward to yield

—Oa_ + AT
5% /
- MLER) D (48)
J. = 2¢c \/ ™’
x M
T c
v o%p
,a'r
or equivalently _
Mslb
Tt e 2P )] EX
Jx © ( AH — KGN )
@, _ _sbc
oV C
|57 °p
In equations (48) and (49) the contact time O
defined by
L
6 = — (50)
VZ
and the mean values AT and Ac defined by
— * =
T=T - To (51)
Be=c -7¢, (52)

have been introduced.
The particular form of the expression for the mean
absorption rate allows one to introduce an

effective diffusivity Deff defined by



S
C
[ 2
Dge =D |1+ o y| o 53
Ac
2 4+ &F - S
3y <
3T

which in addition to the molecular diffusion con-
stant D depends on the thermmal diffusivity , the
heat of solutions Hs and the gradient of the
kinematic viscosity with respect to the

temperature ]?—3; )

OOMPARISON OF THEORY AND EXPERIMENT

The experimentally determined wall temperatures
T0 indicate that the interfacial temperature of
the chlorine/carbon tetrachloride system is
constant at about 15K above the initial liquid
temperature Ti of 2093%K and that the difference
between interfacial and wall temperature T is
well approximated by equation (41) with T = 15,
i.e. AT = 1l5erf - .

2Jab
flow rate corresponding to a film width § of

For the lowest measured

1.1 x 104 m and the longest contact time of 1 sec,

AT falls to about 3°K. For the highest measured

4

flow rate (8= 2.5 x 10 -~ m) and the shortest

contact time of 0.05 sec, AT is nearly zero. The

difference between interfacial and wall concentr-

ation /X is calculated from equation (38), i.e.
8

" 2JeD
c =c holds.

Ac=c*erf Except for the lowest flow rate

For low flow rates and long contact times the

model does not describe the experiment well. For

the restricted domain of validity of the mopdel it

is consistent to approximate Ac by

*x
c .

Ac (54)

If the mean value AT is approximated by

T = %{1 + erf (55)

2 jab
(AT = 15 for 6=0), the mean absorption rate as a

function of the film width and the contact time
can be determined.
All physical properties at 308K are listed in

Table 1.

TABLE I - Physical Properties of Chlorine/Carbon
Tetrachloride at 308°K.
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Cp(mz/secz k) 8.71 x 10

o (kg/m) 1.564 x 10°

@ (m2/sec) 7.79 x 1078

¥ (mo1/m3) 1.400 x 10°

MH_(J/mol) 1.85 x 10%

D(mz/sec) 3.34 x 1072

n(kg/sec m) 8.4 x 1074

?—3,}’ (m?/sec °K) 6.4 x 1072

J

Insertion of equations (54) and (55) as well as
the numerical values of Table 1 into equation
(49) yields

- . 19.0 1

Jx = 0.091 (1 + PS— &95_\5'(56)
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In Figure 3 the mean absorption rate calculated by
equation (56) is represented as a function of 6-%
for four different film widths. The experimental
results obtained in this investigation with a
falling film and the results obtained by Clegg
and Mann (2) with a laminar jet are plotted for
comparison and the values predicted by penetration
theory at 293°K are added for completion.

The model gives a satisfactory description of the
experiment when

1
1790

>

(57)
0

holds, the mean absorption rate becoming propor-
3

tional to 8 2 which is in accord with the rate
determined from experiments. The laminar jet can
be treated in a similar manner as the falling film,
since the widths and the contact times of the jet
are always such that equation (57) is satisfied.
Thus the model curve fits very well the experiment-
al values found by Clegg and Mann (2). For very
low flow rates and a long contact time equation
(57) is not satisfied however since the absorption
rates calculated with the model are then too high.
Reasons why the model description fails in this
case is that several approximations made in the
derivation of the mean absorption rate are then not
Jjustified namely

1. The influence of convection on the diffusional
part of the mass flux cannot be neglected, and

2. The relative velocity component ;x cannot be
approximated by a mean value Cx = 0.

In addition, for very thin films the interfacial
tension has probably to be included explicitely

into the description of the system.
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CONCLUSIONS

The model developed to describe gas absorption
with large heat effects clearly shows that the
enhancement in the absorption rate is due to
convection taking place in the liquid phase
caused by large viscosity gradients near the
interface. The results obtained with the model
are in accord with those determined by experiment
except in the case of very low flow rates and

long contact times where the criterion (57) does

not hold.

NOMENCLATURE

¢ concentration of dissolved gas in the film

N concentration of dissolved gas near the
wall

c* concentration of dissolved gas at the
interface

Ac difference of concentrations defined by
(36)

Ac mean value of ¢

C o specific heat

D molecular diffusion coefficient

Deff effective diffusivity

f function defined by equation (15)

g gravity acceleration

AHS heat of solution

J mass flux of dissolved gas at the inter-
face

jx mean absorption rate

L observed wall length

q heat flux at the interface

Ti initial liquid temperature

T0 temperature at the wall

T temperature in the liquid



temperature at the interface 5.

AT temperature difference defined by equation
(40) 6.
AT* temperature difference defined by equation
(42) 7.
AT mean value of T
U velocity of the potential flow 8.
v velocity field
3 relative velocity
vi initial velocity in z direction
X,z spatial coordinates
GREEK SYMBOLS
o thermal diffusivity
§  film width
N kinematic viscosity of liquid
h viscosity of liquid
/a density of liquid
¥ variable defined by equation (12)
3] contact time
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ARSTPACT

my

The desisn of industrial distillation co-
lumns is normally hased on estimated values
of plate efficiencies. Althourh several nla
te efficiengv models have been oronosed in”
the literature “furnhree's model is still wi
dely used. liowever it has alreadv heen -
shown that the model »ronosed bv lausen
overcomes limitations of “urnhree's model
and is in arreement with nhvsical realitv,

Tn the nresent naner the differences he-
tween hoth models are reviewed and the me-
rits of Hausen's nodel are emnhasized, Tt
15 shown that ausen nlate efficiencies cAan
e easilv calculated an? 1lco used in nlate
to ~late calculations.

An anilvsis o0f no‘nt efficiencs Adefini-
tinns 15 1lso nresentel 1nd 31 nrevious fHau-
sen point efficiencv mndel is -liscussed.

Three nhase d4istillation nrocesses are
considered anl Vausen nlate efficiencies
for a tv~ical situaticn are lefined.

THTPANINTION
T™e lesi~n of industrial distillation co-
lumns involves the calculation of the num-
ber of theoretical staces ani the estima-
tion of nlate efficiencies.
A different number of alcorithms has
been nroposed in the literature for the cal
culation of the number of theoretical sta-
gasl?.13,16  Computer programs for the si-
mulation and optimization of distillation

columns are now freely available?.

The problem of the simulation of nlate

(SN

efficiencies 1is a rnore delicate one as exne

rimental valu

0]

25 are not alwavs known 3 al-

33.1

Rirmincham, Lnoland

thoush correlations for the nrediction of
hinarv nlate efficiencies hive heen nubli-
shed, 1l ttle is ¥nown as far as multicom-
nonent svstems are concerned. Renorts nu-
bFlishe? as a result of the work snonsored
hy the American Tnstitute of Chemical In-

153 vacommended the use of a cons-

7 fneers
taprt nlate efficiency for the 4ifferent
comnonents based on an estimited value for
the kev commonents: however this is unsa-
tisfactory as efficiencies mayv he Aiffe-
»ant for the Aifferent commonents®,%s1°%,

Althou~h several nlate efficienc” models
have been »ronosed in the literature, 'fur-
phree's nmodel is still widelv used, Howe-
ver it has alreadv been shoun’ that the e}
del pronosed by Yausen' overcomes limita-
tions of “furnhree's model and is in arree-
ment with physical realitv.

Tn the nresent paner the Adifferences be-
tween both models are reviewed and the me-
rits of the former are emphasized. A criti
cal discussion of noint efficiencv defini-
tions hased on hoth models is nresented.
Peference is also made to the use of Hau-
sen efficiencies in plate calculations and

in three phase distillation processes.

THPPHPEL AND HAUSEMN ETTICIENCY MODELS

Plate efficiencies

Murphree vanour phase plate efficiency



for component i and plate n can be written

as:
E _ yn,l Vn+l,i (1)
MV - ( ®
»1 Y n,i M yn*l,i
where

VA and y - mole fraction of
3

‘n+l,1i
component i in the vapour leaving and

entering plate n respectivelvy.

) - mole fraction of component

Y on,idy

i in the vapour in equilibrium with

the liquid that leaves plate n.

Murphree liouid nhase plate efficiency
can be defined in a similar wav and it is
well known that the numerical values of the
two efficiencies, for the same plate, are
usually different.

Hausen efficiency for comnonent i andpla-

te n can be defined as:

V4 . = y .
EHn o= ( 2’1 N ntl,i (2)
-3
e y n,i’y ]n+l,i
where
(y" .) - mole fraction of comnonent
n,i1’H

i in the vapour which results from a
flash calculation with a feed equal to
the sum of the streams entering the

plate.

It can be easilv shown that there is no
difference between the numerical values of
vapour and liquid Hausen plate efficien-
cies.

The distinction between the two models
has been estahblished for binary systems by
Ho and Prince®; These authors defined the
operating lines for the real plate and for
the ideal plates, as considered by Hausen
and Murphree, showing that the operating
line for Hausen's ideal stage was parallel
to the other two and that these coincided.

The different compositions and lines can

33.2

be seen in Figs. 1 and 2 where the point
((xn*) , (yn*)H) is defined by the inter
seption of the line that contains C' and
D with the equilibrium line. It is clear
that for the situation considered in Fig.l
1 > Ey > Eyy and for that considered in

Fim,2, 1 < Ey < Eny .

The algebraic relationship between Mur-
nhree's and Hausen's definitions can be

written as:

H,i (3)

Apov - Ay Byl

Py i

where
Ai - ratio hetween the slopes of the
equilibrium and operating lines; the
equilibrium line refers to the locus

of eauilibrium points calculated
from theoretical tray to theoretical
trav.

A oraphical representation of equation

(3) is shown in Firm., 3.

Point efficiencies

Efficiencv models can be used to descri-
be the senaration occurins in snecific
points of distillation plates.

Adontinag "Murphree's model , vapour
nphase Murnhree point efficiency relates
the vaopour composition chanse occuring in
a real plate along a vertical streamline
with the separation to be obtained if the
leaving vapour could reach equilibrium
with the liquid existing in the vertical
streamline. This liquid is assumed to ha-
ve a uniform composition. Refering to Fig.

4 it can be written that:

Ymyi T Vmsl,d
T = —— - 2 (u)
ov i &%
m, (y .) -y .
myi‘e m+l,1
where
Vm.i T mole fraction of component i in
b



the vapour leaving plate n at "point" m.

y . - mole fraction of component i in
m+l,1 :
the vanour entering the plate at "point"

m.
%
oy i) - mole fraction of component i
’ *4

in the vapour in enuilibrium with the 1i

auid existing in the vertical streamline.

In a similar way Murphree liauid phase

noint efficiency can be defined (Fig.4) as:

*m-1,i = *m,i
E = 2 —2 (5)
oL : %
M, 1 X - (x .
m-1,1 mylivyg
where
b3
X .5 - mole fraction of component i in
m,

the liquid in equilibrium with the va-
pour leavins the liquid streamline for
which the mole fraction of comnonent i
in the enterins and leavin~ liauid
streams are xp-1,:i and x, ; respectively.
This definition is based on the assump-
tion that the vapour leavinsm an horizontal
streanline has an uniform composition and

this will rarely occur!®.

Previouslv Ho and Prince®

presented an
Hausen point efficiency definition and
wrote that the relationship between Hausen
and Murphree point efficiencies was the sa
me as the one existing between plate effi-
ciencies; Hausen point efficiency defini-

tion was written as:

<7 .« - y .
‘m,y1 m+l,1
Top. . T — (6)

Myl (y‘m,i)H - ym+l,i

Althoush the equilibrium composition is not
defined by Ho and Prince it can he seen
that (y*m,i)H is considered as the mole
fraction of component i in the vapour resul
ting from a flash calculation with a feed
formed by the mixture of a liquid stream

with composition xé ; and flowrate L (total
3
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liquid flowrate enterins the plate) with a

vapour stream of composition y and

m+l,1
flowrate V (total vapour flowrate entering
the plate).

This definition seems to be unsatisfacto
rv as it is based on total flowrates and
not local flowrates. It can be shown that
if local flowrates are considered Hausen
and “urphree vapour phase definitions do
not differ. This is also true as far as 1li
quid definitions are concerned.

Considering the vapour phase and Fig.5
it becomes clear that the total liquid
stream is contacted by a small vapour
stream wich will tend to zero when dz also
tends to zero. Denoting by L' and V' the

local streams it can be written that

Li'x?t  .+y! Tx®F L +Vryn
L'x m,l+f y L'x ’1+V y m, (7)

m+l,i ° m i

Tor the limit situation dz=0, V'=0,

x' .= x_ ., = x®™ . and

v . = (yxA ) (8)

A more detailed discussion on point effi
ciency definitions will be published el-

sewhere®,

HAUSEN EFFICIENCIES AND PLATE CALCULATIONS

In spite of its advantages Hausen's mo-
del is very rarely used and experimental
distillation results are normally expres-
sed in terms of Murvhree efficiencies.
However the calculation of Hausen efficien
cies from experimental data can be easily

#
achieved as (y ) can be evaluated from

n,i’'y
the following equations:



£ %
Lx -1,i Vyn+l,i L(x n,i)H+V(y n,i)H
F 13
Oy T Kays a0, (9)
S - L
y . = H b’ . =
iz1 ~ ™ly iz1 Tl oy

For binary systemscomposition-composition
diagrams are often used and in that case
(y*
3).

The knowledge of numerical values of Hau-

n,i)H 1s easily calculated (Fig.2 and

sen plate efficiencies allows the graphical
calculation of the number of real stages
for a specified distillation separation.
Such calculation involves, for each plate,

a trial and error procedure since a value
\

of vo.i iy
can be calculated. The knowledge of Ya.i?
% ’

(y n,i) and yn+l,i allows the evaluation

of Hausen efficiency and the calculated va-

has to be assumed bhefore (y"n

lue can then be checked arsainst the speci-
fied value.

Referineg to Fig. 6 it can be seen that if
the equilibrium line is linear between
points M and N the trial and error method
can be avoided. In fact it can be written
that:

BC _ B'C' _ B"C"
AC  A'C'  A'C"

(10)

and so the consideration, on any line of
slope - L/V (L/V slope of the operating 1li-
ne), of two segments BC and AC with a ratio
equal to Hausen efficiency allows the loca-
tion of point B' and the definition of the
real plate.

33.4

HAUSEN EFFICIENCES AND THREE PHASE DISTIL-
LATION PROCESSES

Either by accident or design some of the
plates of a distillation column may enter
the two liquid phase region for systems ex
hibiting partial miscibility over a nart
of the composition range.

There is a growing interest bv industry
on such processes and it becomes clear
that research is needed in areas such as
nphase equilibrium, column calculations and
equinment design. It is also apparent that
a new approach is needed as far as plate
efficiencies are concerned.

In an ideal three phase distillation pla
te the vapour stream leaving the plate
will be in equilibrium with both liquid

phases . It can be written that:

. I I
y n,1i : Kn,i X n,i
(1)
S S
n,i n,i n,i
I II .. Sy
Kn s Kn - vapour liquid equilibrium
b b

ratios.
Also the two liquid phases are in equili

brium and so:

X .= K . ox . (12)

K ITI
n,i
It is obvious that one of the above equa-

- liquid-liquid equilibrium ratio.

tions is not independent and that:

IT

11 faLi
Kn,i :._K_T. (13)

n,i

The Hausen efficiency concept seems to be



1lequate for the descrintion of three nhase
distillation nrocesses. For each real nlate
an ideal plate with the same entering

streams can be considered and the senara-

tion occurine in the real plate can be com

pared with the one achieved in the ideal
plate; in this the leaving streams are as-
sumed to he in equilibrium.

2lthou~h a different number of situations
is nossible and need to be considered a ty-
pical case 1s hichliahted in Tis., 7. Tor
such situation Hausen nlate efficiencies

can be defined as follows

By . F SILE ntl,i (1)
N, %
(v n,i n+l,1
X I X I
I - . - .
EFLn e n-1,1 n,1 (15)
* k4 % T
- ( L)
xn-l,l X n,1 H
X IT _ IT
- TII n-1,i ~ *n,i
Ehin.i 2 (16)
e IT ( “T1
. X_ %)
n-1l,1 Nyl gy

CONCLUSIONS

1. The differences hetween the efficiencvy
models pronosed by Hausen and 'turphree were
reviewed; it was shown that Hausen plate
efficiencies can be easily calculated and
also used in plate to nlate calculations:
in certain situations graphical calculati-

ons are possible without trial and error.

2. An analysis of point efficiencv defini-
tions was presented and a previous Hausen
point efficiency model was discussed. It
was shown that, adonting local flowrates,
there is no difference between Murphree's

and Hausen's models.

3. Three phase distillation processes were

considered and Hausen plate efficiencies
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for a tvpical situation were defined.

NOMENCLATURE

c - number of components

Hausen plate efficiency

tv1
1

‘M
[}

B Hausen liquid phase plate efficiency

HV
nH

v
1

Hausen vapour phase plate efficiency

A

- Hausen pnoint efficiency as defined
by Ho and Prince

E., - '‘urphree liquid nhase plate efficien

cv

Eww - "furphree vapour phase plate efficien

cv

FOL - Murphree liquid phase point efficien
cy

Chy - Murphree vapour phase point efficien
cv

¥ - equilibrium ratio

L - liauid flowrate

v - vanour flowrate

X - liauid mole fraction

y - vapour mole fraction

Subscrints

H - Hausen

i - comnponent

M - Murphree

n - plate number
Superscripts

I - liquid phase I
IT - liquid phase II

o’o
£

- equilibrium
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Fig 1 :Murphree and Hausen plates (efficiencies smaller

Fig 2 : Murphree and Hausen plates (efficiencies greater than unity).
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Fig 3 : Relationship between Hausen and Murphree efficiencies — binary and multicomponent systems.
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THE VALIDITY OF THE HOFFMAN AND EMERY
EQUATION IN THERMAL DIFFUSION
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ABSTRACT

The most widely used equation in thermal diffusion
is discussed in what concerns its range of validity.
It is shown that when the separation curves afe non-
-symmetrical with respect to the initial composition
the error involved in the Hoffman and Emery equation
when using a value of t=0.3 t, for the lower limit
of the time, may be significantly larger than those
predicted by their original authors.

Experimental cases described in the literature are

discussed on the light of previous analysis.,

INTRODUCTION

Thermal diffusion techniques have been increasingly
used not only to separate difficult mixtures  but
also as a means of testing kinetic theories of the

liquid state(l)

. In many instances, though, discre-
pancies have been observed between the experimental
results and the established phenomenological thee-
ries of the columns, leading sometimes to the intro
duction of "correction factors'" into the phenomeno-
logical equations involved. Of these, one of the
most widely used is the so-called Hoffman and Eme-
ry equation which relates the degree of separation
between the two ends of the column to the physical
variables affecting the process, including the time.

(2)

Hoffman and Emery claim that the usual simpli-
fied form of their equation may be used with an
error less than 17 for separation times greater
than 0.3 tos where t, is a relaxation time that
measures the rate of approach of equilibrium, or,
roughly, the time required for thedegree of separa

tion to attain 707 of its steady-state value. This

34.1

lower limit of the time - 0.3 t_ - has, however,

3)

been questioned by Pinheiro ~‘who showed that

the criteria to estimate this lower limit should
also take into account the value of the parameter
A — the "separation potential' of the system.
Otherwise, the error introduced in the simplified
form of the Hoffman and Emery equation for t=0.3.
t. could be much larger than 17. Pinheiro dis-
cussed only symmetrical separations of eduimolar
mixtures., Yet, the vast majority of separations
are non-symmetrical and non-equimolar, i.e., the

value of ¢, - ¢ is different from ¢ - ¢
T o [o] B

and , # 0.5 (the subscripts mean, respectively:
- T = top, B = bottom 0= feed compositions)which
would apparently reinforce Pinheiro's comments.
The present paper is, then, an attempt to shed
further light into the subject by considering
firstlydifferent kinds of theoretical cases and
discussing, finally, experimental situations re-

ported in the literature,

THE HOFFMAN AND EMERY EQUATION

Derivation

In a batch thermogravitational column, the con-
centration profile along the column length as a

function of the time is given by the following

equation(a)

ac 3c azc (1)
L Tl S O e
with

W= ey (2w) B (2)



3

ago, 8 B D% (20 3)
H= 6. <T>y
K=K, ¢ Kd )
8%y 82 B (417 (2w
K= )
9D u2
K, = (2w Py D B (6)

(see Nomenclature for physical meaning of the va-
riables)

(5)

Equation (1) was linearized by Majundar

tly introdured the dimensionless variables

H 2z
Z < (7)
2
H t
so that equation (1) becomes
3¢ 3c 32 [
55 "~ (1 -2) 5+ —5 ®
3 2
and afterwards used the transformation
1,1 3b
c(z, 0) =3+ kY (10)
where
by =y (2, 0) (1)

to obtain the following equation linearized iny

2
3_!‘..._4%3‘
30 4, (12)

Majundar integrated equation (10) using the Laplace

Transform to get:

who firs

¢ ¢
v (Z2,8) = eG/A (e oA 1) 32/2 + ex- e °X) e z/2
e)‘- 1
2
Of .z.%l(%-bo ) 1= (_l)ne-box
n=l
2 2 2
1 ,nor 2 o,
(70_ ¢ T) (bo +* T)
n2 wz 8) {n BT
( exp--—rA . sin —4— L

where A is the adimensional length of the column
(tor 2 » L) and

° (14)

o

Now, to determine the degree of separation A ,
i.e., the difference between the concentration
at the top (cT) and bottom (CB) of the column,
one evaluates 3} /3Z from equation (13) substi-
tutes this value into equation (10) and obtains

g for Z=9 and Cp for Z=),

In doing so, the degree of separation is obtai-
ned in terms of a sum of two terms, one of which

involves a infinite series, as :-

c A

A-cT -~cp™ e®

col

_1)(21_ e ) +

b A 2
30 L O _ 2 1 _,2
+ (=1) e 1'_;5_(-70_ bo)'

~-b

P 1-¢D%e © o2 .
2 2 2 2 2
1 n b nw
(T"-'AT)( 0#7
2 2
1,07
4 A2 t
«® CTr T s
I —
A2
where
¢ =2k
r “!(L *112) (16)
4 xi

is the relaxation time.

+



Hoffman and Emery claim that for times greater
than 0.3 t, all the terms of the infinite series
in equation (15) can be neglected with an error
less than 17Z. This rapid convergence enables the
simplification of equation (15) to

b=a_ (1-k T (17)

3

where A is the steady-state degree of separation:

c A 3 c A
© 1) (e -e %)
@ c A N
e ® (" -1 (18)

and k, is a coefficient given by

3

_ =b A c A
K. = 2 o (1 Co) ﬂz(l +c° ) (ex—l)(e Oy eX/Z)
’ 3.2 nz 1 vz st by coA
VT ) (~5-—+‘X2><e°—1><e-e )
: 8
2 (19)

Equation (17) is the so-called Hoffman and Emery

equation,

Validity

In obtaining equation (17), Hoffman and Emery in-
troduced the limitation of t > 0.3 tr so that,and
with an error less than 17 as claimed, a simplified
form for the degree of separation could be qttained
Hoffman and Emery have based their criterium on
the analysis of the two most important factors
concerning the convergence of the infinite series
in equation (15) :- n and t/tr. The other parame
ters involved, b0 and A were neglected in the
analysis.

In what concerns b , it may be easily seen that,
in fact, its valueois of no importance for the
series convergence. Yet, for A the same is not
true since it affects remarkably the relative ma-
gnitude of the terms of the series.

To define new criteria for the lower limit of vali
dity of the Hoffman and Emery equation it is neces
sary to analyse further the infinite series invol-

ved in equation (15). In doing so it may be noti-

ced that

- Regardless of the value of Cys the even terms
are positive and the odd terms are negative.
Thus, the series may be thought as composed of
two sub-series, one being positive (n even)

and the other negative (n odd).
- Both sub-series are rapidly convergent with n

- The absolute values of the negative sub-series
are much larger than those involved in the po-
sitive sub-series and therefore the convergen-—
ce of the series may be studied with relation

solely to the odd terms

In neglecting all the terms beyond the first, an
error is implicitly introduced, which may be

defined as

x 100 (20)

where f (n) goes for the argument of the infini-
te series,

. .th .
Repregenting the i -term of the series as fi(n)
and noting that for n-even and n >3 the terms
become negligible as compared to the first term.,

equation (20) becomes

f3 (n)
¢ () = ————————— x 100

fl(n) + f3(n)

(21)

But, since fl(n) >> f_ (n) one may simply write

3

f3 (n)
e () = — x 100 (22)

f1 (n)

€ is therefore a measure of the error involved
in neglecting all the terms of the series beyond
the first, From equation (15) it is seen that

its value will depend strongly on t/tr and A.

Now, the influence of A may be analysed in two

different ways, either
a) Making ¢ = 17 and evaluating t/tr vs. A
or

b) Making t/tr = 0.3 and evaluating e vs., A



In this work an attempt is made to tackle both
approaches since both are of interest:- Case b) to
give an idea of the errors possibly committed 1in
the past and case a) to provide some guide-lines

for the future.

SYMMETRICAL SEPARATIONS

Symmetrical separations ocurr when the separation
attained in the upper half of the thermogravitatic
nal column equals the separation in the lower halt,
i.e.,

A 23

Symmetrical separations have been reported for sc-

(6)

veral hydrocarbon mixtures' ’for which the depen-
dence of A on the composition is a parabola.

For symmetrical separations the value of X associi
ted with a certain degree of separation may be

obtained theoretically either through equation(18)

or more accurately using its definition(4)
c.. (1-c.)
B 24
\ = In T (24)
cp (l_CT)w

where the subscript « indicates a steady-state

condition, i.e., 4_ = CT - CB

®
The results obtained using equation (24) are shown
in Fig 1 for several values of the initial composi
tion ¢y

(Note that the curves obtained for c, are exactly

the same as obtained for l-c‘)
L%

FIGURE 1 - The relationship between A,

and A for
various values of feed composition in

symmetrical separations,

EMW
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It is seen that regardless of the values of s
or Ao involved the values of ) may vary from
zero to infinite, although in pratice they re-
main relatively small,

In fact, equation (24) clearly shows that ) only
reaches high values if one of the extreme compo-

sitions (cT or cB) approaches either zero or

unity,
[_Symmetncnt_sparston- c1<07 |
Curve | X
® |13
@ |38
Q@ |o&
o
o
- - A3 - o .
the
FIGURE 2 ~ ¢ vs. t/tr for different values of
L for ¢y = 0.2 and symmetrical se-
paration

Thus if, for instance, ¢y - 0, then er ~ 2 ¢

(o]

and equation (24) becomes

2 co/(1-2 co)

s

clearly showing that when c

A= 1n (25)

B approaches zero, A

approaches infinite.
One may also conclude that when e, = 0.5 equation
(24) simplifies to

C
I (26)
B

A=21n

It is now possible for different values of the

initial composition Cys to evaluate

a) gvs, ) for t/tr = 0,3
and

b) t/tr vs. ) for ¢ =17



are, by far, the most common case in practice,
though in many instances the '"degree of assyme-

& try" (7) is small.

Theoretical discussion

For non-symmetrical separations it is virtually
impossible to use equation (24) to evaluate the

value of ) associated with a given value of 4

mainly because there are several pairs of values

(cT, cB) that may satisfy the contition A = Cp™

- CB.

FIGURE 3 - e vs, t/tr for different values of A
for c, = 0.3 and symmetrical separation

oo o LY ]

The results obtained are presented graphically in

Figs.2 to & where it may be seen that in the vast

ba

majority of cases (for which X is not large, i. e.
A < 5 say),the error e although larger than 1%, is
comparatively small and most probably smaller than
the usual experimental error.

One may then conclude, that the Hoffman and Emery

© %

equation represents fairly accurately the symmetri 0 % H
cal scparations. FIGURE 5 - The relationship between 4_ and A for

various values of feed composition in

non-symmetrical separations

To overcome this difficulty one may use equation

(18) to determine the dependence of X on A, for

various values of ey The consequent results are
shown in Fig. 5, where it may be noticed that
(contrary to what happened with the symmetrical

situation) the values of A may reach relatively

e 5 y high values, even though the end compositious

a1 02

";tv
FIGURE 4 - . wvs. t/tr for different values of ) may be far from zero or unity,

for c, = 0.4 and symmetrical separation

NON - SYMMETRICAL SEPARATIONS

Non-symmetrical separations, i.,e., when
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FIGURE 6 - ¢ vs. t/tr for different values of A

for .= 0.1 and non-symmetrical separa-

tion

Not surprisingly the curves of ¢ vs., t:/tr for
different values of A and <, (Figs. 6 to 10)
show a quite distinct behavior, In fact, for
t/tr = 0.3 the corresponding values of ¢ are
larger than 17 even for moderate values of A
(or, which is the same, ¢ = 17 only for t/tr

greater than 0.3).

)
@
€ “) 0
@
®
S
* ®
A — =
= = o = =
FIGURE 7 = ¢ vs. t/tr for different values of A

for c
o

ration

Experimental cases

It is interesting to analyse the range of values
of A and ¢

o
tal separations reported in the literature in

order to estimate (with the help of Figs. 5 to

= 0.2 and non-symmetrical sepa-~

that have been involved in experimen-
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" o
E(%) » @
9
s
-]
©

€ (%) ©

10) the implicit values of e involved in such

cases.

oY 02 t/:r
FIGURE 8 - ¢ vs, t/tr for different values of A
for c, = 0.3 and non-symmetrical sepa

ration

A summary of this analysis is presented in
Table 1 where one may clearly note that the va-
lues of ¢ for t/tr = 0.3 is, in some instances,
of the order of 107 or more. This may explain
some of the discrepancies that have been repor-
ted when attempting to the experimental results

to the Hoffman and Emery equation.

2l 02 ‘(;;' [ o3 1]
FIGURE 9 - ¢ vs, t/tr for different values of 1
for ¢, = 0.4 and non-symmetrical

separation



Non-Symmetrical separation-c.=05

ECh)

FIGURE 10 - ¢ vs. t/tr

for different values of A

for c, = 0.5 and non-symmetrical sepa-

ration

CONCLUSIONS

The use of the Hoffman and Emery equation to corre
late the experimental separation vs. time curve in
0.3

non-sy-

volves an error of the order of 1% for t/tr=

when the separation is symmetrical. For

mmetrical separations, the error involved for t/

/tr = 0.3 is generally quater than 1%, its value

increasing with the value of X and with the

"degree of assymetry' of the curve relating the

and c¢_ with the time., It is

T B
therefore strongly recomended that for values of

evolution of ¢

A greater than about 4=5 an inspection of the lower
limit of time is carried out before using the
Hoffman and Emery equation to correlate the

experimental data,

NOTATION
bo =1/2 - 5
B column dimension in the horizontal non-

—-thermogravitational direction

c molar fraction of the reference component
<, feed composition

Cp top composition

cg botton composition

D ordinary diffusion coefficient

g accelaration of gravity

34.7

thermogravitational transport coefficient

k3 coefficient defined by eq. (19)

K transport coefficient associated with the
parasitic remixing

K, transport coefficient associated with the
convective remixing

Kd transport coefficient associated with the
ordinary back-diffusion

L column length

t time

t, relaxation time

T absolute temperature

AT temperature difference between the column
walls

<T> average absolute temperature

Greek Letters

o thermal diffusion factor

temperature coefficient of demsity

A degree of separation = CT - CB

A equilibrium degree of separation

€ truncation error defined by eq. ( 20 )

A dimensionless length = 504 x D&L/RgATQuw) 4
W number of moles per unit of column length
4 viscosity

w one-half of the distance between the hot

and cold walls

M  molar concentration of the solution



TABLE 1

Mixtu —ce e <12 t/t =03

re Ref S A t/t e 7
n-dodecane/
carbon tetrachloride (8) 0.4846 7.65 0.98 9.02
n-heptane/cetane (9) 0.6659 2,31 0.36 1.52
n-octane/decane 9) 0.5459 1,37 0,32 1.17
iso~octane/n-octane (9) 0.4961 0.73 0.31 1.05
n-heptane/triptane 9) 0.,4977 5.14 0.59 4.10
n-hexane/carbon
tetrachloride (8) 0.6599 13.74 2.95 39.14
n-heptane/carbon
tetrachloride (8) 0.6346 12.28 2.31 28.30
n-octane/carbon
tetrachloride (8) 0.6133 8.25 1.13 11.34
cumene/cetene (10) 0.324 0.63 0.31 1.04
cumene/cetene (10) 0.324 0.89 0.31 1.08
cumene/cetene (10) 0.324 1.09 0.31 1.11
cumene/cetene (10) 0.324 1.17 0.32 1.13
cumene/cetene (10) 0.324 1.20 0.32 1.14
cumene/cetene (10) 0.317 0.77 0.31 1.06
cumene/cetene (10) 0.317 1.11 0.31 1.12
cumene/cetene (10) 0.317 1.85 0.34 1.33
cumene/cetene (10) 0.317 2.32 0.36 1.53
cumene/cetene (10) 0.317 2.41 0.37 1.58
cumene/cetene (10) 0.317 3.14 0.41 2,04
cumene/cetene (10) 0.317 3.30 0.42 2.17
benzene/n-heptane (8) 0.484 5.71 0.67 5.01
toluene/n-hexane (8) 0.5268 4,60 0.53 3.38
o*xylene/n-hexane (8) 0.5816 5.33 0.62 4,45
benzene/carbon tetrachloride (8) 0.6638 9.36 1.43 16.44
benzene/carbon tetrachloride (9) 0.5211 6.09 0.72 5.67
benzyl alcohol/ethylenodiol 9 0.7035 1,20 0.32 1.14
cumene/methyl-naphtalene (9 0.5028 1.46 0,32 1.19
Folvene/chlorobenzene (9) 0.4974 1.11 0.31 1.11
g-methylnaphtalene/a-methyl-
naplitalene (9) 0.4936 0.52 0.30 1.03
cetane/benzene 9) 0.7670 1.48 0.33 1.22
cetane/toluene 9) 0.7332 0.61 0.31 1.04
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TABLE 1 (Cont.)
—ce € <17 t/t =0.3

Mixture Ref co A t/tr e 7
cetane/m-xylene 92) 0.7043 0.73 0.31 1.06
n-heptane/benzene 9) 0.6228 6.42 0.78 6.64
n-heptane/methylcyclohexane (9) 0.5349 5.16 0.59 4,14
cyclohexane/carbon tetrachlo
ride 9) 0.6471 7.96 1.08 10.95
cyclohexane/n-hexane (8) 0.4759 7.95 1.04 9.78
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ABSTRACT

Experimental observations of separation by
thermal diffusion in rotary columns have been pu-
blished, but no adequate theory to explain the co-
lumn perfomance has been given. By consideration of
the hydrodymanics within the anrular space an appro
ximate theory has been developed wich shows that
for a geometrically perfect column the relevant pa-
rameters affecting separation can be simply related
to the corresponding static column. The relaxation-
-time and separation are virtually independent of
the speed of rotation and separation values are
more favourable for the rotary column. The applica
tion of the theory to non-perfect pratical colums

requires the consideration of the "

equivalent annu
lus width " concept similar to the static case. Ex-
perimental tests conducted at different speeds of
rotation in two geometrically different columns
whose inner cylinder rotates and the outer is sta-
tic, showed that the rotation at moderate speeds
increased the equilibrium separation by about 77,
reducing, simultaneously the relaxation time by an
average of 37. These results are in good agreement

with the theoretical predictions.

INTRODUCTION

(1)

Since Clusius and Dickell introduced the
thermogravitational thermal diffusion column, se-
veral modifications on the basic design have been

proposed aiming at a better perfomance of the appa-
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ratus, i.e. larger degrees of separation or smal-
ler separation times.

More recently, the interest of some investi-
gators has been focused on the so-called.'rotary
column''- a concentric cylinder apparatus in which
one or both cylinders may rotate about the common
axis. Yet, in spite of some experimental and theo
retical studies that have been reported in the
literature(z-s)it has not been possible to appre-
ciate adequately the separation potential of the
rotary column or even to draw clear conclusions
about the influence of the process variables on
the eoverallefficiency. The reasons are to be
found on the lack of agreement between the expe-
rimental results so far reported and the apparent
inadequacy of the theoretical models that have
been suggested.

In the present work an attempt is made to
obtain some information which may help to clari-
fy the situation. The two essential aspects under
consideration are : -

1. Development of a phenomenological model
similar to ( and based on ) the conventio
nal thermogravitational.theory by Furry,
Jones and Onsager(6)(FJO)

2. Experimental investigation of the influen
ce of the speed of rotation in the lami-
nar regime below the critical Taylor Num—
ber.

The first objective requires, in the first
place, a strategy to tackle the problem since the
unique characteristics of the 3-dimensional trans
port in the rotary column virtually excludes the

possibility of a simple analytical integration



of the resulting non-linear partial differential
equation of continuity for mass transport.

It would appear that the suggestion of Romero
to reduce the problem to 2-dimensions through the

introduction of some simplifying assumptions, so
that a derivation-pattern analogous to that of

the thermogravitational column could be follo-
wed is, in fact, a realistic compromise which,
once accomplished, would enable the translati-
on of conventional methods of design and opti-
mization to the 3~dimensional rotary apparatus.
The procedure requires, though, a somewhat deta}
led analysis of the existing physical situation,

namely the hydrodynamics involved.

2. THE HYDRODYNAMICS

2.1 The velocity profiles and flow-path.

In a rotary thermal diffusion column the convec
tive fluxes are of two types : -
1. Vertical natural convection originated by
the thermal gradient across the width of the

annulus,

2. Tangential forced convection caused by the

rotation of one or both of the cylinders.

The profiles of the velocity components corres
ponding to the above convective fluxes may be obtai
ned from the Navier-Stokes equations which, for
the laminar flow of an incompressible Newtonian
fluid at the steady-state are, in the coordinate

system shown in fig 1 :

8

— (pv ) =0 ceressa (1)
§z
$ -9 S ))
§x
Bzv
n =0 N )
§ x2
62
v
P
n -——22——= 8 + pg RN €Y
§x Sz
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(2)

Assuming the wall velocites to be Vh and Vc’

the boundary conditions are

vy=Vh, vz=0 at x=-+uw veees o (5)
v=V, v=0 atx=-w ,,....(6)
y ¢
4w
v, dx = 0 veeeeo(7)

=W
I

Lo

__Height
Cold wall

o

Fig. 1 - Concentric cylinder thermal diffusi
on columm,
Equations (3) and (4) can be integrated se—

parately and using the above boundary conditions

the following well known solutions are obtained(*)

v =-88 8D w22y @
12 nw

in which wis the half distance between the walls,
B is the temperature coefficient of density, n
is the viscosity coefficient, g is the gravitatio
nal acceleration and ( AT ) is the temperature
difference between the hot and cold walls.

The combination of these two components yiel
ds a resultant velocity, VR(X), which has a magni

tude of

* FOOTNOTE 6T AT

It is considered that e in accordance with
the conclusions of TACHIBANA et al.(7)



VR

and makes an

(x) Fes (10)

angle » (x) with the horizontal xy-

-plane defined by

.
tan b (x) = —%— . 1)
.
sin 4 (%) . (12)
ol 2
v+ v
! vV z

Fquations (8) to (12) arc, in fact, the mathe

matical

representation of a phvsical situation of

which the following aspects must be emphasised:

The rotation deflects the particlos stream

lincs from the vertical forcing them to

tollow a helical-path, the inclination of

which, like the local velocitv, is a functi

on of the x-distance.

The vertical component, v, (%), 1s indepen

dent of the rotation and thercfore the re—
taken as the time re—

sidence-time t .
)

quired for a particie to travel from the

top to bottom of the column or vice-versa=

- 1s not altered

The column length being, indeed, the length

of the particicle streamlines s not cons-—

tant but rather a function of the ==distan

ce. Hence, noting that t is constant and
P

representing the length of the rotarv stre-
amlines bv 1% it {s possible to write for

a column of a vertical height orf L:

Lot = (13)
Iv,|
or, using equations (10) and (12)
SR, e (18)
sin vyl
4. Bv substituting for the variables involved

in equations (11), (8) and (9),specific va
lues it mav be readily seen that e¢ven [or

low speeds of rotation ( of the order of,

5 RPM ) the angle & 1is close to zero (*). As a

consequence, the magnitude of the local velocity,

and the local shear rate ?Vp/ﬁx are practical

Voo
ly identical to the corresponding local magnitudes

of the tangential component:

2
r - = J .
!VR! ‘\y’\/ (tan ) +1 I\yI veeeaa (15)
?VR v v, fv\
—— = sin Z_ 4 cos < - ... (16)
8x X X X
2.2 Types of rotarv columns

A charactoristic of the free-convection pro—

file given by equation (9) is that, whatever the

values of the varjables involved mav be, v, is

always an-odd-function of x, i.e.

(-x) R ¢ )|

v {+x ) = - v
z z

which is equivalent to saving that the free con-

vection streams for ¥ » O and 0 move countercur

rently.

The same, however, i1s not true for the tan-

gentia! component Vv(x) which depends on the actu
al values of Yh
several different ways to which correspond diffe-

and VC . These may be combined in
rent tvpes of rotary flow patterns ( simply desi~

gnated bv lotters )i -

Type A : Both walls rotate in the same direction
with equal velocities
A, v = v
Loy c
Type B : Both walls rotate in the same direction
but with different velocities,
A Y vo/v o0
b ¢’ h'c
:*FOOTNOTE

For a column with one wall rotating with a speed

N(r.p.m.) and assuming the followings CGS values

3, 8-10°, r =3, 20=0.06,

T=20 and making e=x/w the numerical value of tan

for the variables : R~10"

¥ is approximately given by

e(l-~e) i

ltan w’:’ ¥ l
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Type Bo: A subtype of the previous case in which

one wall is static, VC =0 or Vh =0

Type C : The walls rotate in opposite directions
with the same absolute velocity ,

Vh = - Vc
Type C : The walls rotate in opposite directions

with the same absolute velocity, Vh = —VC

Type D : The walls rotate in opposite directions
but with different velocities ,

= - i
Vh VC’ Vh/ \C <0

Form equation (8) it may be easily seen that
only type C corresponds to a profile that is an
odd-function of x, i.e., only the tangential profi-
le of type C is of true countercurrent nature rela-
tive to x=0. All the other cases, thus, have a com
bination of a tangential co- current profile with
a vertical countercurrent profile. The net result,
however, must be considered as a countercurrent-
-type process since it is clear that each atream
contacts "fresh" fluid as it moves inside the annu-

lus (see Fig.2 ).

TYPE C
“eounprcurrent}

Fig.2 - Flow-paths in rotary columns

The fact that the overall flow inside a rota-
ry column may be considered of the countercurrent
type is of primary importance from the viewpoint
of using the existing 2-dimensional derivation pat-

tern which is based on that type of flow symmetry.

3. EARLIER WORK

3.1 Experimental reports

So far, it would seem that only columns of type
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Bo have been used experimentally. The first re-

(5)

port was by Sullivan and co-workers
who , however, appeared to have worked at speeds
above the critical Taylor Number and therefore

out of the scope of the present work. A more de-
tailed study at speeds below the critical Taylor

(Z’B)Who claimed

Number was reported by Romero
that the rotation decreased the separation-time
without increasing, though, the separation attai-
nable. Romero also observed that the equilibrium
separation decreased as the speed of rotation
increased. A somewhat different conclusion was
reached by Bott(3’9)who, using a column identical
to Romero's but with a larger annulus width, no-
ted that in the transient period of the separati-
on ( broadly, in the regious where the Ruppel-

—Coull(lo)

equation applies) the rotation incre-
ased the separation, the largest degree of sepa-
ration being obtained for the higher speed of ro
tation studied.

Meanwhile, theoretical studies by Yeh and

(4)

co-workers suggested that a large increase in
the degree of separation should occur where one
of the cylinders rotates. ( This work is discus-

sed in the next section ).

3.2 Theoretical studies

The first attempt to derive a phenomenolo-
gical theory for the rotary column was by Domerézz
This author rationalised the problem through an
"elementary theory" in which the problem dimen-
sions were reduced by neglecting the natural con
vection as compared to the forced convection and
substituting the rotary column by a parallel
plate one with the walls set in opposite motion.
In the nomenclature of the present work, the su-
bstituition is equivalent to use type C instead
of type Bo’ keeping the rate of shear across the
annulus unchanged.

Neglecting v, in comparison with vy is acce-
ptable if the effect of v, on the shape of the
particles streamlines is taken into account. This
Romero does in a clear discussion of the physical
situation involved but somewhat surprisingly ,
the author uses for the column length the verti-~

cal height As a consequence the theory predicts



degrees of separation far lower than those obtai-
ned experimentally.

Using the substitution of a type Bo column by
a type C one is acceptable from the viewpoint of
Romero = the development of a " first approach "
to the rotary column - although they are not stric-
tly equivalent.

A more recent study has been presented by Yeh

and Chcng(3)who developed a phenomenological model

*)

for continuous rotary columns whose basic cha-

racteristics were :-

1. The introduction of the Brinkman Number ,
Npos = defined as N " ‘f?%?? ( where %
is the thermal conductivity of the mixtu-
re ) - to account for the distortions in
the temperature profile ( and consequen-
tly on the velocity profile ) caused by

the viscous . 2at generation.

2, The use of the "wired column" approach to
derive the rotary column equation. (The
"wired column" is a concentric tube column
in which a wire of diameter equal to the
annulus width is helically wrapped along
the inner cylinder forcing therefore the
particles to follow a helical-path inside

the annulus ).

As far as the Brinkman is concerned, its in-
troduction appears to be unrealistic since it may
be easily demonstrated, by substituting the varia-
bles involved by common ( usual ) numerical values,
that N

Br
conditions encountered in practice.

is negligible for the vast majority of

As to the second aspect - the analogy between
rotary and wired columns - it is indeed restricted
to the shape and length of the particles streamli-
nes. Wide differences do exist in values of the
local velocity, residence~time or local shear rate,
as may be seen by comparing the rotary equations

(15) and (16) with the corresponding "wired equa-

tions" ( where "w'" stands for "wired")
( VR )w =V, sin vy, veeses (1)
dv, v
(_AX_R.L. sin by —g-x—z— =0 .ee0..(18)
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Moreover, the application of the Yeh and
Cheng approach to the batch operation predicts
that the value of the equilibrium degree of sepa-
ration is cncreased by a factor equal to (1/sinv)
which is quite large even for moderate speeds of
rotation and, indeed, not vindicated by the expe-
rimental results so far available.

Before finalising this section it is interes
ting to note that the approach of Yeh and Cheng
is, ultimately, an attempt to reduce the problem
dimensions though by quite a different technique
from Romero's and apparently unaware of the latter

4, THE TRANSPORT EQUATION

4.1 Simplifying approximations

To obtain the rotary transport equation
through a nattern similar to the FJO derivation
for the static column, it is necessary to intro-
duce some approximations so that only two spacial
coordinates are required to describe the transport
involved and, simultaneously, to substitute the
actual velocity profile by an approximate function
with an odd-symmetry with respect to the x-distan

ce.

The first approximation is to consider that
the rotary column length, L*, defined by equati-
on (14) has a constant value which implies that

the angle ¥ must also be considered as a constant:
Y o= wa = constant

Physically, the aproximation introduced
means that the particles streamlines have a cons
tant inclination ( independent from x ) and, as
a consequence, the resulting velocity profile
exists in a xy-plane that makes an angle *a with
the horizontal xy-plane. It may also be conclu-
ded that this xy-plane together with equations
(15) and (8) fully described the velocity profi-

le that results from the approximation introduced.

* FOOTNOTE

The distinction betwenn batch and continuous phe-
nomenological theories is immaterial from the
viewpoint of establishing a body of rotary conce-
pts or parameters since the continuous theories
are, in fact, extensions of the corresponding
batch ones.
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Fig.3 - Coordinate system x'y'z'

The actual value of*ba may be simply determi-
ned from the condition that the flowrates in the y

and z directions are related by

RN ¢710))

noting, now, that 'ba is small and therefore sin

ya ~ tan ‘ba' the rotary length is

<

- L - L -
L = ‘sin'gl B |tan7%| =L

el (21

<

It is worth emphasising that, at the present
stage, the matural convection term, Vs is neglec
ted in evaluating the local velocity or shear
stress i.e. similar to Romero's approach, but it is

taken into account by defining a value'% # 0.

The second basic approximation is related to
the symmetry of the flow relative to the plane
x=0 ., First, it is considered that due to the coun

tercurrent character of the '

'upwards" and "down-
wards' streams corresponding to the two column
halves for x > 0 and x < 0 ( briefly referred as

x and x_ ). They are independent entities which
only share a common boundary at x = 0. Secondly
and in accordance with the approximation (19), the
flow-rates in each half must be identical. Finally,
it is also considered that within each half the
sign of the shear stress is unimportant but rather

its absolute value.

Under the above conditions it is possible to
separate the rotary column into two halves having
the velocity profiles shown schematically in fig
4 and 5 for columns of type A and Bo .

(see Fig 4)
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Real profile

Approximoted
profile

Fig.4 = Velocity profile in a rotary column
of type A

Their mathematical representation is

. Vh - VC Vh+ 3\’C
v ,(x) = X + = Ru (e+A)...(22)
y 2w 4
v -v v, +3V
-y _ h ¢ _ h C  _opfe_
vy.(x)— 7 x 7 = Rw(e-A)....(23)
AAaY
where R = b
2w

is the rate of shear across the annulus,

Vo4V
h ¢

Rw

>
|
1

-

<o (25)

N —

and

X
£ = —
o

veenn . (26)

It is clear from equations (22) and (23)
that the overall approximate profile is an odd-

-function of x.



Real profite

Approximated
profile

Fig.5 - Velocity profile in a rotary colummn

ft
of type B

4.2 The transport equation

In the xy'z' system of coordinates obtained
from the xy system by rotating it around the x-
-axis by and angle'pa - see fig 3 - the velocity
profile resulting from the approximations intro-
duced has only one component : vy. (x). The mass
fluxes existing in each half of the column have
then the (usual) form

Sc ap D(AT)

Jx= - oD = YT G © (1-¢) v.....(27)
av
J 4= pD-G—c-r— + v ., Cp N ¢1:)
y 57 y
Sc

Jz=-°D——r5z .-....(29)

in which ¢ is the molar fraction of the specified
compoment and Tav is the average absolute tempera-
ture inside the columm, with the boundary conditi-

ons
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Jx= 0 at  x= * w e .o (30)
c=c at t=o0 eveeee . (31)
o
The equation of continuity is thus written
as
8(ep) _ _ 83, 5 Sc - §(cp)
3t Tt Sy" oD I3 vy' &y *
8 Sc
T °D A eeee..(32)

In this form, equation (32) does not allow
the FJ0-approach to be followed due to the exis-
tence of the z' term which makes the equation
3-dimensional ( in spacial terms ). The problem
may however be overcome by noting that, for small
values of the angle ' it is possible to assume
that ( 8c/8z ) = ( 8c/82"). Since the process may
be "followed" either through the y' - direction
or the vertical z - direction due to the helical
shape of the streamlines, it is possible to write

the approximate relationship

Sc _8c _ L* &c
TS T T By eeee..(33)

Using identical arguments for (8o /8z') and noting
that ( L*/L) >>1, the equation of continuity

becomes under these conditions

2
§(cp) _ My ) QD(_L"i sc | _
St Tx 8y L/ &y
_ §(co)
VY‘T -.....(34)

This equation is a function of only two spacial
dimensions ( x and y' ) and is formally similar
to the continuity equation obtained by FJO for
the static column and with the same boundary
conditions which means that hereafter it is pos-
sible to follow the classical derivation pattern.
Without entering into details which have
been fully described in the literature(G’ll’lz)it

suffices to say that the conventional derivation



arrives at an equation - the transport equation -
- to describe the transport of the reference com-

ponent along the column of the type

Sc

t=Hec (1-¢) -k Sy e

where T is the mass flow-rate of the specified com

ponent and H and K, designated by "transport coeffi

cients" have the following expressions

+w
Bpa (AT )
H= — G(x)dx = ...... (36)
Tav (2o
-w
K = KC + Kd ...... 37
+w
Bp 2
KC- 5 G (x) dx ... (38)
- u
K=Bo D(2w) ceeeea(39)

where B is the column width in the y-direction and
G(x) is an auxiliary function introduced in the

derivation and such that

8 (cp) -

-6_)7‘__ G(X) = JX ...... (40)
and

—a-x— G(X) + Vy, =0 il (41)

Also according to condition (30) and equation (40)
G(+w =G (-w) =0
In the present case the derivation is carried

out independently for the two halves ( x 0 and

X € 0 ) subjected to the condition:

+ -

Jx (x) = Jx (x ) at x=0  s.i.ee.. (43)
or, in accordance with equation (40)

G(x") = G(x) at x=o R €Y

35.

The overall transport of the specified com-
ponent is thus the sum of the contributions of

each half:

+uw o]
T = Jy,(x+)dx + J, (x) dx =
0 =W
Sc
= H* c(l-¢c) - K* —(5-}’-'-_ ..... . (45)

The principal differences from the static
theory of FJO concern the auxiliary function G(x)
which, for the profiles described by equations (22)
and (23) and in accordance with conditions (41)

(42) and (44), has the form:

c(x") = :‘3-“’2— l: e+ 24 - (2a+1) }...(46)
- R o2 2
G(x ) = :~33— [ £“- 2Ac - (2A+1) ]...(47)

After performing the integrations indicated
in equations (36) and (38) the following expressi=-
ons are obtained for the transport coefficients
of a rotary parameters:(the absence of asterisk

identifies the static ones ):

3

_ _Bmp(AT) R &
L T 7 (2+34) ...... (48)

av
25
= B*p R w 2

Kt = =P —55— (8 + 25A + 20A7) ...(49)

L%, 2
K?(‘i = B%x 5 ( ZN)(T) D (50)

The physical meaning of the terms involved
in the rotary transport equation is analogous to
the static one:- The term H*c (1-¢) representing
the contribution of the thermal diffusion effect

to the transport of the specified component and

the terms Kg —%%, and Kg %ﬁr , accounting ,

respectively, for the remixing effects of the
convective currents and ordinary molecular diffu-
sion.

As a " corolarium ", any conceptual relation
between these or other phenomenological parame-—
ters of equivalent physical significance will
have the same form in both rotary and static co-

lumns. By analogy, then, with the static theory



it is possible to obtain steady and unsteadystate
solutions for the transport equation using the me-

13 and others<10’1az

thods described by Majumdar
The corresponding final equations are presented in

the next section.

5. SEPARATION EQUATIONS

5.1 Theoretical equations

By analogy with the static theory the follo-
wing rotary parameters may be defined :
_H* L*

- Dimensionless length A% TR et (51)
cor¥_ Ak c X
-Equilibrium separation A% = (e 1) (e -e )
o0 CAA® A%
e © (e” - 1)
. .(52)
* K%
-Relaxation-time t* = —2 § 1 1 —
*
L el ey
veeea(53)
-Moles/unit of length u* = B¥*p (2 w )......(54)
F*z
-Dimensionless time 8% = — (55)
WK

For large values of time such that t >,0.3t:

the solution of the transport equation by Hoffman

14)

and Emery yields the following equation for

the dependence of the degree of separation, A%,

on the values of A: . t; and t:
8 -t/t*
* = A% -2
A ax (1 5 € r) ceeeae (56)

For short experimental times such the 0% <
< 0,05 | A* \ 1'82, the dependence of the degree
of separation, A* , on the variables involved may
be obtained from the solution presented by Ruppel
and Coull(lo) for the static case. The equation
is: ( The subscript RC stands for "Ruppel and

Coull" ):

- [ &% _ T
AﬁC =4 co(l-co) ~ = g% \/ t ...(57)
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with

s =6 8% / sVt ereea(58)
i.e.s* is the critical slope of the curve rela-
ting A§C and V t.

For columns of type Bo the value of the
parameter A defined by equation (25) is 1/2 and
the value of L* defined by equation (21) may be

obtained using equations (8) and (9):

nVvL ceeeea(59)

Bg (AT) (2)2

L* = 96

The phenomenological parameters involved in
the separation equations (56) and (57) may now

be determined from equations (48) (49) and (59):

A% = 527,1 2-DnlL = 1.046 A ...(60)
Bg Tav(Zu‘)
2
Tav (2w 1
tr=1'25 [ a ( AT ) 0.25 + né/ A¢ =
2, .2
= 0.875 [ 0.25 + “2/ A 2] C ot eeennn (61)
0,25 + 1° / ax r

<, (l-co) a ( AT ) D
T . (2 w)
av

g* = 2.010 = 1.068 & (62)

Equations (60) and (62) respectively show thats* |
A* ( and, hence A* ) are larger than the corres
ponding static parameters. In contrast the rota
ry relaxation-time t: is smaller than the static
one as shown by equation (61). On the whole, the
refore, it may be conclued that the theory pre-
dicts the perfomance of rotary columns of type
Bois better than the perfomance of a static co-
lumn under the same experimental conditions al-
though the improvement is moderate. If the pro-
cedure described for columns of type Bo (A = % )
was carried out for the other types mentioned ,
the results would be similar in regard to the
relaxation-time and the short-time separation,but

would show significant differences in the ratio



A*/X. A semi-quantitative comparison is shown in
Table 1 where it may be appreciated that the lar -
gest equilibrium separation attainable is for the
type A column (both walls rotating in the same di-

rection with equal veloecities ).

TABLE 1
Comparison between the theoretical performances of rotery and static coluwsns
Type of A* o 4. " 2t Rotary performadce
column i 0 I 2 RC relative to the
T o
Y by 'r oRe static

A 1,143 »1 ~1 1,034 >1 Bottor

B{Awl) 1.078  >1 1< 1,059 »1 Bottor

Bn 1.046  >1 1« 1.068 >1 Bettor

< 0.952 «K < 1.090 >1 Comparable

Another interesting aspect worth mentioning
and somewhat surprising is the fact the phenome-
nological parameters are independent of the
speed of rotation apart from the limitations impo-
sed by the critical Taylor Number ( "upper limit")
and by the assumption that the angle wa is small

(" lower limit " ).

" "

In connection with the lower limit it is

also of importance to note that the error involved
in the simplifying approximations introduced de-
creases as the speed of rotation increases. Hence,

the " lower limit "

is defined by imposing a maxi-
mum value for the error. This means, on the other
hand, that the separation equations derived are the
asymptotic solutions which apply at speeds below

N = » with a certain degree of error which, in

T

turn, is negligible at apeeds above the lower

limit ".

5.2 Equivalent annulus width of a rotary column

The assumption of a constant annulus width
implicit in the FJO-approach is seldom acceptable
when considering real columns due to the high
L/( 2w ) rations which because of constuctional
difficulties, implies the existance of small eccen
tricities along the column height. This problem has

(14,16)

been discussed by several authors and ulti-

mately has led to the introtuction by Bott and

(16)

Romero of the "equivalent annulus width'" concept
- the annulus width of a geometrically perfect co-

lumn which yields the same separation as the actual
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imperfect one under the same experimental condi-
tions. This concept was further developed by Ro-

17

mero and Pinheiro who proposed a method for

the evaluation of the " equivalent annulus width "

which is discussed below.

The introduction of the concept for the sta-
tic column was essentially based on hydrodynami-
cal considerations which, however, may not be
strictly applied to the rotary case mainly becau-
se the spacial location of the "funnels" origina
ted by the eccentricities are continuously dis-—
placed by the rotation, It may, though, be admit-
ted that a certain degree of instability is trans
mitted to the flow by the eccentricities and the-
refore one must accept that the overall perfoman-
ce of the column is affected. Whether or not an
" equivalent annulus width " for the rotary co-
lumn may be defined by analogy with the static
column is a question whose answer requires the

an

application of the Romero and Pinheiro method

to the experimental data abtained.

The method derived for the static column
allows the independent evaluation of the equiva-
lent annulus width and thermal diffusion factor
and is simply based on the fact that the static

parameters A and s may be written as

s = 22 . m veees. (63)
= —GoyE - 0 ceeen. (64)
where

1.89 €6(1-%0) (AT)VG;
) T

av

ceee..(65)

and

BDnlL

n = 504 Ao T
av

ceee. . (66)

The coefficients m and n may be evaluated se-
parately with accuracy independent from o and
(2 w ), and the values of s and X may be de-

termined experimentally. Under these conditions,



equations (63) and (64) form a system of 2 equa-

tions with 2 unknowns whose solution is

1

20=(25) 2 e (67)
1

am 2w . = (B 3 veerr.(68)

In the rotary case the basic differences are
in the numerical factors of equations (65) and (66)
which become, in accordance with equations (60) and
(62):

<, (1-(:0) ( AT YYD

m* = 2,019 cree.l (69)
av
DnlL
n* = 527.1 veeee s (70)
Bg Tav
and
1
x gk
(2 w*):(____._:l* i* ) 3 ceeeea (71)
L
s* n* g* 3
o= =5 (23) e (72)
It is seen that to examine the adequacy of
the " rotary equivalent annulus width " is also

to examine the separation equations in which its
evaluation is based. This adequacy may however be

tested in two complementary ways

- By comparing the value(s) of a obtained from

equations (32) with others cited in the literature,.

- By comparing the experimental separation curve

with the two theoretical curves obtained using:

a) The equivalent annulus width given by equa
tion (71)

b) The mechanically measured annulus width,

( r, -1, ).

6. EXPERIMENTAL WORK

6.1 Experimental apparatus and conditions
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The experimental apparatus used in this work has

(3’9)50 that on-

already been described elsewhere
ly the principle characteristics are described.
It is comprised of two concentric cylinders made
of brass, the height being 102 cm, the mechani-

(3,9 annulus width 0.0571 cm and

cally measured
the annular volume 80cm3. The inner cylinder may
rotate at speeds up to 300 RPM while the outer
cylinder is static. The heating and cooling of
the walls is made through a thermostatic water
circuit which flows inside the inner cylinder
(hot wall) and through a water-jacket surrounding
the outer cylinder (cold wall). The wall tempe-
ratures are measured through a group of 8 ther-
mocouples placed in each wall at four different

heights. The column is also provided with eleven

sampling ports equally spaced along the height.

The test mixture used was n~heptane-benzene
with an initial composition of e, = 0.560 (molar
fraction of benzene), each component being of

high purity(ls)

. The analysis of the mixture com
position was by refraetometry with an accuracy

greater than 0.001 of the molar fraction.

The temperature difference between the walls
was 18.5 # 0.25°C and the average temperature
293 + 2°K. The vertical variation of the tempera-

. o
ture was in no case larger than 0.5 C.

The rate of sampling was 1 sample/run in
accordance with the recommendations of Vichare
and Powers(lg), i.e. after a sample is withdrawn
the column is emptied, washed with fresh mixture,
emptied again and finally filled up with fresh

mixture for a new run.

In the runs referred to as 1B the column was
operated at full height (102 cm) and in the runs
2B with a height of 90 cm by leaving the upper
section empty. This was intended as a means of
assessing the influence of a suspected imperfect
zone located near the top of the column (between

L =91 cmand L = 102 cm ) on column efficiency.

Before assembling the column ( which has

self-aligning devices) the inner and outer cylin-

(8,9)

der diameters were carefully measured at 9

different points equally spaced along the height.



The mechanically measured (or theoretical) annulus
width is obtained by subtracting the cylinder ra-
dii at corresponding heights. The average values

for the annulus width are listed in Table 2 for rums
1B and 2B and it is seen that it may be consider-
ed that two geommetrically different columns were
used as shown in Table 2. The Table also shows the
speeds of rotation at which the columns were ope-

rated.
TABLE 2

Column dimonaions and operational velocities

Height, L (r,-r,) Spoed of rotation, N

2 Vav
(em) (em) {rpm)
COLUMN 1 102 0.0571 0, 1, 3, 6, 12, 28, 48, 88,
(runs 18)
COLUMN 2 9N 0.0565 0,1,3,10,20,44
(runs 2B)

6.2 Results and discussion

For each column and speed of rotation, the
degree of separation, A , was determined for ,
at least, 13 different experimental times ranging
from very short times of about 0.25 hrs up to ti-
mes near equilibrium of the order of 30 hrs. or
more. This set of ( ti’ Ai ) pairs constituted the
input of computer programmes specially devised,
whose output inclued the best valus - as determi-
ned by least squares methods - of the parameters

Ak, A% t* and s* ( or A, A t and s ). The
o r r

o?
values of A* and t? are determined so that the
(theoretical) curve of A% vs. t obtained by substi
tuting those values of A* and t: into equation (57),
yields the minimum deviation between the experimen
tal points ( Af >ty ) and the corresponding points
in the theoretical curve ( A* , t ). In this work ,
it was found that in no case was the deviation 9
greater than 57 which means that ( with an error
less than 57 ) the experimental results are well
described by the two values of A* ( or A* ) and
t: given by the computer and presented in Tables

3 and 4 .

TABIE 3 Exverimental and calculeted peraceters - column 1

K ea |0 e FERT VIR _;
(RP) te) | minh] (em
o | o.162 | 2.03 [3.82 | 2.35 Lie 106 -
1 | 0.464 | 2.0¢ [3.78 | 240 6.13 [1.31 | 1.004
3 | 0,477 | 201 [3.43 | 2.44 6.0 1,32 | 1.032
6 | 0.490 | 2.18 [3.29 | 2,47 6.06 11,33 | 1.061
12| 0.495 | 2,20 |3.58 | 2.29 5.9 |1.29 | t.0m
28| 0.500 | 2.23 [3.87 | 2.46 6.00 [1.31 | 1.080
| 071 | 2.08 [3.54 | 2.43 612 [1.32 | 1.019
B | 0,416 | 1.77 [2.04 | 2.43 6.23 [1.34 | 0.888
2107 = 1,056 m.10% = 1,128 8.10° = 2,11 ne.10° = 2.2

The values of ** and s*, together with the
values of m*, n*, m and n determined, respec-
tively, from equations (69), (70), (65) and (66)
using the appropriate values of the variables in-
volved ( c_=0.560, 4T=18.5°C, T, =293.5%K,
£.10%=0.88 g.cm 2. °c7!

D.10%=0.216 cm?. s !

, n.102=0.461 g.cm—l.s 1,

, p=0.767 g.cm-3, =980 cm.s—z)
allow the evaluation of the "equivalent annulus
width" and thermal diffusion factor using the me-
thod of Romero and Pinheiro described earlier.

The results thus obtained are summarized in Tables

3 and 4 and suggest the following observations:-

1. Although in theory for a given speed of
rotation column 1 equilibrium separation
should be nearly 67 higher than that of
column 2, it is seen that, in practice,
it is of the order of 107 lower than the
equilibrium separation obtained in column
2. This discrepancy must be attributed to
the geometric irregularities existing
near the top of column 1 which promote
extra-remixing effects that affect the
whole apparatus efficiency. Not surprisin
gly, therefore, the ratio between the
equivalent annulus width, and mechanically

measured gap, 2w/ ( r,~ r, ) , (which

2 1
may be considered as a measure of the

degree of imperfection of the column )-

* FOOTNOTE

The percentage deviation between the experimen-
tal ponts ( A¥ , t )and the theoretical value

of separation, A*, for the same value of the

. . ! -
time, ti is given by _,& A; _ A1.)2
A%
i
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is coneiderably higher for columm 1 for
the same value of N as may be seen from

the tables.

The values of the thermal diffusion factor,

o, determined from the data of either column

1 or 2
themselves and with other values reported
in the literature and determined in thermo-

(17)

gravitational columns .

TABLE 4 - Experimental and calculated pars-eters - column 2

show a very good agreement between

. B B . 2 2 .
. .10 x

N ol 2 e DRI N
(rpm) o) @inh (e

U 0.516 232 4.22 2,48 5.76 35 -

) 0.516 2.3z 4.1 2,56 5.79 31 1.000

3 0.523 2,36 4.9 2.61 5.79 B34 LoV

10 0.564 2,60 4,29 2,63  5.62 S a2

20 0.558  2.56 4.25 2,65  5.66 33 1,103

44 0.541 2.46 421  2.63  5.T3 34 1.060
m10% = 1.056  m*.10° = 1.128 710° = 1,89 n%.10° = 1.98

The equivalent annulus width, in both co-~
lumns, appears to decrease first as the s
speed increases, to reach a minimum ani
then to increase with increasing speeds of
rotation. This suggests that the role of
the geometric irregularities in a rotary
column tend to become more important for
higher speeds due probably to some local
fluid instability arising at large values

of the rotation.

Conversely, \* u:(Zw)—Areaches a relative
maximum and then decreases monotonically
as the speed of rotation increases as
shown in Fig 6 through the experimental
curves for column 1 ( curve E. ) and co-

).

1
lumn 2 ( curve E2
By comparing the experimental A* vs. N
curves (E1 and E2) with the theoretical
curves predicted by the theory for perfect
and 2, 1 and T2 .
respectively, in fig 6 ) it is seen that

2 and T2)

are not far apart in contrast to what hap

columns 1 ( curves T

for column 2 the twoo curves ( E

pens to column 1 ( E. and Tl). Furthermore

1
the shape of the experimental curves sug~-

gest that may considered as distorted theo

retical curves.

a1

—_—

l”

M B
L 27 o
I’I {. \‘_‘\‘\
zsL '\.
J T

E;

N, rpm

Fig. 6 - Comparison hetween experimental and

theoretical values of parameter A%

T
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Theoretical curve for a perfect column
1

~ Experimental curve for column 1

Theoretical curve for a perfect column2

- Experimental curve for column 2

The existance of geometric imperfections
with the need to consider "equivalent
annulus widths'" clearly alters the theo-
retical ratio of A*/X = 1.05 as shown
by the last column in Tables 3 and 4.

It is interesting to note, though, that,
not only is that ratio larger than unity
in all cases except for N=88 RPM in co-
lumn 1, but also that the average value
of that ratio ( A*/X = 1.04 for column

1 and A*/A = 1,06 for column 2 ) are
quite close to the theoretical value of

1.05.

The comparatively low separation obtained
in column 1 for N = 88 RPM assumes a lar-
ger significance if it is noted that the
"upper limit" of velocity, NL, defined

through the critical Taylor Number(20’21)

is not far apart from the speed of 88 RPM:
; !
NL=( TJ c (r2+r1) n

32

3 5 = 95 RPM
/900 L 4 T (2w)7p

. (73)

It is logical, therefore, that some degree

DI

of instability with a possible change of



flow regime may have occurred in the (imperfect)

column 1 at that high speed.

0.6)

o
»~

Na28 rpm

Separation A

0.2

{
i
|

Column 4

t, hrs

e o= Theoratical, 2w = ror,

..... ——— Theorotical, 2w = (2w) equivalent
° Experimental N =28 rpm
x Experimental N =0

Fig. 7 - Typical comparisons between the theo

)

retical curves (for 2w = r .
equiv.

) T T and 20 = (2w
and the experimental points in column 1

The above comments generally suggest that the
experimental results obtained show a trend that is
in agreement with the theory derived earlier. The
most meaningful test is , though, the comparison
betweea the separation vs. time curve predicted by
equation (56) and the experimental points. Typical
examples of these comparisons are shown in figs. 7
and 8 in which two theoretical curves for each
speed are represented: one using the " equivalent
annulus width " and the other calculated for
2w = (r2- rl). The comparisons for other speeds

show similar trends which may be summarised as :-

1. The use of the "equivalent annulus width"
in equation (56) produces a curve that has
a much better agreement with the experimen
tal points than the curve obtained from
equation (56) using 2w = r, = 1. This is

particularly true for column 1 and for the

static operation of column 2.

2. In column 2 the two theoretical curves for
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N=0 are distinctly apart whereas for
N=10 RPM the curves are close together
sugesting that at this speed of rotation
the irregularities are not so important
as they become for N=0 or for higher spe

eds of rotation.

Separation, A

golymn 2

0 20 «0
t, hrs

T TS Theoretical, 2w s Faee

----- = Thoorcticat, 2w = (2w) cquivalent
° Experimental N =10 rpm
x Experimental N=0

Fig. 8 - Typical comparisons between the
theoretical curves ( for 2w = r2- r, and 2w =

1
= ( 2w__ . ) and the experimental points in co-
equiv.
lumn 2.

7. CONCLUSIONS

It is thought that the main conclusinos to
be drawn from the present work may be summarised

as follows:

1. The approximate phenomenological theory
of the rotary thermal diffusion column
derived using some simplifying approxima
tions to reduce the problem dimensions
and with an approach similar to that of
FJO appears to describe satisfactorily
the behaviour of a geometrically perfect

column.



2. For real rotary columns (geometrically im
perfect) it is necessary to consider, by
analogy with the static column, an "equi-
valent annulus width" whose value may be
determined by a method similar to the sta-

tic case. When this rotary "

equivalent
annulus width " is used a good agreement
is observed between theory and experiment

(even for non-perfect columns).

3. The column efficiency improved when rota-
ted at speeds up to about 50 RPM. The ave
rage increase in the equilibrium separati
on relative to the static operation was
67 and 77 for the two columns used. These
figures agree fairly with the theoretical

prediction of a 57 improvement.
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NOTATION

A
B, B*

K*

*
Koo KOKKY

L*

m,m¥

n,n*

Br

Ta

(N, Dec

Ta

parameter defined by eqn(25)
column width in the y and z di-
rections, respectively

molar fraction of the reference

component (benzene)

initial composition

ordinary diffusion coefficient
gravitational acceleration

auxiliary functions defined res-
pectively by eqns (40), (46) and
7

transport coefficients defined,
respectively, by eqns(36) and
(48)

mass flux of the reference compo

nent

thermal conductivity transport
coefficients given by, respecti
vely, eqns (38),(49),(39), and
(50)

column height

lenght of the rotary column, de
fined by eqn (21)

coefficients defined by, respecti

vely, eqns (64) and (68)

coefficients defined by, respecti

vely, eqns (65) and (69)

speed of rotation of the inner

cylinder in r.p.m.

Brinkman Number, N =nV2/k(AT)

Br

Taylor Number,NTa=

<4n?r 262 (20)3N2/900 (r +1,)n2
1 1 2

critical Taylor Number ,

N a3

(NTa)C-(B +0.3).10

local pressure

cylinder radii

shear rate across the annulus,

defined by egn.(24)



Greek sngols

¢

8

A, A%

AT

initial slope of the separation vs.
square root of the time curve gi-

ven by eqn (61)
time
residence-time, defined by eqn (13)

relaxation-times defined in equa-
tion (60)

absolute temperature

velocity component (in the i-di-

rection)

resultant velocity defined by
eqn (10)

tangential velocities of the hot

and cold walls

horizontal coordinate normal to

the walls surfaces

horizontal coordinate parallel to

the walls surfaces

coordinate direction defined in
fig 3

vertical coordinate

coordinate direction defined in

fig 3

thermal diffusion factor

temperature coefficient of density
= - (35/3M),

difference in composition between

the top and bottom of the column

temperature difference between the

walls

dimensionless horizontal distance

defined by eqn (26)
viscosity of the mixture

dimensionless time, defined by

equation (55).

dimensionless length, defined ,
by eqns (51) and (59)
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Subscripts
av

RC

x,x',y,y’

Superscripts

*
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ABSTRACT

Mass transfer limitations were detected in the gasi

fication by carbon dioxide and steam of carbon depo

sited on steam reforming catalysts. By using the

kinetic data obtained and the calculated effective-

ness factor for the gasification, it can be shown
that the limitations occur in the pores of the
coke deposit. As the mass transfer effects are
mainly determined by the structure of the deposits,
the possibility of an effective "clean-up" of the
catalyst by the gases present in the steam reform—

ing reaction is necessarily limited. Therefore, to

prevent the deactivation of the catalyst, attention

should be focussed on inhibiting carbon lay-down.

INTRODUCTION

The deactivation by carbon deposition of catalysts
used in many industrial processes poses problems
of regeneration and optimum operation control.

The

regeneration of fouled catalysts is mainly achieved

by burning-off the carbon with air, steam or
mixtures of both. Sametimes complete regeneration
is not possible and the catalyst has to be replac-
ed. Thus, it is important to define the operating
conditions that pramute the formation of desired
products while supwcessing the formation of carbon.
For instance, i the steam reforming of hydro—
carbons, this could be achieved by enhancing the
removal of the coke deposited on the catalyst by
some of the gases present in the system. With
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these ideas in mind, the study of the gasific-
ation by steam, hydrogen and carbon dioxide of
carbon deposited on foils and supported nickel
catalysts was undertaken (2).

The catalytic gasification of carbons was found
to be important above ca. 475°C, and thus to be
unaffected by the uncatalysed gasification (3).as
the reaction kinetics depend on the availability of
the metal and on the structure of the carbon
(4,5), it was necessary to have an idea about
these factors. Some information in given in the
next section and more can be found elsewhere (1,
2).
that a very high reactivity for the gasification
was observed, much greater than that of other
carbon deposits with similar metal content (1,5).
Consequently, mass transfer limitations could be
affecting the gasification data obtained. These
limitations are the object of the present

conmunication.

It is important, however, to emphasise here

EXPERIMENTAL

The experimental arrangement consisted of a
microbalance (C.I. Electronics, MK 2B) and
associated flow reactor, furnace and temperature
controller ( b 0.5°C). It is represented
diagrammatically in Figure 1. Reactants and
products were analysed by gas chramatography
using a column filled with porapak-R (2m,70°C),
and a thermal conductivity detector. Water
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Fig. 1 The Flow system

Key. MB-microbalance; WB-water bath; F~furnace;
HW-heating wire; WI-water trap; T-thermocouple;
M-mananeters; NV-needle valves; R-rotameters;
PR-two stage pressure regulator; SEM-soap bubble
meter; H-heated lines; PH-preheater; GLC-analysis
system; MX-mixer; MBC-microbalance cabinet,

matching bax and recorder

vapaur was produced in a bubbler system, where a
carrier nitrogen stream was saturated at known
temperatures (1). Where it was necessary to study
the dependence of the rate on the pressure of a
gasifying agent, the total pressure was maintained
at one atmosphere by the addition of oxygen free
nitrogen or argon.

Nickel foils were obtained from Goodfellow Metals,
and were of 99.7% purity, 0.125 mm thickness and
had a geometric area of about 20 cm2 1
ed catdysts were prepared by impregnation. A low
surface area alumina was crushed to BS 40-60 mesh
and soaked in 0.3 M Ni (N03)2.6H20. The excess
solution was removed by slow evaporation. The
nitrate was decomposed to nickel oxide (4500C,2h)
and reduced to metal (500°C, 3h). The final
catalysts contained 18 wt % Ni and had a total and
metal surface area of 8.5 and 1.1 m2 g_l,

respectively.

Since gasification was shown to be dependent on the

characteristics of the deposits, a common carbon
deposition procedure was followed. A mixture of
n-hexane (13.5 molar %), hydrogen (25%) and
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g- . Support-

nitrogen (61,5%) was passed over the catalyst
maintained at 600°C, the uptake of carbon being
continued until the desired amount had accumulat-
ed. The reactor was then flushed with nitrogen
at the gasification temperature for half an hour,
before starting the carbon removal. Weight
changes were registered continuously.

In certain cases, prior to the gasification, the
carbon depositswere analysed by Electron Micro
Probe (EPMA) and wet chemical methods and examin-
ed under optical and stereoscan electron micros-—
copes (Olympus N-TR and Cambridge MK IIA,
respectively). In the case of foils, the average
nickel concentration in the carbon was 1,5% (w/w)
while, for the supported catalysts, nearly all
the available nickel was distributed in the car-
bon, the concentration depending on the relative
amounts of the catalyst and the deposit. Changes
in the structure of the deposits during the
gasification were also monitored by determining
the surface area of the carbon at various percent
ages of burn~off. The determination was made by
the BET nitrogen adsorption procedure using a
gravimetric method (7). The total pore volume
was obained by applying the Gurvitsch Rule (7).

RESULTS

The gasification of carbon deposits by carbon
aioxide was studied over the temperature range
475-850 C for nickel foils and supported
catalysts. In most cases, the reaction was
characterised by a short induction period, follow-
ed by a period of constant rate that lasted from
ca. 15 to ca. 75% of burn-off. No significant
amount of nickel oxide was formed during the
gasification and the only detectable product was
carbon monoxide (2).

Measurements of the steady rates of gasification
are summarised in Figure 2 for both foils and
supported nickel catalysts.

The rates were normalised by dividing by the
weight of carbon. Either initial weights or
critical weights were used, to take into account
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Fig. 2 Arrehenius-type plot of the gasification
rates at a constant Co2 flow rate (3.3 c:m3

(STP) sec™}) and atmospheric pressure.

the accessibility of the metal inside the coke
deposits (1,2).
exhibit two distinct regions, with a change over
at about the same rate and temperature. At the
higher temperatures, the dependence of rate on
carbon dioxide concentration was approximately

Arrehenius-type plots are seen to

linear (order ca.l). At lower temperatures, the
order was camplex, increasing from near zero at
550°C to near unity at 625 C .

The general features of the experiments of hydrogen
gasification were the same as those observed with
carbon dioxide. At temperatures above 7000C, how-
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ever, the gasification rate decreased when the
temperature increased. This has been explained
in terms of the approach of the system to the
conditions corresponding to the equilibrium of
the gasification reaction (1,6).

The gasification of carbon deposits with steam
was studied at temperatures varying between 500
and 825°C and steam partial pressures varying
between 7 and 30 KN m 2. Hydrogen and carbon
dioxide were the major products of the reaction,
with smaller amounts of carbon monoxide being
detected. The general features of the experiments
were similar to those of the previous cases. The
Arrhenius-type plot of the gasification rates
bears many resemblances to Figure 1 below 725 C
(1,2). At higher temperatures, the activation
energy drops to zero. In this zone, the or-
der of the reaction with respect to steam was
unity and the gasification rates were dependent
on the total flow rate from 5x10 > to 2.5x1074
moles sec L. BAs a result of instabilities in the
microbalance head the flow rate could not be
further increased.

For camparison, the rates of gasification of
carbon by carbon dioxide, steam and hydrogen are
presented in Figure 3. The figure refers to
nickel/alunina catalysts only. The rates were
normalised to refer to the same weight of carbon
and to one atmosphere of the gasifying agent.

DISCUSSION

The results summarised in figure 2 show a change
in activation energy as the temperature increases.
The change is not due to an approach to equilibri-
um, since the carbon monoxide concentration in
the gas phase only reached 15% of that expected
for equilibrium of the reaction of carbon dioxide
with pure graphite (8). The change is also not
due to modifications in the structure of the
carbon, since the rate of gasification at 650°C
was not affected by heating to 850 C for two
hours. On the other hand,when the temperature
raises above 675°C, the value of the apparent
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activation energy isnearly halved and the orders of
reaction move towards unity. This seems to indic-
ate the presence of limitations by diffusion in the
pores of the carbon (7). In order to test for this
hypothesis, the treatment of Roberts and Satter-
field (7) was applied.

This treatment is based in the determination of an
effectiveness factor, ) , as a function of the
thiele modulus, y , for different values of KP...

O,
y« and K are defined as:
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¥ = @, RI/D, Py Ry (1)

k,/k, - 1.6 kJ/k}
2 1+ 1.6 k:'L/k2 2

where:
PCO - partial pressure of CO2 outside the
2 carbon

Lc - characteristic dimension of the carbon
particle in cm (Lc=R/3 in the case of
spheres)

De - effective d;ffusi:irity of OO2 into the
pores in cm® sec

Rcoz- ratflof the reaction in moles an -
sec

kl, ki and k2 - direct and reverse specific

rates for the oxygen exchange between
the gas phase and the carbon surface
and the specific rate for the carbon
gasification step, respectively.
Assuming that the rate equation in the chemical
reaction controlled zone is of the type:

choz
Rate = (3)
1+b. . P_+ eibiPi)

00, 00,

The value of 1) can be obtained directly as a
function of }(c , for spherical geometry (7,
page 192).

In the case of supported catalysts the deposits
were formed by roughly spherical carbon particles
whose diameter was estimated (by microscope
cbservation), to be 0.1 cm in average. The effec-
tive diffusivity, De’ was estimated with data
from reference (7), for o, diffusing through

a carbon with an average porosity during burn-off
of 0.36 (0.26 in the present case). For 725 C
and one atmosphere, if the diffusion occurs in
the transition region between bulk and Knudsen
diffusion:

2 1

- . T ,0.98_ - 2 -
D, 0.013 (—-29‘1 ) = 4.3 x 10 © om” sec



In figure 2, Run 34, for example, the rate at 725%
is 1.4x10mg sec my L. The apparent density, a,
of the carbon particles at an average burn—-off of
50%, can be calculated from the value of the total
pore volume, 0.186 cmg L, and the density of the
pore walls (1.95 in Table 1, reference 9):

__1 _ -3
da"d +Vp—l.43gcm
p
The value of the rate is then 1.7x10_4 moles secnl
a3 . Thus, from eqn.l, ¥ = 0.090. K can be

calculated from table III in reference (10). At
725°C, K ==0.99. Then from reference (8),

~ , c . i
T = 0.4. The intrinsic rate would be RCOZ—-RCOZ/I')

L3, Although a calcul-

= 4.25x1074 moles sec”
ation of this type can only be taken as an approx-
imation, it is evident that diffusion limitations
are affecting the rates cbserved at 725°C. The
fact that similar kinetics are observed above
675 C for both foils and supported nickel catalysts
confirms the assumption underlying the calculation:
that the diffusion limitations should occur in the
pores of the carbon. In these conditions, carbon
monoxide, the main product of the gasification,
accumulates within the porous structure of the
carbon. Even if the gas phase is composed mainly
by carbon dioxide, the reaction inside the pores
is akin to the gasification by carbon dioxide-
-carbon monoxide mixtures.

No diffusion limitations were detected in the case
of the gasification with hydrogen. BAs the
reaction rate decreased with temperature above
700°C, due to the approach to equilibrium
conditions, this was probably to be expected.

In the case of the gasification with steam (see
figure 3), the changes in apparent activation
energy are believed to be caused by the onset of
pore diffusion limitations at ca. 600°C (second
zone) and film diffusion limitations at ca. 750 C
(third zone).

First, the apparent activation energy  decreased
L and the orders of
the reaction increased fram 0.6 to 1 when the
temperature increased from the first to the third
zones. Second, at 750°C , The gasification rates
were dependent on the inlet flow rate. Finally,

from 164 to near zero KJ mole
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the rates became closer to those of carbon dioxi-
de gasification as the temperature increased.

As the limitations occur in the pores of the coke
deposits it is impossible to increase significant-
ly the rates of gasification by any of the gases
studied. 1In the steam reforming of hydrocarbons,
carbon can be formed either by the direct decampo-
sition of the hydrocarbon or by carbon-forming
gas-phase reactions. In cammercial operations,
ccke originating from these reactions is usually
prevented by using excess steam. However, as the
present results show, the possibility of a comple-
te "clean-up" of the catalysts is necessarily
limited. Rostrup-Nielsen (1l), noted that the
ability of the catalyst for steam adsorption was
important in depressing carbon formation. Thus,

a correct formulation of the catalyst, by using
selected additives, seems to be the only way of

preventing deactivation.
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ABSTRACT

The characteristic properties of polymeric
materials are associated to engineering
problems not accounted in general by the

so called unit operations. The association
of deformation and flow with physicochemi-
cal structure is the scope of polymer en-
gineering, of which stereospecific cataly-
sis and viscoelasticity are typical topics.

When in 1948 Nitschman and Schrade postu-
lated that polymeric systems should exhi-
bit Trouton viscosity to be spinnable, ana-
lysis of flow in spinning, as well as in
extrusion and injection, where high shear
prevails, called for nonlinear viscosity
models, that were obtained either by cur-
ve fitting or submolecular approach like
Bueche's one. It appeared that these mo-
dels miss important physical effects, in
general due to unsufficient thermodynami-
cal and mechanical foundation, taking for
granted that qualitative description was
correct in linear approach and so giving
a too simplified picture of the physics
involved in volume shearing. In view to
further progress, a review of continuum
mechanics and thermodynamics involved in
high polymer viscosity and shearing seems
worthwhile.

1. POLYMER PROCESSING MOLECULAR APPROACH

Polymer processing is the conversion of
polymeric materials or resins into produc-
ts, including injection, extrusion, calen-
dering, dispersion of pigments and surfa-
ce activation. Deformation and flow cannot
here be generally accounted by hydrodyna-
mics, unless molecular flow and relaxati-
on effects be kept frozen by the involved
time scale and by sufficiently low angu-
lar and other momenta. On the other hand,
characterization of rheological properties
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should permit the control of molecular

weight distribution and the degree of

long chain branching of a pclymer or a

polymeric system, in order to provide

an optimum processing condition or a

particular desired set of physical be-

haviour in the final product, as well
as optimum design of processing equip-
ment. Some of the molecular approach
relationships are those of:

- BUECHE and HARDING, between molecu-
lar weight and viscosity of concen-
trated polymer solutions at various
shear rates;

- ROUSE, between relaxation time of a
spring and bead molecular element
and viscosity of dilute polymer so-
lutions;

- ROUSE, between complex viscosity for
oscillatory shear flow and shear ra-
te;

- ZIMM, alternative to Rouse's relati-
ons;

- WILLIAMS, between the normal stress
difference for steady shearing flow
and molecular weight, concentration
and temperature;

- BUECHE, submolecular theory, combi~
ning friction losses due to solvent
motion with friction losses due to
molecular rotation under shear;

- LODGE, relating both viscosity and
normal stress difference to concen-
tration and temperature, for concen-
trated polymer sclutions;



- GRAESSLEY, between viscosity in steady
shearing flow and shear rate as well as
relaxation time, predicting also fluid
elasticity at low shear rates;

- MIDDLEMAN, between viscosity of polydis-
perse materials and molecular weight
distribution function;

- FERRY, between elastic modulus of a mo-
nodisperse polymer and fliid density, mo-
lecular weight and temperature;

- FERRY, between elastic modulus of o po-
lydisperse polymer and fluid density,
average molecular weight and temperatu-
re;

- BUECHE, between the viscosity of a bran-
ched polymer and the viscosity of the
linear polymer;

- ZIMM and KILB, also between the viscosi-
ty of a branched polymer and the visco-
sity of a linear polymer;

- PETRAGLIA and COEN, between molecular
weight and relaxation times spectrum;

- WILLIAMS, LANDEL and FERRY, between
viscosity and temperature;

- BUECHE, between polymer viscosity and
viscosity of respective solutions;

- BUECHE, between glass transition tempe-
ratures of a copolymer and glass transi-
tion temperatures of constituent poly-
mers.

These molecular approaches must be used
with care, specially as far as quantitati-
ve predictions are required. Nevertheless,
in certain situations e.g. for polymers of
molecular weight of several million, rheo-
logical measurements can be the only prac-
tical way of determining molecular weight

and molecular weight distribution.

It is out of question that a better know-
ledge of the relationships between the mo-
lecular parameters and the rheological and
mechanical and thermodynamical parameters
in general will be of great help in the
design of new polymers or in modifying

the existing ones, permitting also the de-
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sired material as well as mechanical
modifications whenever a processabi-

lity problem arises.

2, HIGH VISCOSITY FUNDAMENTALS

NITSCHMAN and SCHRADE postulated in
1948 that liquid systems can only be
spinnable if their viscosity is ano-
malous and much greater than Newto-
nian viscosity. NITSCHMAN and SCHRADE
(1) called it Trouton viscosity,re-
viving old suggestions by TROUTON( 2 )
on the "coefficient" of viscous trac-
tion. Since then, analysis of elonga-
tion flow of polymers attracted re-
searchers interested in both polymer
engineering and non-Newtonian flow.As
molecular approaches are unsufficient
and in many cases misleading in this
domain, it is worthwhile to try to put
high viscosity fundamentals on a sound
basis and so review its mechanical as

well as thermodynamical background.

When introducing rheological linear
relations like t=ny , relating the
shearing stresses to the rate of shear
we are taking an oversimplified pictu-
re of the process, hiding for instance
rotating momenta and cross effects be-
tween degrees of freedom. It is a his-
torical fact that Hooke's law,
o = Ee ( 2.1
relating the longitudinal stress ¢ to
longitudinal strain e was an experi-
mental law but that Newtonian relation
T = ny ( 2.2)
was a hypothesis, as Newton himself
called it, as reminded by TRUESDELL,



( 3 ). As TRUESDELL well emphasizes, the
classical equations of elasticity,

T = XESU + 24E ( 2.3)
and of fluid dynamics,
T = -pU + XDSU + 2uD ( 2.4 )

have been discovered by theory alone. Let
that E

infinitesimal strain matrix and

us remind and ES are, respecti-
vely, the
its trace or scalar and that D and Ds
are, respectively, the rate of deforma-
tion tensor and its trace, U being the

unit tensor and unit matrix.

Both NAVIER and POISSON have used hypo-
thesis to simplify a system of mass points
and both CAUCHY and STOKES used molecular
hints. Some of their working hypothesis
are today known to be incorrect but they
arrived to fortunate results. Decades of
curve fitting and empirical nonlinear mo-

dels followed.

A direct lecture of Newtonian flow is
that shearing strain can be maintained by
shearing stress only i.e., in a shearing
experiment, both the stress and strain
tensors are proportional to the tensor

010
100
000

( 2.5)

When, as many authors have done, we admit
a nonlinear viscous law like, e.g.
T ( 2.6 )

2 3
= Mgy + npyT 4 ngy
we are wrongly admitting that shearing
stresses alone are sufficient to maintain

shearing strains or rates of shearing.

It is of common experience that if a rod

of steel is pulled or twisted, the

( 2.1 ) and ( 2.2)

are valid only for very small strains.
POYNTING experiments by 1912 revealed

that a steel wire when twisted increa-

linear relations

ses in volume in proportion to the
square of the angle of twist. REYNOLDS
discovered this effect independently
and called it "dilatancy" i.e. a chan-
ge in bulk associated to a change in
shape. He admitted that bodies are com
posed of small particles and construc-
ted a "Sub-Mechanics of the Universe",
today considered, like many other mo-
lecular approaches, a molecular specu-
lation kept in the archives of the by-
passes of physics.

POYNTING repeated the steel rod expe-
riment with a rubber cord and observed
a change of its length in proportion
also to the square of the angle of
twist i.e. he observed two qualitati-
vely new phenomena, not predicted by
linear theory or its refinements like
( 2.6 ).

Much later, on the forties, RIVLIN re-
peated Poynting's experiments and was
able to predict on 1947 the surface
stresses necessary to be applied to the
ends of a rubber rod in order to obser
ve a pure torsional displacement. Also
on the forties, WEISSENBERG observed
the climbing up of the free surface of
a fluid sheared between two concentric
circular cylinders. Classical theories
predicted instead a flat surface. We
do not consider here the small meniscus
due to capillarity, as this is a de-
tail, bounded to a special important
special treatment. We refer by the way
the work of GONGCALVES ( 4 ) , on capil
larity and viscometric capillars. It
is particularly interesting to note
that REINER predicted Weissenberg ef-
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fect by theory but referred to it as not

observed.

POYNTING, RIVLIN and WEISSENBERG experi-
ments have here been revived because they
are the milestones of the actual large de-
formation and non-Newtonian flow science,
so important for polymer science and engi-
neering. Of particular importance was the
introduction by RIVLIN of the Helmholtz
free energy from thermodynamics into con-
tinuum mechanics. As a matter of fact, it
is an essential feature of the modern pro-
cesses theory that processes are irrever-
sible in essence and so that thermodyna-
mics in specific sense i.e. in contradis-
tinction to thermostatics must play a fun-
damental role in the analysis of processes.
A unified treatment of mechanics and ther-
modynamics is today still to be completed
specially under the statistical physical

viewpoint ( 5 ).

A relatively simple analysis is possible
for isotropic media, as is the case of

melt polymers in processing. In this case,
as the strain or deformation rate strain
matrix must in any case satisfy its own
Cayley~Hamilton equation and as due to the
isotropy of the material, the stress matrix
may be supposed to be a power series in

the strain or rate of deformation matrix,
third and higher powers may be eliminated
so that T

pressed in the strain or rate of deforma-

, the stress matrix can be ex-
tion matrix D by the exact and general

relation

2

T = auU + bD + ¢D ( 2.7 )

where a, b, ¢ are power series in the
principal invariants of D matrix i.e.
intrinsic functions of the deformation or

rate of deformation matrix or tensor.

Shearing characterizing experiments must
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of course use simple deformation pat-
terns e.g. a deformation tensor like

( 2.5 ) or a multiple of it i.e.

r X 010
100
000

( 2.8)

Calculating the respective strain ma-

trix invariants, ( 2.7 ) yields
T = (A+Br’) x [100] + (2.9)
010
001
+r(C + Drz) X 01 0| +
100
000
+ r2F x 100
010
000

The classical result, that shearing
strain can be maintained by shearing
stress only,only follows if B, D and
F be zero or physically negligible.
For the general case we see very well
that a hydrostatic pressure of magni-

tude —Br2 and normal tension of ma-

gnitude Fr2

must be supplied again-
st the deformation tensor. If not, the
medium or material will contract or
expand according to the sign of B ex-
cept if it is incompressible. If nor-
mal stresses be missing, then the ma-
terial or medium will elongate or
shorten, according to the sign of TF.
These two effects are characteristic
of nonlinear rheology either for so-
lids or liquids and are observed in
polymers, namely in injection, extru-

sion and spinning processes.

From ( 2.9 ), we see also that bulk
dilatancy and elongation are governed
by independent material qualities, as

the respective coefficients occur one



at time, in one term each. Nevertheless,
this important theoretical and practical
fact does not appear clearly in general

in the literature and so it must be well
emphasized.

3. POLYMER MELT SPINNING PROCESS

Injection and extrusion and particularly
melt spinning are processes under high
+hear, involving so nonlinear transport
p: enomena and eventually a change in phy-
sical state.

We have so far analysed that to an elemen-
tary simple strain input corresponds a
complex stress output, degenerating into

a simple output only under limiting condi-
tions for quadratic terms, before defined,
those limiting conditions not existing for
spinning and also for related high shear
polymer flows. This means in practice that
instead of

( 2.2)

T = ny

with a well defined viscosity n , we have

to consider that

t= £ (y) ( 3.1
£f(vy)

i.e. a time parameter must

0f course, must have the dimen-

sions of ny
be involved. This is typical of viscoelas-
tic flow, like polymer melt flow, where
the time parameter may be associated to

a material parameter or material constant.
Subjecting the melt flow to the same vis-
cometric apparatus as in low viscometry,
namely to capillary high-pressure viscome-
ters, that time constant is assimilated to
a viscosity, in case that stresses do not
result so high that viscometric measures

are hampered of course. In the case of
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spinning, the polymer melt exhibits
both elastic and viscous aspects i.e.
it is a typical viscoelastic medium.
In spinning technology it is usual to
define a spinning viscosity as the ra-
te of the tension under which the fi~-
lament emerges from the spinnerette
and the relative decrease in cross
section per unit time, so resulting a
parameter with different dimensions
of those of rheological viscosity, an
important comment to be taken in mind
in spinning process analysis.

In contrast to low-shear viscometry,
the status of research in high-shear
viscometry is far from satisfactory.
EYRING ( 6 )
process theory of jumping molecules

modified his rate of

into one of "flow groups" of polymer
segments, each group having an intrin
sic relaxation time. Nevertheless,
probably due to unsufficient defini-
tion of grouping of polymer segments,
quantitative results are poor.

4, CONCLUSION

Polymer processing, namely high-shear
operations involve transport phenome-
na of complex analysis from the physi-
cal viewpoint, hidden by mathematical
empirical models but foreseen by the
variety of molecular approaches. Terms
are often improperly used and so care
must be taken in collecting informa-
tion from the literature. Progress in
transport phenomena in this domain
seems to depend on a deeper associa-
tion of viscoelastic flow with poly-
meric parameters distinct from those
employed in low-shear, newtonian case.
Temperature aspects have not here been
considered not only by paper length



reasons but because
one of several p
cous parameters

modynamical framework,

under work, (
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PROCESSABILIDADE DE OLEOS ESSENCIAIS EM CCC

Aquiles C. Gomes]
M. Fatima Farelo 1

1

RESUMO

Investiga-se a processabilidade de oleos essenciais
por Cristalizagao Contfnua em Coluna, estudando a
separacao do 1-8 cineol do 0leo de Eucal1ptus Glo-
bulus e o L-mentol dadL-mentona (principais cons~
tituintes do Gleo de Menta Arvensis Brasil), e
equipamento piloto CCC tipo Schildknecht.

Certos dados fisico-quimicos destes sistemas, ndo
existentes na literatura e necessarios para este
trabalho, sao determinados: ,apresentam-se a ui os
principais diagramas de equilibrio solido-1iquido

e caracterizam-se os cristais_quanto ao habito cris
talino. As determinagdes de habito por foto-micros=
copia a baixas temperaturas permitem a sua compara-
¢ao e observar as modificagoes introduzidas pelo
processo de arrefecimento.

Conclui-se relacionando o habito cristalino com a
processabilidade de 0leos essenciais na coluna
Schildknecht.

Tais conclusoes sao genera11zave1s para o processa
mento de outros sistemas organicos nos varios ti-—
pos de equipamento de CCC.

INTRODUCAO

A cr1sta11zag§o ntinua em Coluna-ccC € um proces-
so de separa;ao de grande interesse potencial para
a industria gu1m1ca que tem deparado com dificul-
dades apreciaveis na passagem das escalas Taborato
rial e piloto para as semi-industrial e industriaT.
Estas dificuldades tem originado numerosos insuces-
sos, quer em tecnicas especificas para a sua con-
cretizagdo, quer em vias tedoricas para a sua anali-
se e projecto, que se traduzem na incapacidade de
transposigao das teécnicas ou das formulagOes para
contexto diferente daquele em que foram concebidas,
(seja no aumento da escala, ou na aplicagdao a no-
vos sistemas).

Esta situagdo induziu-nos a procurar uma diferente
abordagem para a operagao abandonando muitas das
formulagoes existentes para a CCC (1) decidimos re-
correr aos conhecimentos_acumulados para a crista-
lizagao, isto e, separagdo por cr1sta11zagao a par-
tir de so1ucoes Esta, apesar das limitagoes da sua
analise teorica (2), sentidas nas dificuldades de
projecto e previsao deresultados de operagao para
novos equ1pamentos e sistemas, beneficia duma lon-
ga exper1enc1a industrial, com uma contribuicao de-
cisiva para a realizagao de numerosos processos.
Aplicamos estes conhecimentos e as novas analises
propostas aos oleos essenciais. Trata-se de produ-

. Centro de Processos Quimicos das U.L.

38.1

I1.S.T, Lisboa

tos naturais obtidos de plantas ou arbustos, por
extracgao ou dest11agao 0 oleo "bruto", assim
obtido e, em varios casos, submetido a purifica-
gao, as vezes por Cristalizagao (tradicional).

A CCC tem grande interesse nesta aplicagao, por
poder permitir um processamento sem degradagao
térmica do produto (de molécula complexa, e ponto
de ebuligao_elevado o que dificulta a destilagao,
mesmo sob vacuo), continuo e com adequado controle
de qualidade (o que a cristalizagao tradicional
nao garante facilmente).

Dos oleos essenciais a processar eventualmente em
Portugal, por CCC, tem especial interesse o o0leo
de euca11pto de que somos um dos majores_produto-
res mundiais, e oleo de menta Arvensis nao obtido
em quant1dades aprec1ave1s mas de interesse po-
tencial significativo.

Do 0leo de menta Arvensis separa-se o L-mentol seu
constituinte principal e exclusivamente (em nosso
conhecimento) obtido por cristalizagao tradicional.
Esta separagao € muito complexa e permite apenas

a reducao do teor de L-mentol de 70% no 6leo "bru-
to" a cerca de 50% no oleo "desmentolado". (3) Do
oleo de eucalipto separa-se o 1,8 - c1neol, vendi-
do comercialmente sob a des1gnagao de eucaliptol,

e que_ e 0 seu principal componente. Actuahnerrtese
paragao g feita predominantemente por cristaliza-~
¢ao tradicional.

Para esta investigacd@o consideraram-se os sistemas
mais importantes que constituem aqueles oleos. As-
sim, e para o oleo de menta, esgudou se o binario
do L-mento1 com a dL-mentona 2= constituinte do
oleo de menta e que dele representa cerca de

18%. (4).

Para o oleo de eucalipto caracterizaram-se experi-
mentaimente os binarios 1-8 cineol/o-pineno, 1,8-
-cineol/d-1imoneno, o -pineno/d-1imoneno e tambem

o ternario 1-8 cineol/a-pineno/d-1imoneno (5)

Nos ensaios piloto deste 0leo utilizou-ze o pro-
prio oleo, dado que 99% da sua composicao corres-
ponde aque1e ternario.

Os resultados aqui apresentados sao parte de uma
investigacdo de muito maior dimensdo, realizada
sobre o mesmo tema_e que abordou, com resultados
experimentais e analises teor1cas varios facto-
res gue influenciam a CCC e a processab111dade

dos oleos essenciais. Neste trabalho retem-se pa-
ra analise dois aspectos basicos:o equilibrio so-
Tido-17quido e o habito cristalino que sdo dos
mais importantes daqueles factores.



EQUILTBRIO SOLIDO-LIQUIDO (ESL)

0s dados de esl sao indispensaveis para 0 estudo
da aplicagao de CCC a qualquer sistema; nao se ten
do encontrado na literatura dados exper1menta1s,
foi necessario fazer a sua determinacdo que sere
velou alias d1f1c11 dadas as temperaturas baixas
a que foi necessar1o trabalhar e os problemas de
cristalizagao vitrea surgidos para os sistemas com
L-mentol.

Tecnicas experimentais

As curvas de aquecimento permitem a determinagao
do liquidus pela simultanea leitura de temperatu
ras e observacao visual da massa cristalinaemfu
sao; o fim da fusao corresponde ao desaparec1
mento da turvagao causada por finas particulas
solidas dispersas no 11qu1do

Parte-se de amostras solidas obtidas por arrefeci
mento brusco, que d1strib%£ homogeneamente as im
purezas. A amostra de 6 cm®, contida na celula de
vidro transparente de dup]a parede, € aquecida rum
banho termostalizado com contro]g fino de tempe-
ratura, a ritmo muito lento (0,1=C/min), com agi
tacao rapida. A temperatura e medida por termopar
Ni-Cr/Ni-Al referido a gelo fundentenumregista
dor Phillips PM8100. o

Esta tecnica so foi usada acima de 0-C, dadaadi
ficuldade de, a temperaturas negativas, manter 0
aquecimento 1ento e realizar observagSo visual.
Nas curvas de arrefecimento o 11qu1dus, infcio da
solidificagao, e determinado por um_"pico" nodia
grama temperatura-tempo. 0 solidus e dificilmen=-
te detectado.

0 equipamento eseme] hante ao da tecnica anterior;
o meio arrefecedor € um banho termostatizado en-
tre 0 e 1009C, para temperaturas negativas utili
zaram-se misturas de neve carbon1ca/acetona azo
to 11qu1do/a1cool ou apenas azoto liquido.

Esta tecnica tem boa reprodutibilidade, mas da um
desvio constante de alguns graus, em relagac ao
liquidus real, correspondente a curva de super-
solubilidade de Miers.

Para sistemas com solidificagao vitrea a sua ap11
cagao e dificil; ou ndo ha transicao e nao ha “pi
co", ou a trans1gao € muito lenta e origina um
pico largo.

As determinagoes por curvas de arrefecimento e
aquecimento supoem 0 equ111br1o termidinamico en
tre as fases solida e Tiquida: a pequena veloci=
dade de transferencia de massa no solido, impede
esse equilibrio para cristais mistos (6 ). Em par
ticular, no tracado das curvas de aquecimento, em
que apenas a_camada superficial_esta em equili-
brio com o 1iquido, tambem o pre-tratamento das
amostras solidas influencia a forma das curvas. A
tecnica de_arrefecimento, por partir de amostras
11qu1das nao tem estas 11m1tagoes mas a crista-
lizagao e muito majs lenta que a fusao e as tem-
peraturas de equilibrio sofrem grandes desvios.

A microscopia permite a determinacac do soliduse
do liquidus pela observagao de laminas com o sis
tema estudado.

Por arrefecimento lento da platina observa-se o
1n1c10 da solidificagao com o aparecimento de pe-
quenissimos cristais que actuam como nucleos de
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cristalizagao. Numa amostra congelada rap1damen
te determina-se o solidus observando-se o ini-
cio da fusdo na interseccao de planos de crista
lizacao com orientagoes divarsas.

Utilizou-se um m1croscop1ox,e1tz com platina ar
refecida por circulagao de alcool; a fonte fria
& uma unidade de refrigeracao Hectofrig Flow
Cooler CA3, com regulacao de temperatura.0 aque
cimento da platina_ e feito por resistencia e]ec
trica, sendo a poténcia calorifica regulada num
transformador de voltagem. A temperatura da 1a-
mina le-se em_ termometros cuja escala se obser-
va no microscopio.

Os resultados sao concordantes com os obtidos
nas curvas de aquecimento. Nao foi possivel tra
balhar a temperaturas negativas: a congelagao
do vapor de agua sobre a lamina falseia os re-
sultados.

Produtos utilizados

Os produtos utilizados nas determ1nacoes experi
mentais de esl tem as seguintes origens e espe-
cificagoes:1-8 cineol: eucaliptol comercial “Co
dex", com um teor minimo de 99%; a principal im
pureza & 0 pineno so-pineno: produto comercial™
com teor minimo de 99% (m/m), avaliado por cro
matografia em fase gasosa; d-limoneno: produto
BDH, de qualidade media, d6% {m/m).

L-mento]: produto F‘Iuka, a cromatografia em fa-
se gasosa revelou um teor de 99.4 (m/m).
DL-mentona Produto Fluka, de baixa qualidade;

a analise cromatografia revelou em teor de 5,9%
(m/m) de uma impureza nao identificada.

Es1 para o L-mentol/3L-mentona

0 solidus e o liquidus determinados indicam so-
lubilidade solida total entre os dois Sompostos
(pontos de congelagao afastados de 140=C, Fig.l).

+50

(c)

-50 —

~100 T T T T T T T T T
° 20 40 80 80 100
% m/m L - mentol

Fig.l - Esl para o I~mentol/dL-mentona



A linha solidus foi apenas parcialmente determina
da devido a dificuldade de utilizar o m1croscop1o
a temperaturas negativas. 0 aquecimento e amicros
copia, aplicados para misturas contendo de 100 2
40% de L-mentol, permitiram obter valores concor-
dantes das temperaturas liquidus; por_arrefecimen
to obtem—se, nesta gama de concentragoes, um des-
vio de 8-8,59C (Tinha de supersolubilidade com que
se corrigiu o liquidus para teores inferiores.

Esl para sistemas com 1,8—cineo]

Para os binariosl,8-cineol/a -pineno e 1,8 cineol/
/d-1imoneno a forma dos liquidus e sol1dus indi-
cam tratar-se de sistemas com solubilidade solida
nula ou muito baixa (Fig 2, Fig 3).

¢ —

I T I T f 1 1 1 1
100 80 80 40 20 [}
% mym de 1-8 cineol

rir.2 - Esl para o 1,8-cineol/a~-pineno

o —
" =20 —
&
~60 —
-120 -4
1 1 1 T 1 T T
100 80 60 40 20 )

% m/m de 1-8 cineol

Fig.3 - Esl para o 1,8~-cineol/d-limoneno

Para o binario a— pineno/d-1imoneno os resulta-
dos sado apresentados na Fig. 4. Trata-se de um
sistema com solubilidade solida total, que ori
gina um composto com um ponto de fusao minimo
(duas moleculas de d-limoneno associadas a uma
molécula de «-pineno). No entanto, a dificulda
de de observacao visual da conge]agao do 1iqui-
do devido a elevada viscosidade, a temperatura
muito baixa a que tem inicio (o composto tem um
ponto de fusao de aproximadamente 170% C), con
juntamente com as dificuldades de interpretagao
das curvas de aquecimento e arrefecimento quan-
do varia acentuadamente o gradiente de tempera-
turas durante a medida, diminuem fortemente are
produt1b111dade dos valores obtidos.

Para o ternario 1,8-tineol/ @pineno/d-1imeno
0s resultados (Ehg 5 ) sao obtidos sobretu-
do no campo do 1-8 c1neo] (zona de concentra-
goes do ternario em que a sol1d1f1cagao se ini-

cia com a formagao de cristais de 1-8 cineol);
- 80 —
- 80 —
08 —
- 100 -
- 120 —
- 140 —
- 160 —
- 180
- 200 T T
0 20 40 80 80 100

% mjm de 1-8 cineol

Fig.4 - Esl para o a-pineno /d-limoneno

1-8 cineol
100%

E(~122°C)
10%

& -pi d-ti

Fig.5 - Esl para o 1,8-cineol/a—pineno/
d-limoneno



HABITOS CRISTALINOS Fotomicroscopias

A fotomicroscopia dos cristais formados por arre
fecimento rapido do sistema L-mentol/dL-mentona
revela habito acicular , fibro-radiado, de dimen
soes microscopicas. Estas agulhas enove]an1con1ex
trema facilidade formando aglomerados cristali =
nos que, sem o aux1]1o de m1croscop1o, sao facil
mente tomadas por "cristais" de aspecto f'oculen
to. Notam-se ainda dendrites negativas (a|lomera
dos cristalinos em que a interface solido-1iqui-
do tem curvatura negativa com centro no 1iquido).
Por arrefec1mento em camada fina, produzem-se cu
riosissimas formagoes dendriticas, tipicamente
arborescentes (Figs. 6, 7).

Fig.6 - Cristais de L-mentol/ dL-mentona

0s habitos cristalinos dependem do modo de cresci-
mento dos cristais; aqui ,foram estudadas duas si-
tuacoes distintas: a formagao de cristais a partir
de uma massa de so]ugao ou fundido, por arrefecimen
to rap1do com agitagao ;os cristais tem pequenasd'
mensoes ; corresponde a s1tuagao real em CCConde ha
tempos de residencia de alguns minutos. A.formagao
de cristais, a partir de uma camada fina de 17qui-
do, contido entre lamina e lamela; embora nac cor- Fig.7 - Cristais de L-mentol/ dL-mentona
responda a uma situacao em CCC e nem sempre possa en camada  fina

dar indicagGes sobre o habito cristalino porque por
vezes o destroi, este tipo de cristalizacao permi-
te conhecer a poss1ve] tendencia para a formacdo
de agregados dendriticos.

Equipamento

No estudo dos hab1tos cristalinos recorremos a fo-
tografia em microscopio a varias temperaturas, uti
lizando equipamento de dois tipos: microscopio
Reichert, do Departamento de Metalurgia do IST, per
mitindo fotograf1a a temperatura ambiente; micros-
cop1o O0lympus X-Tr, com p]at1na subst1tu1da por uma
camara de c1rcu1agao de 1iquido termostat1zado,per
mitindo a formagao de cristais a qualquer tempera-
tura. A maquina fotografica deste equipamento € uma
0lympus PM-10-35A com fotometro automatico; a uni-
dade frigorifica e uma Hectofrig Flow Cooler CA 3,
com circulacao de alcool termostatizado. O conjun-
to formado pela objectiva, lamina e platina foi iso
lado em atmosfera de azoto arrefecido (resultante
da vaporizagao de azoto 1iquido), impedindo a for- Fig.8 - Cristais microaranulares de 1,8-cineo]
macao de cristais de gelo, a baixas temperaturas.
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Por arrefecimento rapido do 1,8 cineol obtém-se
cristais de habitos m1crogramu1ar solto (Fig.8 ).
Par arrefecimento em camada fina, naa se observam
dendrites.

EXPERIMENTACAO PILOTO

<+ ——= Produto de topo
; Cristalizador
: 2
Alimentacao l o
=
} Zona de Puriticacao
>
| s
j: k2>
’ =
bg Fusor
; 5 — produto de base
Fig. 9 - Coluna piloto Schildknecht

Os ensaios foram conduzidos numa unidade piloto
Schildknecht realizada pela Newton-Chambers, ad-
quirida e modificada pelo "GEPS" (Grupo de Estu -
dos de Processos de Separacao).

Descrevem-se as duas versoes da coluna: a inicial,
Newton-Chambers, e a resultante das alteragoes in
troduzidas pelo GEPS.

Equipamento piloto-versao basica

A coluna piloto & essencialmente o espago compre-
endido entre dois tubos concentricos de 800 mm de
altura, onde se move um helice. 0 tubo interno, ou
veio, e de ago inox (diametro 37 mm); o tubo ex -
terno de vidro & de grande precisdo para garant1r
com rigor um diametro interno de 2" (ig.9

Na coroa circular definida pelos dois tubos, move

-se o helice em aco inox (secgao quadrada de6 5 mm

de lado, declive de 149, foliga as paredes de 1/100
de po]egada) Um sistema de motor eléctrico, cor

reia e variador de velocidade (0-200 rpm), comuql

ca movimento ao he11ce

A mistura a processar e alimentada por bomba de
duas cabegas e passo regulavel, usualmente a meio
da coluna. 0 nivel da alimentagao separa a zona
de enriquecimento (purificagao da corrente decris
tais), da zona de esgotamento (acima da alimenta-
¢ao onde se esgota o 17quido_no produto).

0 fusor,na base da coluna, & realizado pela apli

cagao sobre o tubo de vidro de uma resisténcia
electrica (duas dezenas de espiras, 61s1a 250C).
Um regulador de tensao controla a potenc1a calori
fica. 0 produto de mais alto P.F. € daqui retira-
do, sob a forma 1iquida.

No topo da coluna o cristalizador e realizado pe-
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la circulagao de um 17quido frigorifico entre a
coluna e uma parede de vidro, exterior, concen-
trica (@=85mm) ; 0alcoal e arrefecida numa unida
de de frio Hectofrig Flow Cooler CA 3, com regu-
lacao de temperatura. No extremo super1ordocr1s
talizador um overflow descarrega o produto de mais
baixo P.F., com um caudal determinado pela dife-
renca entre a alimentagao e o caudal imposto na
base.

Equipamento piloto-versao GEPS

A ap11cag50 de poténcias frigorificas elevadas
pode originar aglomerados cristalinos densos que,
bloqueando 0 movimento do helice, exercem tensoes
muito elevadas na parede de vidro da coluna, cu-
Jja fragilidade @ aumentada pelas perfurag0es pa-
ra alimentacao e medidas de temperatura.

Para evitar a sua rotura frequente substituiu-se
0 tubo de vidro por um tubo de ago_ inox maquina-
do interiormente com grande precisao; manteve-se
uma zona para observagao visual no fusor, em vi-
dro resistente a altas temperaturas (110 mmdeal
tura), onde se aplica a resisténcia electrica.

A zona de enriquecimento (360 mm de altura) dis-
poe de perfuragoes laterais para amostragmndo]w
quido e medida da temperatura por termopar alei
tura destas e feita num leitor Comark (-5

+ 1609C; menor divisao 0,10C; zero ca11brado com
gelo fundente) 0 isolamento da coluna, usado_em
ensaios com a versao inicial (meias canas cilin-
dricas com espuma rigida de po]1uretano) tornou-
-se insuficiente dado que o aco inox tem uma con
dutibilidade térmica cerca de 70 vezes superior
a do vidro. Recorreu-se entao a isolamento duplo:
espessa camada de fibra de amianto e camisadevi
dro de dupla parede.

Operagao da coluna

Enchimento da coluna: ligar a bomba de alimenta-
gao, ate o overflow descarregar o 1iquido. Ler a
temperatura de alimentacao por termopar.

Accionar o motor electrico do helice e ajustar a
velocidade de rotor para o valor pretendido.
Ligar a_unidade frigorifica e a bomba de circula
¢ao do alcool.

Programar o arrefecimento do alcool (rapido, de
309C/h, ou lento, de 109C/h, conforme a composi-
gao da a11mentagao)

Alimentar periodicamente a coluna mais 1iquido
para compensar_a redugao de volume provocada pe-
la cristalizagao.

Registar a intervalos regulares as temperaturas
indicadas pe1os termopares nos diferentes niveis
na zona de enriquecimento, (curvas temperatura-
-tempo de operagao). Medir a temperatura ambien-
te.

Ligar o aquecimento quando os cristais chegarem
ao fusor, regulando o variador de tensao para o
funcionamento opt1mo da coluna (ultimos cristais
fundindo ao nivel da Ultima espira).

Estabilizar a coluna a refluxo infinito, contro-
lando sempre o nivel dos cristais na base; na es
tabilizagao as temperaturas sao constantes.

Para operar a refluxo finito, regular o passo da
bomba de alimentagao para o caudal pretendido;



TABELA 1 - Ensaios com L-mentol/dL-mentona
L-mentol Arrefecimento Aquecimento Tempo de
ra N operacio
alimentacio Periodo TL Periodo p (n
(* m/m) (rpm) (h) (%) (M |(cal/min)
0 -1,5 0
0 -1,33 -10
1,5 -2,67 23,0
M3 63,6 63 8,4
2,67-5,5 34,0
1,33-2,4 -20
5,5 -5,4 70,0
0 -1,5 +2
1,5 3,5 a |0 -2 0
M5 72,5 63 35-5,25( -5 |2 38 51 8,75
5,25-7,5 <13
3,83-8,75 47
7,5 -8,75 -18
0 -2,67 0
0 -4,5 -3
0 2,67-4,48 28
M6 72,5 60/44 8,75
4,44-5,83 o7
4,5 -8,75 -24
5,83-8,75 143
0 -4,2 A 0
2 -3 425
M7 72,5 44 _ %0 2,33
4,2 -8,33 -24 |5 -6,5 105
6,5 -8,33 145
TABELA 2 - Ensaios de separa¢?o do 1,8-cineol
1-8 cineol Arrefecimento Aquecimento | Tempo de operagao Caudais
N (hr) (cm3/h)
na
alimentagdo | "P"| Periodo Ty Periodo 4 J Refluxo | Refluxo| , B | B/T
(h) (oC) (h) Gal/mir infinito] finito
0 -0,5 0 _ _ _
C]B 87 98 0 = 4,0 - 30 0,5 - 4,0 85 4 -
0 -0,5] 0 _ _
€21 80 62 0-1,0]-30 0.5 - 1 25 1 - -
0 -1,0] 0 - - _
c23 86 74 0-10,7] - 21 1,0-10.7| 68 10,7 -
0 -1,0f © _ _ -
c24 89 86 0-1,7{-20 1,2 - 1.7 60 1,7 -
0 -0,3 0
c17 88 20 0-1,6(- 32 0.3 - 1.5 6 0,5 1 80| 35(0,78
0 -0.3 0
c20 87 62 0-1,51-30 0,3-1.5| 24 0,5 1 500 | 350 12,34
C22 86 62 0-6,5|-29| 0 -3,5 0
3,5-4,0] 53 4 5 920 | 430 {0,87
6,5-9,01-2714,0 - 9,0} 24
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regular grosseiramente a valvula de descargade ba
se; reduzir o aquecimento do fusor; ligar a bomba
doseadora da alimentagao e ajustar por aproxima-
goes o caudal de base para a razao de caudais ba-
se/topo pretend1do, controlar o aquecimento.
Exceptuando ocasionais perturbagoes externas, o
sistema e estavel por periodos longos.

Ensaios com L-mentol/dl-mentona

Conduziram-se ensaios sobre o binario L-mentel/
dL -mentona., ®m a versao GEPS da coluna.

Nao se referem aqui, nem 0s ensaios previos para
exploragao do comportamento do sistema em coluna
e afinagao da operacao desta essencialmente nao
programados e de resultados nao explorades, nemos
ensaios em gue se estuda a influencia de parame-
tros nao relevantes neste estudo: isolamento, tem
peratura ambiente, .... 0Os ensaios foram conduz1-
dos a refluxo infinito todos com tempos de esta-
bilizacao longos, de vSrias horas.

0 arrefecimento depende da evolugao da temperatu-
ra do fluido frigorifico no tempo. A potencia ca
Torifica de aquecimento foi variada descontinua -
mente. 0 teor em L-mentol nas a11mentagoes foi de
63,6% e 72,5% m/m. Para esta Ultima ensaiaram-se
d1ferentes velocidades do rotor, de 44 a 63 rpm.

A temperatura da alimentagao foi em todos os en-
saios, a ambiente.

As estrategias de arrefecimento variaram consoan-
te o teor de L-mentol na alimentagao: para o teor
mais baixo usou-se arrefecimentc rapido; para o
teor mais elevado, em que a probabilidade de cola
gem da coluna era previsivelmente maior, o arrefe
cimento foi lento e progressivo, (f ab. 1).

Ensaios de separacao de 1-8 cineol

0Os oito ensaios com o oleo de eucalipto para sepa
racao de 1,8-cineol foram conduzidos com a versao
basica da coluna, num deles (ensaioC19) houve des
controle do aquecimento do fusor, originando so-
breaquecimento de toda a parte inferior da coluna
e nao foram recolhidas amostras.
Dos sete ensaios va11dos, quatro foram conduzidos
a refluxo infinito e tres a refluxo finito; a ali
mentagao variou quanto ao teor em 1,8 - c1neo1 na
gama 80-90% m/m ( Tab. 2).
0 arrefecimento foi em todos os casos extremamen-

te rapido, dado que este sistema nao oiigina colagem

da coluna. A potenc1a calorifica, aplicada apos a
chegada de cristais a base, manteve-se praticamen
te constante ao longo da operagao, com ligeira re
dugdo na passagem a refluxo finito.

Os tempos de estabilizacao foram muito mais redu-
zidos que para o binario; a duragao de a]guns en-
saios nao ultrapassou 1- 1 5 horas. Nos ensaios a
refluxo finito ensaiaram-se dois niveis para a ra
zao base-topo (ligeiramente inferior a 1 e supe-
rior a 3).

RESULTADOS E CONDUCAC DA COLUNA

0s ensaios realizados com o equipamento piloto des

crito permitiram obter informagao muito detalhada
sobre o comportamento dos sistemas e condugao daco
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luna. Os resultados suportam as conclusoes
bre a processabilidade apresentadas a frente_
(tais resultados foram ainda submetidos a ana-
lise aprofundada, nao apresentada aqui, sobre
a separagao obtida e sua evolugao no tempo).

SO~

Ensaios com L-mentol /dL -mentona

As_amostras recolhidas na base e topo da coluna
apos estabilizacao, foram analisadas por croma-
tografia em fase gasosa. As composigoes medias
sao indicadas na Tab. 3 que contem ainda a tem-
peratura'ﬂgdo 1iquido no cristalizador, e a po
tenc1a calorifica na estabilizagao; a d1ferenga
Tg-Tf, (Tf & a temperatura na fonte fria) foi
de 25 a 300C. O teor de L-mentol nas amostras
de base variou acentuadamente, de 73,6% no en-
saio M3 ate 95% no ensaio M6, evoluindo parale-
lamente ao aumento da potencia calorifica apli-
cada no fusor,
Das leituras periodicas da temperatura em varios
niveis da zona de enriquecimento, sao apresenta
dos na Tab. 4 extractos para apenas 3 secgoes:
o nivel mais ao topo $2, o nivel intermedio S5,
0 n1ve1 mais pr6x1mo do fusor S8 (tempo desde o
inTcio da operagao).
A representagao grafica da evolugao da tempera-
tura ao longo do tempo para o ensaio M3, nas

secgoes S2, S3, S4, S5 e S8 @ feita na Fig. 10;
Fase 1 Fase IT Estabilizagao
sa
s3
s4
s
s8
0 2.6 5 26 1
tempo{h)

Fig.10 - Evolugao das temperaturas no ensaio M3

a escala das temperaturas cresce para baixo pa-
ra que a curva S2_aparega no topo e a S8, napar
te inferior do grafico. No arranque da co]una
distinguimos duas fases: a primeira inicia-se
com a circulagdo do fluido fr1g0r1fco no crista
lizador e conclui-se com a aplicagao de poten-
cia de aquecimento no fusor. 0 arrefecimento nao
€ uniforme em toda a coluna, sendo mais rapido
e acentuado no topo (cr1sta11zador e S2); com
a descida dos cristais a temperatura sofre ai
um decréscimo ligeiro. A acumulagao de cristais
no fusor obriga a aplicagao de potenc1a calori-
fica e def1ne no tempo o fim da primeira fase
(e o inicio da segunda). Da estratégia de arre-



TABELA 4 - Evolugao das temperaturas

nos ensaios com o L-mentol/dL-mentona

Tempo ENSAIO M3 ENSAIO M5 ENSAIO M6 ENSAIO M7
de~ Niveis na zona " Niveis na zona " Niveis na zona |, Niveis na zona “

operagao de enriquecimento 'E o 5 de enriquecimento '5 o 5| de enriguecimento ta ° § de enriquecimento '§ o5

254 2cs 258 255

(h) 2 s | 8|S " 2 5 g |5 | e 5 |8 |5 2 5 s |65 %
0 22,5 22,5) 22,54 - 25,8 | 25,8 | 25,8 = 28,0 28,0}28,0 25,0 25,0 | 25,0 -
0,5 21,5 21,8} 22,1} - 24,81 25,5 ] 25,8 - 26,51 27,0127,8 - 23,61 24,4 ] 24,8 =
1,0 19,5 21,2 22,0} - 23,91 25,3 | 25,8 - 24,6 25,0}27,8 - 23,0 24,1 | 24,6 -
1,5 17,5 20,6] 22,01 - 22,8 | 24,8 | 25,9 - 23,7| 25,6126,8 - 22,8 23,3 | 24,4 -
2,0 16,0 20,0y 21,9} - 21,6 | 24,4 | 26,1 S 22,6 25,0}126,2 - 21,21 23,6 | 24,4 S
3,0 13,5 18,9 21,6| - 20,6 | 24,1 | 26,7 N 20,8| 23,8]25,5 - 18,7 | 23,3 | 25,5 S
4,0 12,4 18,11 21,6} S 20,2} 24,31 27,4 S 19,0 23,2125,6 - 17,4 23,3 | 27,1 S
5,0 12,7 18,4} 21,9] S 19,8 § 24,3 | 27,5 ) 17,21 22,7 26,0 S 16,6 { 23,0 27,8 S
6,0 12,6 18,8] 22,8] S 19,2 | 24,2 | 27,6 N 16,3| 23,5}27,5 S 16,3 | 23,2 28,9 S
7,5 12,6 19,51 24,0} S 19,1 | 24,7 | 28,5 S 14,7 22,9}30,7 S 15,2 ] 23,5] 31,8 N
8,0 12,6 19,6 24,11 S 19,1 | 25,0 | 28,9 S 14,7 22,9|31,8 ) 15,2 24,0] 33,8 )
8,5 12,6 19,7} 24,1 - 19,1 | 25,3 | 29,2 S 14,1 23,5]33,1 S 15,2 ] 24,2 | 35,6 -

TABELA 3 - Resultados nos ensaios com o binario

TABELA 5 - Resultados nos ensaios com 1,8-cineol

T0PO BASE
TOPO BASE
Teor de Teor de
Teor de Teor de 1,8-cireol |l 1,8-cineol P
- P
L-mentol k LT | Lementor {2m/m) (ec-) {%m/m) (cal/min.)
(%m/m) (9C) (ec) (&m/m) {cal/min.
8 63 - 18 99,9 85
M3 43,2 +5 25 73,6 70
ca 63 - 18 5€,7 25
M5 52,8 +8 2 81,2 47
M6 49,5 +5 29 95,0 143 ¢23 80 -9 99,3 68
w7 50,7 +6 30 92,3 145 c2 82 - 8 99,5 60
c7 61 - 20 96,8 6
€20 63 - 18 9,7 24
c 22 63 - 15 9e,7 24
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fecimento depende a d1ferenga entao verificada, en
tre as temperaturas nos niveis de enriquecimento
S8 e S2, indicador a ter em atengao no arranque da
coluna.

Na segunda fase, o aquecimento na base funde os
cristais e origina um refluxo 1iquido ascendente
que e]eva as temperaturas; esta inflex3o € acentua
da nos_niveis S7 e S8 (tanto maior quanto mais ele
vado for o caudal de cristais), e muito atenuado ém
S2. Quando as temperaturas se apresentam constan-
tes, a coluna esta estabilizada e o arrangue_con-
cluido, eventuaimente prosseguido com operagao are
fluxo finito.

Estas duas fases, d1st1ngu1vels no diagrama tempe-
ratura-tempo (Fig. 10) sao mais claras na Fig.

com os perfis de temperatura na coluna, em var1os
tempos de operagao, para o ensaio M6 (em ordenadas
os niveis da zona de enriguecimento e em abc1ssas
temperaturas decrescentes_para a d1re1ta)_ No ini-
cio ha crescente inclinagao dos perfis: as 4 h de
operacao ha ja um abaixamento de 99C em 52 e ape-
nas_de 2,50C na base; no periodo 4-4,25 h a acumu-
lagao de cristais no fusor, obriga a aplicagao de
potencia calorifica.

H
) B05 1 2 4 47 875
7
3—.
‘—4
“5-
3
3
Z 6 -
7-/
8 1 T 1
30 28 25 20 15

Fig.11 - Perfis de temperatura para o ensaio M6

Os perfis de temperatura da segunda fase cruzam os
da primeira; a crescente potencia de aquecimento
aplicada no fusor, faz subir as temperaturas emS6,
S7 e S8 (em especial para esta Ultima ,subida de
89C). Por outro Tado, em S5 e acima,a temperatura
mantem-se relat1vamente constante; neste ensaio a
temperatura em S2 desce mesmo 29C.

No ensaio M3, a_63 rpm, os primeiros cristais gpa
recem no fusor as 4 h de operagao; no f1g da 1°
fase (as 4,5 h) AT8,2 foi de 99C. Na 2% fase con

seguiu-se apenas um aquecimento pequeno do fusor;
verificou-se no final do ensaio sensivel reducao
na quantidade de cristais presentes no fusor, atri
buivel ao facto de a temperatura do alcool ter si-
do mantida em -209C ao longo de todo o ensaio (nou
tros ensaios foi gradualmente diminuida ate -ZSOO.
No ensaio M5, tambem a 63 rpm, os primeiros cris-
tais surgiram no fusor rapidamente sem que tives-
se havido arrefecimento pronunciado do cristaliza
dor, ( arrefecimento muito lento e com tem-
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peratura 1;m1te do alcool de apenas -229C) No
final da 17 fase (2,5h) AT8-2 foi de apenas
5,30C. 0 caudal de cristais que at1nglram o fu-
sor foi pequeno, sendo a potencia ca]gr1f1ca ma
xima de 47 cal/min. AT8 durante a 2° fase foi
assim de apenas 3,10C.

No ensaio M6 iniciado a uma velocidade de 60 rpm
com uma estrateégia de arrefecimento media (-249C
as 4,2 horas) o0s cristais atingiram o fusor as
4,75 horas, sendo AT8-2 de 8,00C. Este fluxo
de cristais permitiu a aplicagao de uma poten-
cia calorifica pequena §26 cal/min}; reduziu-se
entao a velocidade do rotor para 44 rpm, obten-
do-se significativo acrescimc do numero de cris
tais e tornando possivel o aumento gradual da
potencia ate 143 cal/min. Assim, no final da 28
fase, depois de 9 horas de operacao, A T8 atin-
giu os 89C.

No ensaio M7 utilizando a estrateg1a de arrefe-
cimento e a alimentagao do ensaio anterior, ob-
teve-se uma velocidade de descida dos gr1stais
sensivelmente maior, concluindo-se a 17 fase
da operagao as 2,25 horas, sendo entag AT8-2
relativamente pequeno, de 3,80C. Na 2% fase do
ensaio, devido a um abundante caudal de cris-
ta1s, obteve -se um AT8 de 119C; a potencia ca
Torifica maxima aplicada foi de ]45 cal/min,

Ensaios com 0leo de eucalipto

As fraccoes enriquecidas de teor elevado em 1-8
cineol foram caracterizadas pela temperatura de
congelagao, de que facilmente se deduz aquele
teor; algumas determinagoes  (Tab. 5) foram
conf1rmadas por cromatogratia em fase jasosa
ou pelo método de O-cresol (5).
As fracgoes esgotadas foram igualmente caracte-
rizadas pelo O-cresol, pelo desvio polarimetri
co e pela cromatografia em fase gasosa. A tenta
tiva de caracter1zagao por espectro I.V. reve-—
Tou-se de dificil 1nterpretagao Todos 0s mete-
dos revelam a presenca de &-pineno em teor ele-
vado e de d-limoneno em teores medios (alem de
teores baixos de outros componentes); os teores
indicados pela cromatografia acompanhamo teor to
tal de impurezas e o desvio Polarimétrico das
fracgﬁes
0s ensaios de separacao a refluxo infinito per-
mitiriam a obtencao de produtos de base de qua-
lidade elevada, sobretudo para velocidades do
rotor de 60 -80 rpm; para os ensaios a refluxo
finito, verificou-se que para alcangar a quali-
dade pretendida, a razao base-topo deve depen-
der da alimentagao; o caudal nao influencia a
riqueza ate ao limite ensaiado (1,6 Kg/h, no
ensaio C22).
A evolugao do teor em cineol na base da coluna
foi acompanhada em varios ensaios. Apresenta-se
na Fig. 12 a evolugao verificada para o ensaio_
€23 conduzido a refluxo infinito. Anota-se a ra
pida evolucao de tal teo no periodo inicial de
arranque de 1 hora, seguido de subida progressi
va mas lenta ao longo das 10 h seguintes.
Do teor em 1-8 cineol nas fracgoes esgotadas de
pende o rendimento do processamento; tal teor
depende da temperatura atingida no topo da colu
Qa Tg que em condigoes normais de funcionamento
& igual a temperatura de congelacao das fracgoes
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Fig. 12 - Evolugdo do teor de 1,8-cineol

esgotadas e depende de Tf, temperatura do fluido
frigorifico. Dadas as limitacoes de equipamento
disponivel nao foi possivel ensaiar sistematica-
mente temperaturas muito diferenciadas no crista
lizador.

Tamanho dos cristais e seu transporte

A utilizagao da CCC tem sido limitada pela difi-
culdade de assegurar o funcionamento regular e
eficaz de colunas industriais e piloto.Para abor-
dar os aspectos praticos da operagao, em especial
0os que se relacionam com o transporte de cristais,
analisam-se o tempo de descida dos cristais(dura-
cao da fase I definida atras), a colagem da colu-
na e o fluxo maximo de cristais que atinge o fusor
na fase II, correlacionando-os com o tamanho dos
cristais.

Este e fortemente influenciado pela velocidade do
rotor,aumentando quando esta diminui, o que a o-
bservagao visual nos ensaios piloto comprova.

Esta influencia deriva da dependencia entre os tem-
pos de residencia e aquela velocidade - no crista-
lizador, o tempo medio de residencia dos cristais
e fungdo de N, velocidade do rotor em rpm:(atenden
do ao comprimento do cristalizador de 29,5 cm e

ao passo do helice de 2,5 cm)

t,._ 29,5 1 _ 11,6
25" N~ N

Para N=100 rpm, o tempo de residencia € de 7 seg.

(min.)

e 0s cristais sao pequenos e portanto mais soluveis;

para N=12 rpm o tempo sobe a cerca de 1 min., 0 que
origina cristais maiores.

Nos ensaios piloto com L-mentol/dL-mentona apare-
ceu clara relagao entre a velocidade do rotor e o
tempo de descida dos cristais (a diminuigao de N
reduz o tempo de descida), o que pode explicar -se
por: as baixas velocidades de rotagao, ao origina-
rem cristais de grandes dimensOes, favorecem o seu
transporte para a base, apesar da diminuicao da

velocidade imprimida aos cristais pelo rotor.

Nos ensaios com o oleo de eucalipto os tempos fo-
ram tao bajxos que_nao foi possivel detectar uma
influencia deste genero.

A colagem verificade na operagao de equipamentos
de cristalizacao e factor muito perturbador pela
interrupgao de funcionamento que impoe, pela aten-
¢ao_que exige do operador e pelo risco de avaria
mecanica que introduz. Embora impossivel de elimi
nar, pelo menos em equipamento piloto,ha que pro-
curar condicoes de operacao que a minimizem.

Nos ensaios com o binario verificou-se colagem pa-
ra velocidades do rotor elevadas; com valores medi
0s nao houve colagem.Nos ensaios com oleo de eu-
calipto nao se verificou colagem da coluna.
A colagem explica-se pelo tamanho e habito dos_
cristais formados:Para baixas velocidades do rotog
0s cristais tem bom tamanho e elevada transporta-
bilidade, o que conjuntamente com a diminuigao da
capacidade do rotor, pode criar blogueamentos.Pa-
ra altas velocidades a pequena dimensao dos cris-
tais, menores que a folga entre a parede e o ro-
tor,pode explicar as colagens.
0 fluxo maximo de cristais que atinge o fusor, na
fase II do arranque das colunas de CCC, & outro
factor importante na separagao obtida.Este fluxo,
que nao pode ser medido, € avaliado visualmente e
quantificado pela potencia calorifica aplicada no
fusor.
Nos ensaios realizados com o L-mentol/dL-mentona
estabeleceu-se uma relacao inversa entre o fluxo
de cristais e a velocidade do rotor;em particular,
no ensaio M6, depois de o fluxo de cristais ter
estabilizado a 60 rpm, conseguiu-se a sua quase
duplicacao (avaliada pelo aument da potencia calo-
rifica), ao reduzir-se a velocidade do rotor para
44 rpm. Portanto, no processamento de sistemas com
L-mentol,as elevadas velocidades do rotor nao per-
mitem fluxos abundantes,que se obtém para veloci-
dades reduzidas.
Pelo contrario,no processamento do oleo de eucali-
pto,o caudal maximo de cristais que atinge a base,
em refluxo infinite, varia no mesmo sentido de N :
o major caudal foi obtido no ensaio C18, a 98 rpm;
o menor, foi obtido no ensaio C21 , a 62 rpm. Esta
diferenca de comportamento dos dois sistemas en-
sajados relaciona~se com a natureza dos cristais
formados (tamanho, habito,...).

Condugao da coluna

Os ensaios realizados sugerem modos operatorios
para melhorar a condugao dacoluna e a separagao
obtida.Assim, como o teor da fraccao descarregada
do topo da coluna, depende da temperatura no cris-
ta11zgdor, quanto mais baixa for esta, mais esgo-
tado e o produto de topo no constituinte de mais
elevado P.F.. Esta temperatura no cristalizador &
funcao da potencia frigorifica aplicada »pelo que

poderia ser relacionada com a temperatura do a]coo]
de arrefecimento; no entanto, factores dificeis

de quantificar (como a colagem da coluna e a entra-
da de entalpia nela e nas tubagens) nao permitem
determinar com exactidao essa relagao.

Para cada sistema, verificam-se diferengas aproxi-
madamente constantes entre as temperaturas do cris-
talizador (considerada como temperatura Tiquidus)
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e a temperatura na fonte fria. Assim,a temperatura
do alcool de arrefecimento que devera ser a mais
baixa possivel no fim da estabilizagdo, sera gradu-
almente diminuida, de modo a manter um fluxo de
cristais constante, durante a estabilizagao. Esta
requer fluxos de cristais regulares e tao elevados
quanto possivel; um tempo de estabilizagao curto
exige, alem da adiabaticidade da coluna, a rapida
formacao e descida dos cristais, so possivel com
um arrefecimento inicial intenso mas sem colagem
do helice.

De acordo com o diagrama de esl e para refluxo in-
finito, quando a temperatura no cristalizador se
torna constante, o fluxo de cristais desaparece no
cristalizador e posteriormente em toda a coluna ,
originando,no limite, uma coluna sem cristais mas
cheia de um 1iquido onde existiria um gradiente a-
xial de goncentragoes Assim, deve procurar-se que
o arrefecimento maximo no cristalizador, seja ape-
nas atingido na estabilizacao da coluna - uma con-

clusao nao obvia, que nao foi respeitada nos ensaios

realizados.

A temperatura ambiente influencia a operagao da co-
luna, porque dela dependem as trocas de enta1p1a
com o exterior e a entalpia inicial do 1iquido que
enche a coluna: quanto mais elevadas forem, mais
dificeis serao a formagao e descida dos cristais
para o fusor. Este parametro & dificil de controlar
em equipamento semi-piloto; sendo a temperatura de
processamento proxima da ambiente, este efeito per-
de importancia.

HABITO CRISTALINO E PROCESSABILIDADE

0s ensaios p11oto realizados confirmam que certas
misturas organicas nao sao facilmente processaveis
por algumas tecnicas que alias tem sido aplicadas

a um numero restrito de sistemas; ensaios com outras

misturas nao deram resultados esperados ou apresen-
taram dificuldades "mecanicas" de processamento.

Processabilidade

Para analisar este problema , propoe-se e exp]ora-
-se o conceito de processabilidade que depende mui-
to significativamente do habito cristalino, factor
de que investigamos a influencia no processamento
por CCC.

Entedemos a processabilidade como o conjunto de
caracteristicas fisico-quimicas de um sistema de
que depende a facilidade e a possibilidade do seu
processamento por CCC, condicionando a escolha do
equipamento de cristalizacao e a separagao que ne-
le pode ser obtida. E um conceito que integrando
influencias estudadas na literatura e conclusoes
induzidas pela experimentacao piloto realizada nes-
te trabalho, permite a sistematizagao de exper1en-
cias, a norma11zagao da recolha de informagao e a
previsdo do comportamento de sistemas.

De acordo com esta formu]agao a processabilidade
de uma mistura organica depende simultaneamente da
taxa de retengao e da transportabilidade, isto e,
da possibilidade de promover o seu transporte den-
tro de uma coluna de cristalizagao.

A taxa de retencao influencia o grau de separagao
que € obtido num andar de equilibrio; determina

pois o numero de andares requeridos para uma se-
paracao pretendida ou reciprocamente, a separacao
que pode ser obtida com um determinado equipamen-
to. Por outro lado, a transportabilidade permite
avaliar a capac1dade de um certo equipamento para
operar um sistema, determinando a escolha da tec-
nica para a sua rea11zagao

Assim a processabilidade de um sistema condiciona
a escolha e o dimensionamento do equipamento de
CCC capaz de fazer a separagao pretendida permi-
tindo sempre avaliar a capacidade do equipamento
Rre -definido para a sua execugao .

taxa de retengao e a transportabilidade dependem
de caracteristicas da solugao (viscosidade,densi-
dade, etc.) e dos cristais (habito, tamanho, etc.).
Ana]isaremos a influencia das caracter1st1cas mais
significativas na transportabilidade, dado que a
analiseaprofundada da _taxa de retengao, como con-
dicionante da separagao e como factor de proces-
Sabjlidade,ultrapassa o ambito deste trabalho.

A transportabilidade de um sistema num determi-
nado equipamento resulta de duas contribuigoes:

. do transporte de cristais na coluna, em contra-
-corrente com o liquido.

. de fungoes complementares indispensaveis a ope-
ragcao CCC (formagao de cristais, promocao do _con-
tacto solido-17quido, f11tragao para separacao do
17quido esgotado a fusdo).

Para determinar a influéncia destas contribuigoes
na transportab111dade e para deduzir a sua depen-
déncia de caracteristicas basicas da solugao e dos
cristais, importa analisar o transporte da fase
solida nas colunas de CCC, tendo em atengdo as
diferentes tecnicas e a sua realizagao.

Transportabilidade

Pode-se identificar trés tipos de forgas gque pro-
movem o transporte de cristais em colunas de CCC:
gravidade, 1mpacto forgado dos cristais e arrasta-
mento pelo 1iquido.No primeiro caso, o transporte
e provocado pela diferenca entre as forgas de gra-
vidade e de 1mpu1sao dado que os cristais estao
imersos na solugao.0 impacto forgado dos cristais
resulta da deslocagao do leito cristalino,imposta
por_forgas mecanicas atavés de he11ce parafuso

ou embolo. O terceiro tipo de forcas e a tensao_de
arrastamento que surge quando o transporte de 50-
1idos e feito pelo 1iquido durante o movimento
deste.

Para a tecnica Schildknecht os cristais sao fun-
damentalmente transportados por impacto forgado
pelo helice.

A transportabilidade resulta de contribuicoes do
transporte de cristais e de fungoes complementares
das colunas de CCC. O_transporte nao € definido
por um indice unico: & em relacao a cada tipo de
for¢as que se determina a influencia no transpor-
te de cristais das caracteristicas do sistema,
tanto as fisicas (en particular a densidade rela-
tiva dos cristais e a viscosidade da solugao) como
as cristalinas.

Se uma mistura organlca tem cristais e solugao de
densidades muito proximas, o balango gravidade
impulsao tem pequena influencia no transporte dos
cristais e a transportabilidade por gravidade e
muito pequena, eventualmente nula.
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Por outro lado o aumento de viscosidade no estado
1iquido reduz a transportabilidade por impacto for-
¢ado pois a pressao necessaria para deslocar o lei-
to cristalino, em contra-corrente com o 1iquido,
aumenta com a viscosidade da solugao. De facto, a
deslocagao do leito cristalino faz-se aplicando nos
solidos uma forga que consiga vencer a perda de car
gaatraves do leito, do 17quido que se desioca em
contra-corrente. Aumentando a perda de carga, au -
menta aquela pressao que vai assim comprimir ainda
mais o leito, dificultando o fluxo de 17quido. Como
0s sistemas sao processados em zonas de _temperatu-
ra em que usualmente a sua viscosidade & maxima ,
(proximo do ponto de congelagdo) , s3o assim facil-
mente atingidas , para misturas muito viscosas,
elevadas forgas de impacto o que poe problemas me-
canicos (de transmissao de forga, resistéencia de
materiais, etc.) e de compactacao excessiva dos
cristais, levando o leito a colar. _

A transportabilidade por gravidade surge tambem
reduzida quando a solugao tem uma viscosidade ele-
vada. Se a driving force do movimento laminar dos
cristais @ apenas a diferenca de densidades entre

a fase solida e a solugao, a velocidade terminal
das particulas, alem de depender muito acentuada-
mente do diametro equivalente, varia inversamente
com a viscosidade da solugao.

0 transporte de cristais por arrastamento nao &
afectado negativamente por caracteristicas do sis-
tema: a velocidade da part1cu1a resulta da adigao
algeébrica da velocidade do 11qu1do e da velocidade
de queda da particula. Como esta & pequena em re-
lagao a primeira, o seu valor nao afecta de manei-
ra sensivel a velocidade global dos cristais. No
entanto, este transporte pode conduzir a transpor-
tab111dade reduzida_pela eventual exigencia de pro-
mocao de contacto solido-17quido.

Sao ainda relevantes para a transportabilidade dos
cristais o tamanho e o habito cristalino, este ul-
timo a justificar atencao especial, 3 frente.

As pequenas dimensoes dos cristais (que no limite
podem ser microscopicos) nao favorecem qualquer
tipo de transportab111dade No transporte por gra-
vidade e em regime laminar, a velocidade terminal

e directamente proporc1ona] ao quadrado do diame-
tro equivalente da particula: assim a velocidade

de particulas muito pequenas € reduzidissima.

No transporte por impacto a dependencia do _tamanho
dos cristais surge atraves da forga necessaria pa-
ra deslocar o leito cristalino, que sendo propor -
cional a perda de carga no 1e1to depende do tama-
nho : ao diminuir este (avaliado pelo diametro me-
dio equivalente) aumenta a forga de deslocamento.
Esta variacao (equagac de Karman- -Kozeny) relaciona-
-a por um lado com o diametro da particula e por
outro com a porosidade do Teito, portanto mais uma
vez com aquele diametro.

Habito cristalino

0 habito cristalino & factor determinante da trans-
portabilidade por afectar a densidade da fase s0-
lida, o diametro equivalente dos cristais e a poro-
s1dgde dos leitos cristalinos.

0 habito cristalino € a forma externa do cristal
determinada pelas velocidades de crescimento das
suas faces; usulamente umas tem um crescimento mais
rapido do que outras. Por exemplo, um arrefecimento
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brusco favorece o habito cristalino acicular(cres-
cimento acentuado numa direc¢dao) que permite a ra-
pida d1ss1pagao da entalpia de cristalizagao; ori-
gina-se assim um cristal alongado, frequentemente
com crescimento dendritico.

A influéncia do habito na densidade da fase solida
evidencia-se para cristais com habitos aciculares
ou tabulares que, dada a sua tendencia para formar
aglomerados, retem no seu interior solugao-mae ,
pelo que a densidade da fase solida se afasta da
do cristal, aproximando-se da da solugdo, o que
reduz a transportabilidade por gravidade.

0 habito influencia também o diametro equivalente
dos cristais: duas particulas com a mesma massa,
para efeito de transporte em fluidos, tem diametros
equivalentes muito diferentes se uma delas for
muito alongada (acicular) e a outra tabular. Atra-
ves desta influencia sao assim afectadas as trans-
portabilidades por gravidade: as particulas mais
alongadas, de menor d1ametro equivalente para a
mesma massa media, sao menos transportaveis.

0 habito 1nf1uenc1a ainda a poros1dade dos leitos
cristalinos: part1cu1as de habito mais alongado_
para a mesma massa media or1g1nam leitos que tem
maior perda de carga especifica, dado o seu dia-
metro equivalente mais pequeno.Assim_ € afectada a
transportab1]1dade por impacto, que € diminuida
para particulas alongadas.

0 habito cristalino e condicionado pelo arrefeci-
mento e meio de crescimento ; pode por isso ser
alterado pe1a adicao de modificadores (solventes,
compostos idnicos, etc.)e por mudanga de condigoes
de cristalizacao (agitagao, temperatura, etc.).
Assim se pode eventualmente favorecer a formagao
de cristais de habitos mais adequados.

0 habito € ainda factor importante no comportamen-
to dos cristais_face as fungoes complementares
1nd1spensave1s a operagao das colunas de CCC. Des-
tas, a fusdo nao impoe limitagoes em nenhum equi-
pamento; hd que analisar as tres restantes. A
promogao do contacto s01ido-17quido (apenas usada
na técnica TNO , em que pratos de rede suportam
bolas metalicas mantidas em vibragdo) impoe 1imi-
tagoes a transportabilidade de sistemas que for-
mem cristais ou aglomerados cristalinos de gran-
des dimensoes e dificeis de partir ou desagregar.

A f11tragao da solugao esgotada, requerida por
varias tecnicas, Timita a transportabilidade de
sistemas que originem elevada perda de_carga
atraves do leito cristalino e rede meta11ca de
suporte, 0 que obriga a maior pressao de_funcio-
namento da coluna e dificulta a alimentagao, so-
bretudo se esta for parcial ou totalmente crista-
lizada. Como a perda de carga depende dos mesmos
factores que afectam o transporte por 1mpacto
(viscosidade da solugao diametro das particulas,
habito cristalino), cria-se assim uma 1imitagao

a técnicas com transporte por gravidade ou arras-
tamento e descarga por filtragao.

A formagao de cristais afecta diferentemente as
colunas de que o cristalizador e parte integrante
e aquelas em que & uma peca de equipamento auto-
noma. Os graus de liberdade destas permitem ade-
quado ajuste sem dificuldades. Para as primeiras
ha que procurar condigoes de funcionamento (em
particular, velocidades de_transporte e raspagem)
simultaneamente adequadas a formagao e ao trans-
porte de cristais. Assim, sistemas com cristali-
zagdo vitrea levantam dificuldades em ambos os



casos , mas mais acentuadas no segundo, por mais
facilmente "colar" o cristalizador.

NOMENCLATURA

A = caudal de alimentacao da coluna, c%/h

B = caudal retirado na base da coluna, cm”/h

N = velocidade do rotor , rpm

P = poténcia calorifica media, aplicada no fusor,

cal/min

temperatura média do alcool na fonte fria,9C
temperatura do 17quido no cristalizador,,0C

caudal descarregado do topo da coluna,cm™/h

-
iHowon

—_—

[ﬂé = diferenca de temperatura nos extremos da
>® zona de enriquecimento,no fim da fase I,0C
[ST8= acréscimo de temperatura na S8 , durante a
fase 11,9C
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_PROCESSOS DE SEPARAGAO COM CCC
- Analise e Rendimentos de Separagao -

Aquiles C. Gomes (1)
M. Fatima Farelo (1)

(1)Centro de Processos Quimicos das Universidades de Lisboa

RESUMO

0 recurso a Cristalizacgao Continua em Coluna (CCC)
como técnica de separagdo em processos quimicos,
Tevanta o problema do_rendimento desta operagao;pa-
ra a sua analise propoem-se tres definicoes diferen-
tes de rendimento.

Esta metodologia de analise & depois aplicada por

um lado, a um processo bem conhecido (o processo
Phillips Petroleum de separagao dos xilenos) e por
outro a processos novos, propostos ou em desenvol-
vimento. Em particular,analisa-se para um esquema

de separagao do 1,8-cineol a partir do oleo de eu-
calipto, os rend1mentos da operagao de CCC e do pro-
cesso integrado.

FUNDAMENTOS

A Cristalizacdo ContTnua em Coluna & uma tecnica de
separagao de grande interesse e elevado potencial

de aplicagdo, por razdes que se detalharao seguida-
mente; no entanto a sua integragao em processos qui-
micos levanta alguns problemas complexos, decorren-
tes em particular do rendimento da operagao. Uma a-
nalise destes processos pressupoe assim cuidadosa
utilizagdo das varias definigGes possiveis de ren-
dimentos (como as que se propoem a frente).

A Cristalizagao Continua em Coluna

A CCC & uma operacao de separagao ou purificagao
realizada atraves da transigao solido-1iquido numa
coluna alimentada com a solugao que se pretende se-
parar,ou com o produto que se pretende purificar.
Num dos extremos da coluna - habitualmente o supe-
rior, nalguns casos numa pega exterior - origina-se,
por arrefecimento,a formagao de cristais que sdo
transportados por qualquer meio adequado — parafu-
so, helice , embolo ou pressao pulsante — até ao
outro extremo. Neste provoca-se a fusao total dos
cristais, obtendo-se assim uma corrente 1iquida que
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passa a circular no interior da coluna em contra-
-corrente com os cristais. Fazendo uma alimentagao
continua,retira-se,também continuamente, num dos
extremos parte da corrente que esta a sofrer cris-
talizagao e no outro parte da corrente que resul-
ta da fusao dos cristais.

A CCC pode funcionar segundo dois mecanismos bem
diferenciados que estao relacionados com os dois
tipos extremos de esl (equilibrio solido-1iquido):

.Solubilidade solida total,com formacao de cristais

mistos, (fig.1): o processo baseia-se essencial-
mente na operagao de"rectificagao" ou purificagao
por contracorrente, por analogia com 0 que se pas-
sa na destilagdo.De cada"andar" sai um solido
(cristais) e um 1iquido com composigoes diferentes
daquelas com que entraram, porque ao atingir
o equilibrio o 1iquido sofre um enriquecimento no
componente de maior ponto de fusdo. Portanto,quan-
do ha solubilidade solida total o mecanismo basico

Fig. 1 - Diagrama de equilibrio para sistemas
com solubilidade solida total



€ o da recristalizacdo, sem excluir a lavagem que,
no entanto, € aqui um fenomeno secundario. Esta
purificacdo so permitira obter compostos puros se
nao edstirem pontos de fusao congruente ( equiva-
lentes dos azeotropos na destilagdo), caso em que
fica estabelecido o limite para a purificagao ma-
xima que se pode atingir.

. Solubilidade solida nula, com formagdo de euteé-
tico, (fig. 2): a partir de uma solugao contendo
M e N que formam um eutético, e sendo o teor de M
na solugao superior a sua concentragao no euteti-

ca, obtem-se por arrefecimento cristais de M (e ape
nas de M ); os cristais de N so se formam ao ser
atingido o eutético, mas em tais condigoes corre-
-se 0 risco de toda a solugao cristalizar o que
impediria o funcionamento da coluna.

Estes cristais de M, formados num extremo, contem
solucdo aderente, rica em N ; ao circularem em
contracorrente com uma solugao que € mais rica em
M vai-se dando a "lavagem" dos cristais. A fase
solida, cristais e 1iquidos aderente e ocluido,
que chega ao outro extremo da coluna, onde vai ser
fundida, @ por isso muito mais pura; o mecanismo
da purificagao e basicamente por lavagem dos cris-
tais. 0 rendimento da operagao & condicionado pelo
teor em M no eutetico, que nao & possivel ultrapas-
sar na coluna; portanto,a corrente de " impurezas"
que sai da coluna tem uma concentragcao em M supe-
rior 3 do eutético.

——————

Eutéctico

Fig.2 - Diagrama de equilibrio para sistemas
com solubilidade s6lida nula
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Processos com CCC

A integracdo da CCC em nrocessos de separacao le-
vanta assim um problema importante: a partir de
uma alimentagao que constitua um eutético( o que
€ o caso mais corrente de aplicagado), so & possi-
vel separar um dos componentes (seja M); a corren-
te esgotada &, no limite, o eutético que contém,
portanto, um teor apreciavel - eventualmente ele-
vado - de M. A menos que seja muito baixo o valor
deste composto ou que haja utilizagao directa para
a corrente esgotada, ha que a submeter a uma ope-
racdo que a enriqueca em M, tornando possivel o
seu reprocessamento por CCC; esta segunda operagao
sera provavelmente uma destilagdo, mas pode ser uma
extraccao ou qualquer outra operagao de separacao
(fig.3). Para que o processo seja viavel economica
mente & necessaria esta operagao, mas a obtengdo
de M em determinado grau de pureza nao depende de-
la, que apenas assegura a separagao do segundo com-
ponente, N. Depende das aplicagoes de N o grau de
pureza que lhe & exigido e portanto a separagao
imposta a tal operagao; para o processo de purifi-
cagao de M exige-se apenas que a corrente nao re-
ciclada obtida nesta operagdo contenha uma quanti-
dade de M suficientemente baixa para permitir um
determinado rendimento. Por exemplo, um teor de
95% em N (5% em M), facilmente atigido em muitos
casos, assegura um rendimento elevado do processo,

Reciclado
- |
Corrente Esgotada 2
1 Operagho
]
> - cce 1;7’-
Alimentacho
Fresca
{(MeN)
| IR
M (puro)

Fig.3 - Esquema geral de um processo de separagio
com CCC



ja que a quantidade de M perdida sera apenas de
5,3% da quantidade de N entrada na alimentagao fres
ca ao processo (o rendimento depende, pois, do teor
desta).

A segunda operagao poderia ser dispensada se o teor
do eutetico em M for muito baixo¢ fazendo a operagao
da coluna de modo a obter uma corrente esgotada com
teor proximo do eutético. Mas para que seja muito
baixo aquele teor & necessario que o ponto de fusao
de N seja muito inferior ao de M, e a temperatura
no cristalizador, proxima da do eutético, seria
muito afastada da temperatura do fusor (praticamen-
te igual @ temperatura de fusdo de M),Ora a opera-
¢ao de colunas de cristalizagao com gradientes de
temperatura elevados, de muitas dezenas de graus
centigrados, levanta problemas delicados, frequen-
temente impeditivos de funcionamento regular, devi-
dos a elevado fluxo longitudinal de energia calori-
fica.

Sendo a alimentacdo fresca pobre em M,é preferivel,
dadas as caracteristicas da CCC, fazer a separagao
do composto M a partir de uma corrente relativa-
mente rica, deixando a 29, operagao o enriquecimen-
to da alimentagao (fig.4).

A 28, operagao nao seria necessaria no processamen-
to de sistemas formando solugGes solidas sem com-
posto; como os sistemas complexos deste tipo, sao
raros, & reduzido o interesse pratico da analise
dos processos aplicaveis a tais casos, que nao sao
aqui abordados.

{ Alimentagdo Fresca
> >
Corrente Esgotada
Y 22
Operaglo
> ccc
N
L o
M (puro)

Fig. 4 - Esquema geral de um processo de separagao
com CCC ( alimentagao pobre em M)
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Rendimento

Sendo o rendimento o problema basico da separagao
por CCC, & importante defini-1o de modo inequivo-
co. Para os rendimentos por passe & possivel dis-
tinguir:

- rendimento aparente: em fracgao € a relagao en-
tre os caudais massicos do produto purificado

(corrente de base) e a da alimentagdo a unidade

q q
7= -7t
a
9, q
ou,em percentagem,
%
Z (%) =100 . — 3
5 (%) T,

- rendimento industrial. relagao entre os caudais
massicos do produto purificado e o do composto
M alimentado 3 unidade

Zi =100 .

- rendimento real: relagao entre os caudais mas-
sicos de M no produto purificado e na alimentagao

7z . _Jo%
r
X,+9,
X, -Q
z,. (%) =100. 22
X, -0,

0 conceito de rendimento aparente e muito limita-
do, embora seja comum a sua utilizagao no contro-
le fabril de processos de separagao; o rendimento
industrial ja tem em atencao a riqueza da alimen-
tagdo e e perfeitamente aceitavel na condugao de
unidades industriais, mas tem a limitagcao de po-
der ser superior a 100 %. 0 conceito mais adequa-
do a@ analise e desenvolvimento de processos & 0
rendimento real, que difere pouco do rendimento
industrial se o produto obtido for puro:

X
ATy



Os mesmos rendimentos sao usados para a analise glo-
bal do processo, substituindo na definigdo a alimen-
tagao a unidade pela alimentagao fresca do processo
(habitualmente muito diferentes); distingue-se assim
o rendimento final, do processo, e o rendimento por

passe,da operagao.

SEPARAGAD DOS XILENOS

A separagao dos xilenos isomeros & um dos mais difi
ceis processos de separacdo realizado em grande es-
cala. Assim este problema tem motivado inumeras in
vestigagoes, contribuindo para o desenvolvimento de
novas operagdes e conduzindo 3 realizagdo em escala
industrial de processos inovados. Por isso serve
tambem habitualmente de padrdc na avaliagdo e ana-
lise de técnicas de separagao.

A CCC foi uma das operagoes cujo desenvolvimento
foi grandemente impulsionado por esta separagao;em
particular uma das suas técnicas, criada nos labo-
ratorios da companhia norte-americana Phillips Pe -
troleum, foi especificamente desenvolvida e encon-
trou realizagao industrial para esta finalidade.

0s xilenos

Os xilenos utilizados industrialmente sao, na quase
totalidade, de origem petrolifera e obtidos pela
extracgao por solventes sobre a saida de uma uni-
dade de " reforming" catalitico; dispoe-se assim,
de uma corrente que contem basicamente m-xileno

(35 -40 %), o-xileno (19-26 %), p-xileno (16-20 %),

e etilbenzeno (17-20 %), alem de 2 a 4% de to -
lueno e outros aromaticos.

Dos xilenos produzidos anualmente (milhoes de to-
neladas) menos de um ter¢o e empregue tal qual,
como solventes, aditivos de gasolina, etc.; ser-
vem sobretudo como intermediarios na produgao de
outros compostos:

- 0 p-xileno & usado no fabrico de fibras polies-
ter, que exige uma pureza de 99%;

- 0 o-xileno & usado no fabrico de anidrido fta-
lico, que exige uma pureza de 95% ;

- 0 etilbenzeno & convertido em estireno;

- 0 m-xileno, com menor procura, permite o fabri-
co do acido isoftalico, que exige uma pureza de
98,5% ou a produgao por isomerizagao de p-xileno.
0s pontos de ebulicao e de fusao e as volatilida-
des relativas destes compostos sao dados na Tabe-
la 1 : obviamente & facil a separagao por desti-
lagao do o-xileno de qualquer dos outros compos-
tos, podendo -se obter o-xileno a 98% com colunas
de 100 a 150 pratos. A separagao do etilbenzeno
por destilagao levanta dificuldades consideraveis
porque a volatilidade relativa etilbenzeno/p-xile
no € muito baixa e para obter etilbenzeno a 99%
sd30 necessarias colunas de 300 a 400 pratos ope-
radas a uma razao de refluxo de 25/1 a 50/1. A
separagao p-xileno/m-xileno por destilagdo e rea-
lizavel mas economicamente inviavel: a produgao
de p-xileno a 99% exigiria colunas de 800 pratos,
operadas a razoes de refluxo de 50/1 e 100/1.A-
quela separagao p-xileno/m-xileno exige o recurso

TABELA 1

Caracteristicas dos xilenos

P. ebuligao (QC) Volatilidade em relagdo a

Compos to 100 760 o-xileno m-xileno p-xileno Pontg de

torr torr 1700 | 760 | 100 | 760 | 100 | 760 fusao

torr {torr jtorr [torr torr (torr (9C)
o~-xileno 100,2 144 ,4 - - - - - - - 25,2
m-xileno 76,8 139,1 1,94 1,14 - - - - - 47,9
p-xileno 75,9 138,3 1,99 {1,16 | 1,027 1,020 - - + 13,3
etilbenzeno 74,1 136,2 2,15 {1,20 | 1,083 1,075] 1,054 1,054 - 94,9

* Supostas perfeitas as solugoes - os desvios sao inferiores a 0,3% (1).
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a técnicas de cristalizacao ou de absorgao; as pri
meiras sao possiveis porque, além da diferenca nota-
vel de pontos de fusao, o p-xileno e o m-xileno for-
mam um eutetico com 14% de p-xileno a temperatura
de -579C (2). A cristalizagao pode ser realizada
por tres vias distintas: a classica (com separagao
do 17quido esgotado por filtragao ou centrifugagao),
a cristalizagao“ajudada" (extractiva, adutiva ou com
clatratos) e a cristalizagao em coluna - esta ultima
via desenvolvida pela Phillips-Petroleum, que para
tal concebeu uma tecnica especifica de CCC.

A técnica Phillips-Petroleum

Esta tecnica de CCC foi desenvolvida no periodo
1950- 1964, vindo a ser a primeira a atingir a es-
cala industrial (ha bastantes anos, em dimensdes Si-
gnificativas e com resultados interessantes). A ver-
sao final resultou de muitas tentativas, iniciadas
por colunas com transporte mecanico, até ao equipa-
mento pulsante (3,4), caracteristico desta tecnica.
0 transporte de cristais por pulsagao foi inicial-
mente conseguido pela exclusiva utilizagao do embo-
1o que ao descer impele a alimentagao, interrompi-
da durante esse periodo, por ser também forgada por
embolo com movimento alternativo, e forga a descida
do conteudo da coluna; durante a subida retoma-se a
alimentagao. Como o embolo poe um problema dificil
de comando mecanico dada a elevada pressao, de 15 a
60 kg/cm2 (4), que nestas condigbes & necessario
transmitir a massa de cristais, depois de terem si-
algumas unidades industriais deste
tipo, passou-se a aplicar uma pressao pulsante na

do realizadas

tubagem de descarga do produto purificado para des-
locar os cristais na colunae a utilizar um parafuso
para a alimentacdo da suspensao dos cristais a coly
na. Foi assim possivel construir unidades com dia-
metros ate 70 cm.

Na Ultima versdo desta coluna (fig.5) a alimentagao
€ uma papa de cristais que um filtro separa da so-
lugdo -mae, ja esgotada no composto de mais alta
ponto de fusdo. Os cristais movem-se por acgao de
uma pressao pulsante aplicada na base da coluna
(frequencia de 90 a 350 ciclos/min),(5) e formam

um leito compacto por ac¢do de um pistao com movi-
mento alternativo. A poténcia calorifica aplicada
na base funde os cristais mais proximos desta; par
te do 1iguido assim obtido e o produto final e o
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Fig. 5 ~ Equipamento Phillips Petroleum para CCC

restante constitui o refluxo. Este, forgado a as-
cender através do leito compacto por um gradiente
de pressao, contribui para a purificagao promoven-
do simultaneamente uma lavagem e uma recristaliza-
¢do (o 1iquido em contacto com um solido a tempe-
ratura inferior congela parcialmente; a correspon
dente entalpia de transigao provoca a fusao dos
cristais de menor pureza e o deslocamento do 1qui-
do ocluido).

0 processo Phillips Petroleum

A integragdo da tecnica descrita no esquema de se-
paragao dos xilenos, faz-se com o processo Phillips
Petroleum (fig.6); das quatro colunas de destila-
¢3o fraccionada, trés permitem a obtengao do o-xi-
leno, m~xileno e etilbenzeno; o p-xileno & obtido
na CCC.

Para a analise do orocesso e calculo dos rendimen-
tos estabeleceu-se o balango de massas{Tab. 2).As-
sim a unidade de CCC & alimentada com a corrente 7,
com um teor em p-xileno de 70%, e dela saiem o p-
-xileno a 98,5% e a corrente esgotada, com apenas
35,0% de p-xileno; o teor relativamente baixo em
p-xileno nesta corrente & conseguido gragas a uma
temperatura no topo da coluna de cristalizagao de
-259C, inferior em cerca de 40 9C a temperatura no
fusor. Os rendimentos por passe da operagao sao:

- rendimento aparente - Za= 53%
- rendimento industrial - Z is 76%
- rendimento real - Z v 75%
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Fig.6 - Processo Phillips Petroleum para separagao de xilenos

Uma operagao previa de cristalizagdo classica per-
mite obter aquela alimentacao de CCC a partir de uma
corrente que contém 33% de p-xileno; com temperatu-

"secgao de cristalizagao" do processo (cristaliza-
dor +unidade de CCC) sao:

- - - rendimento aparente - Za = 23%
ras de operagao muito baixas, a fracgao esgotada . ] )
desta operagao (corrente 6) tem apenas 13,5% de p- - rendimento industrial - Zi = 70%
-xileno, praticamente igual ao eutetico. A fracgado - rendimento real - Zr = 69%

esgotada da coluna de CCC (corrente 9) € reciclada
para esta operagao; os rendimentos globais desta

Ao considerar uma alimentacao diferente, varia o
rendimento aparente, sem que seja possivel dar

TABELA 2

Balanco de massas no processo Phillips Petroleum (6)

af 1 5 6 7 8 9

ComReRtet | aenetttcaio | o v | Yduseceio, | da mecsso, |Alimentacio | yygq [Rectclato

Processo Cristalizagso | Cristalizagao

MASSA TOTAL 100 80,5 61,8 35,2 18,7 16,5
(kg) otilbenseno 25,0 1,6 1,6 0,3 - 0,3
p~xileno 20,0 26,8 8,4 24,6 18,4 5,8
=~xileno 35,0 50,2 49,9 9,9 0,3 9,6
o-xileno 20,0 1,9 1,9 0,4 - 0,4
etilbengenc 25,0 2,0 2,6 0,9 - 2,2
p-xileno 20,0 3,2 13,5 70,0 98,5 35,0
Compoeitd uxileno 35,0 62,4 %,8 28,8 L5 | 60
o-xi leno 20,0 2,4 3,1 1,1 - 2,7
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significado a tal variagdo; sao mais significativas
as variacoes dos rendimentos industrial e real.

0s rendimentos por passe da primeira operacao de
cristalizagao (alimentagac = corrente 5 + corrente

9)sao :

- rendimento aparente - Za = 36%
- rendimento industrial - Zi = 124%
- rendimento real -1.= 87%

o que evidencia o inconveniente do rendimento indus
trial que pode exceder 100%, se a corrente final for
impura.

Portanto, apenas o rendimento real permite a anali-
se de processos de cristalizacao; para o processo
Phillips Petroleum o rendimento final em p-xileno

e de

- rendimento real Zr = 92%

conseguido gracas a reciclagem para anteriores ope-
racoes das sucessivas correntes esgotadas obtidas.

SEPARACAO DO 1,8-CINEOL

Os conceitos para a analise de processos com CCC,
definidos e aplicados atras, foram desenvolvidos pa
ra analise da separagdo do 1,8-cineol a partir do
0leo de eucalipto. Na sequéncia de ensaios em que
esta separacao foi investigada com equipamento pi-
loto tipo Schildknecht (7,8), foi estabelecido um
esquema previo para a realizacao industrial deste
processamento (7,9), que aqui se analisa detalhada-
mente recorrendo aqueles conceitos.

A tecnica Schildknecht

Esta tecnica de CCC, concebida em 1961 por Schild-
knecht (10), foi inicialmente usada como técnica la
boratorial de purificagdo de compostos organicos.No
entanto, despertou grande interesse e a partir de
1963 sucederam-se os estudos e publicagoes sobre a
sua transposigao a escala industrial, realizados em
particular na Gra-Bretanha. Apesar destes esforgos,
esta técnica nao ultrapassou a escala semi-industri-
al com colunas de 10 cm de diametro, pois surgem
grandes dificuldades na operagao de colunas de 20 a
25 cm .

Esta tecnica tem transporte mecanico de cristais,
conseguido por helice que se move no espago delimi-

l Produto
de topo

Cristalizador

Ult

Alimentagio

Zona de

purificagdo

Fusor

TV TV VT 1

)
)
4
B ——g Produto
de base

—

Fig.7 - Equipamento tipo Schildknecht

do por dois cilindros. No processamento de produtos
com cristais mais densos que o 1iquido, ha um cris
talizador, colocado no topo da coluna (fig. 7),on-
de se formam cristais que a gravidade e o movimento
de rotacao do helice fazem descer em contra-corren
te com o 1Tquido 1livre. Este & obtido,num fusor
colocado na base da coluna, a partir dos cristais,
sendo parte retirado como produto de base e consti
tuindo o restante o refluxo que contribui para a pu
rificagao dos cristais que descem ao longo da colu-
na. 0 17quido livre que sobe até ao cristalizador
congela parcialmente ao ser arrefecido; os cristais
formados sao arrastados para baixo pela helice;do
17quido que resta por cristalizar, empobrecido no
composto a isolar, parte significativa deve ser
descarregada, constituindo o produto de topo.

As dificuldades de scale-up deste equipamento re-
sultam de:

- o transporte de cristais deve ser capaz de asse-
gurar caudais o mais elevados possivel, mas garan-
tindo um contacto efectivo entre a massa cristali-
na e o 17quido livre e impedindo a aglomeragao da-
quela;

- a congelagao no cristalizador deve impedir a aglo
meragao de cristais, o que ocluiria 17quido forte-
mente impurificado e que poderia bloquear o trans-
porte dos cristais;

- a transmissao de energia calorifica para o fusor
deve assegurar a fusao total dos cristais, mas ndo
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pode afectar o regime térmico da coluna - apenas o0s
cristais que atingiram o fusor devem ser fundidos

e o 17quido deve ficar 3 sua temperatura de conge-
lagao.

Ensaios piloto

Foi com equipamento piloto Schildknecht de 1" e 2"
de diametro que se realizaram os ensaios piloto de
separacao do 1,8-cineol do o0leo de eucalipto, deta-
lhadamente apresentados em (6,7). Anotam-se aqui
as principais conclusoes sobre os equilibrios estu-
dados, os ensaios realizados e sobre a propria ope-
racao de CCC, que suportam o processo proposto.
Sobre o esl do sistema estudado concluiu-se que:

- 0s sistemas 1,8-cineol/X-pineno e 1,8-cineol/
d-limoneno formam eutéticos; o sistema x-pineno /

1imoneno tem solubilidade solida total, com for-
magdo de composto;

- para o sistema 1,8-cineol/X -pineno/ d-1imoneno
ha um campo eutetico do cineol que cobre cerca de
80% do diagrama;

- ndo se apurou a influencia neste sistema ternario
do pinocarveol, que pode surgir em teores signifi-
cativos na alimentagao a coluna de CCGC.

Dos ensaios piloto concluiu-se que:

- 0 1,8-cineol a 99% pode ser separado do oleo de
eucalipto rectificado por CCC, em colunas de 1 e 2"
tanto a refluxo infinito como finito;

- 0 tempo de estabilizagao minimo a refluxo infini-
to foi de 60 minutos; a velocidade optima do rotor
foi de 100 rpm para a coluna de 1" e de 70 rpm para
a de 2" ;

- 0 controle da unidade de 2" foi mais facil que o
da unidade de 1“;

-dentro dos limites de caudal ensaiado melhoraram-se
as condigbes de operagdo e a pureza do produto ao
elevar o caudal;nao se apurou quaquer influencia da
razao base/topo sobre a pureza;

- a temperatura no cristalizador acompanhou a tempe
ratura do fluido frigorifico (diferenga de cerca de
12 9C), excepto com alimentagao muito rica;

- o ponto de congelagdo da uma indicagao valida do
teor em cineol para a corrente enriquecida; para a
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corrente esgotada indicagao identica e dada pelo
desvio polariméetrico;

- a determinagao do cineol por cromatografia em fa
se gasosa e pelo o-cresol,dao indicagoes uteis so
bre os ensaios; a espectrofotometria IR e as pro-
priedades fisicas tém interesse reduzido.

Sobre a operagao de CCC pode concluir-se que:

-a razao de refluxo nao pode ser calculada apenas
a partir do balango energético da coluna; pode ser
obtida pela medida dos caudais na base da coluna;

- a taxa de retengdo de 17quido aderente aos cris-
tais pode ser avaliada atraves das temperaturas na
base da coluna;

- a contribuigao da recongelagao para a purifica-
¢do em colunas de CCC operando com eutéticos pode
ser avaliada em condigOes determinadas de razao de
refluxo e de razao base/topo.

Rendimento da operagao

A analise seguinte da operagao de CCC para a pro-
dug@o de eucaliptol toma em consideragao o teor
em 1,8-cineol da alimentagdo (X, expresso em %
m/m) , a razdao base/topo ( R, para os caudais em
massa ) e a temperatura no cristalizador (T,em 9C);
determina-se o rendimento real por passe (Zr' em
%).Nao se consideram as variaveis de comando da
operagao (refluxo, estado e temperatura da alimen-
tagao, velocidade do rotor); nac & explicitado o
caudal da alimentacdo que serve de base aos calcu-
los realizados,

A temperatura no cristalizador T, imposta pela cir
culagdo do fluido frigorifico, determina o teor

em 1,8-cineol da corrente esgotada Y, atraves do
esl do sistema. Aqui adopta-se uma relagao Y(T)
que supoe na alimentacao uma razao constante en-
tre os teores de o{-pineno e d-limoneno; esta re-
lagao traduz analiticamente a fig. 8 que
resulta de um corte no diagrama ternario passando
pelo vertice e pelo ponto 86 -10 -4 (7,8).

Numa primeira aproximagao determina-se em computa-
dor, por um programa de calculo simples, os valo-
res maximos de R que, para determinados X e T, per
mitem processualmente obter um produto a 100% (na
realizacdo industrial & tecnicamente viavel atin-



gir os 99,5% mas nao & economicamente interessante
ultrapassar os 99%, o que da uma pequena margem de
seguranca ao calculo ). Os resultados sao apresen
tados na fig.9 : sO @ esquerda de cada curva a com_
binagao dos factores indicados da a possibilidade
de atingir a pureza pretendides. (Exemplo: a opera-
¢ao com R=4 a T= -300C so da o produto especifica-
do se na alimentagao X>91% ). Quanto mais baixo
for X, menor sera R e mais baixa a temperatura T;
Ora, baixos valores de R implicam baixos rendimen-
tos, baixos caudais de produto e dificuldades de
operacao da coluna; valores fortemente negativos
de T s3do tecnicamente dificeis e economicamente
invidveis (a temperatura do fluido frigorifico no
cristalizador tera de ser de 10 a 15 QC inferior a

Temperatura ('C)
g

Teor em cineot (*/s mim)

Fig. 8 - Teor em 1,8-cineol vs. temperatura no topo

X (% m/m)

Fig.9- Valores maximos de R para a pureza de 100%
em fungao de X e de T

T). Assim a operacao so parece viavel para X= 80%
(com T € -300C e R 1,1}, ou de preferencia para
X= 90 % ( 0 que permitiria a operagao para T«<-10
OC e Rg1, ou para T<-300C e RK4).

Através de outro programa de calculo,igualmente
explorado em computador, foi possivel estabelecer
" campos de operagao”, em que a combinagao das va-
riaveis analisadas e do rendimento pretendido per-
mitem a obtengdo do produto especificado. Dos va-
rios " campos" estudados o mais interessante e
de utilizagdo mais simples € apresentado na fig.
10 . Por exemplo, sO se garante Z.570% a direi-
ta da curva assinalada (Zr= 70%); por outro lado
s0 3 esquerda da curva X= 80% se garante a quali-
dade do produto,com esta alimentagdo. Para X= 80%
sdo possiveis as seguintes combinagoes:

T= - 289C ; R=1,1 3 Zr = 70%
T= - 579C ; R= 2,5 ; Zr = 90%

(além de muitas outras intermedias). 0 "campo de
operagao" possivel para X<80% e Z,>70% € o cam
po inferior delimitado pelas duas curvas, de que
0 extremo superior & a primeira daquelas combina-
coes.

Para Z_ > 90% uma combinagao possivel, além da ja
assinalada (X= 80%, R= 2,5 , T= -57 OC) e:

= - 350C ; R= 4,2 ; X= 90%.

( Seria dificil garantir no cristalizador a tempera-
tura de -57 9C que exigiria uma temperatura do
fluido frigorifico inferior a -700C).

R
lmqy/

Temperatura (9C)

Fig.10 -Valores limites de R para a pureza de 100%
em fungao de T, X e .
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E pois dificil compatibilizar um teor medio de ali-

mentagao com temperaturas nao muito baixas e com ren

dimentos razoaveis nesta Unica operagao de CCC, e
da¥ o interesse do processo integrado em que a reci-
clagem para outra operacao de separagao da corrente
esgotada permite valores elevados do rendimento com
temperaturas no cristalizador técnica e economica-
mente viaveis.

Ana)ise do processo integrado

Um processo integrado de producdo de eucaliptol de-
ve incluir pelo menos uma rectificagdo, alem da CCC;
I no entanto razoes para optar por um processo com
duas rectificacoes descontnuas (fig.11), ja pro-
posto em anteriores trabalhos (7,9).

A analise deste processo,feita por calculo manual
dada a dificuldade de modelar as complexas rectifi-
cagoes descontinuas, partiu de modelos heuristicos
para estas operagoes e estabeleceu balangos de mas-
sa para diferentes valores de R , suposta a uUnica
variavel de actuagao sobre a CCC (7,9).Nesta anali-
se consideraram-se nulas as correntes 52 e 81 (sai-
das para a composicdo de Oleos rectificados). Estas
hipoteses restringem o campo de operagao que pode-
ria ser encarado a priori , mas nao excluem a zona

mais interessante para a potencial exploragao in-
dustrial ou para o estudo da influencia da reci-
clagem no rendimento do processo.

Dos valores calculados, sao apresentados na Tab.3
0S que respeitam ao balango da CCC; para a sua in-
terpretagao estabeleceu-se a Tab.4, que demonstra
ser o rendimento final,em Targa medida , indepen-
dente de R.: um reduzido rendimento por passe,ori
ginado por um R baixo, & compensado por uma razao
de reciciagem elevada. Claro que R baixo e eleva-
da razao de reciclagem fazem aumentar as dimen-
soes do equipamento, aumentando o investimento,
mas permitem temperaturas no cristalizador mais
elevadas o que diminue o custo do arrefecimento.
0 processo revela-se viavel numa gama larga de
valores de R com elevados rendimentos finais; a
escolha da zona Optima de operagao e o projecto
do equipamento implica andlise economica pelo ba-
lango custos directos / custos indirectos. Tal
zona deve cair dentro dos limites ensaiados, ja
que razoes de reciclagem superiores a 0,6 ou tem-
peraturas efectivas no cristalizador inferiores

a - 350C parecem a priori pouco interessantes;
€ provavel que o optimo técnico-econdomico caia na
gama 1,5 < R £ 2,0 para a qual as temperaturas
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Fig. 11 - Processo integrado de produgao de eucaliptol
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TABELA 3

Balango de massa sobre a CCC no processo integrado

Corrente
R Componentes

40 41 42

TOTAL 124,1 60,7 63,4

1.0 . terpenos 15,8 15,2 0,6
. ¢ineol 106,3 43,5 62,8

. pinocarveol 2,1 2,1 -

TOTAL 105,3 42,1 63,2

1.5 . terpenos 13,4 12,8 0,6
. cineol 90,1 27,5 62,6

. pinocarveol 1,8 1,8 -

TOTAL 95,8 32,0 63,8

2.0 . terpenos 12,1 11,5 0,6
. cineol 82,0 18,8 63,2

. pinocarveol 1,7 1,7 -

TOTAL 85,3 21,3 64,0

2.5 . terpenos 10,7 10,1 0,6
. cineol 72,9 9,5 63,4

. pinocarveol 1,7 1,7 -

. Todos os valores em Kg

. Base: 100 Kg de alimentagao fresca contendo 65 Kg de 1,8-cineol, 20 Kg de
terpenos (X~ pineno e d-limoneno), 6 Kg de pinocarveol, 4 Kg de compostos
volateis e 6 Kg de “"outros" compostos (menos volateis que o pinocarveol).

TABELA 4

Analise do processo integrado

Teor de cineol (X m/m) | Rendimento real (%) Razao de Temperatura no

10 40 4l por passe | final reciclagem cristalizador(°c)
Re1,0 67,4 85,6 71,7 59,1 96,7 0,61 -14
R=1,5 64,7 85,6 64,9 69,6 96,4 0,48 -19
R=2,0 63,3 85,6 58,8 77,1 97,2 0,42 -24
R =3,0 61,4 85,4 44,7 86,9 97,5 0,35 -35
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no cristalizador podem ser obtidas com unidades
frigorificas de um Unico andar e sem recurso a re-
frigerantes especiais.

CONCLUSOES

0 trabalho anterior permite concluir que os proces-
sos de separagao com CCC sd3o viaveis para a separa-
gao de um componente dominante em misturas comple-
xas quando houver um campo eutético extenso que
permita o esgotamento da corrente de topo. Nesta o-
peracdo o rendimento por passe & limitado pela tem
peratura no cristalizador e pela extensao do campo
eutético.

As determinagoes de esl para o ou os principais sis
temas que a mistura complexa inclui sdo indispensa-
veis; & muito Util traduzir tais equilibrios por
correlagoes analiticas que permitem uma simulagao
do processo e a analise dos resultados da experi-
mentacao piloto. A experimentagao piloto pode ser
realizada em colunas de 2", devendo a unidade pilo-
to permitir a obtengao de dados de base para a ex-
trapolagao a escala superior e dimensionamento des-
ta (taxa de retengao e razao de refluxo).

A experimentagao deve ser programada para determi-
nar a influéncia sobre a pureza do produto obtido
das variaveis controladas : razao de refluxo, razao
base/topo, rigueza da alimentacao, temperatura no
cristalizador. caudal da alimentagao, velocidade

do rotor. Ndo se julga importante a obtengao de da-
doc experimentais sobre a riqueza das fracgOes es-
gotadas e rendimentos da operagao , que devem ser
obtidos por calculo para a escala industrial. Aces-
soriamente a experimentacao piloto pode permitir
encontrar grandezas fisicas que, variando signifi-
cativamente com a pureza do produto de base e com

o esgotamento da corrente de topo, tornem possivel
o controle continuo do processo.

A um outro nivel, demonstrou-se que, das varias de-
finigoes possiveis de rendimento para separagoes
que recorrem a CCC , a de rendimento real € a mais
valida; a sua utilizagdo na analise da operagao

( rendimento por passe) ou do processo (rendimento
final) permite definir campos de operagdo possiveis
para a CCC.

Em particular, na aplicacdo a separagdo do 0leo de
eucalipto, concluiu-se ser a produgao de 1,8-cineol
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a 99% viavel ; para atingir um rendimento final
elevado e indispensavel a reciclagem da corrente
esgotada para outra operagao de separagao. 0 cam-
po de operacao da CCC depende do teor da alimen-
tagao e do rendimento por passe pretendido; este
campo € definido por uma gama de razoes base/topo
e d2 temperaturas no cristalizador. 0 rendimento
final do processo integrado proposto €, em larga
medida, independente do rendimento por passe; o
valor optimo deste depende do balango economico

custo de arrefecimento / investimento.
NOMENCLATURA
M- composto presente num binario de solubilidade

s01ida nula em teor que excede o do eutetico;

N- composto presente num binario de solubilidade
solida nula em teor inferior ao do eutético;

P- teor em 1,8-cineol do produto de base (%m/m);

R- razao entre os caudais massicos das correntes

de base e de topo (razao base/topo);
g,- caudal massico da alimentagao ;
- caudal massico da corrente de base;
caudal massico da corrente de topo;
temperatura no cristalizador;
teor em 1,8-cineol da alimentagdo;
teor em M da alimentagao;
Xp~ teor em M da corrente de base;
teor em M da corrente de topo;
teor em 1,8-cineol da corrente esgotada;

X, =
Y -
Za-
Zi-
.-

rendimento aparente;
rendimento industrial;
rendimento real.
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